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Preface 


“...a thin film of carbonaceous matter destroys the igniting power of platinum, and a 
slight coating of sulphuret deprives palladium of this property...” 

Davy Humphrey (1817) [141] 


The aim of this book is twofold as reflected by the two parts of the book. 
Part One deals with a broad introduction to the routes to synthesis gas 
and to its applications. As the synthesis gas technologies involve big 
exchanges of energy, this part includes a description of thermodynamic 
methods necessary for process analysis and optimisation. Part Two deals 
with an in-depth analysis of the steam reforming process which is the 
mostly applied method for the manufacture of synthesis gas. The 
reforming process is a complex coupling of catalysis and heat transfer. 
Therefore this part describes the modelling of the process and an analysis 
of the secondary phenomena dominating the catalytic reactions. The 
book ends with a summary of the science of the steam reforming 
reaction. In this way the procedure has been “peeling the onion”, starting 
with the general aspects of the subject and approaching the scientific 
understanding. 

The development of the synthesis gas technologies is not a result of a 
linear process starting with fundamental research. It is an example of 
parallel efforts in industry and academia characterised by fruitful 
interaction. It is the hope that the book may serve as a link between the 
scientist in the research laboratory and the operator of the industrial 
plant, as did a previous treatise, “Catalytic Steam Reforming”, published 
in 1984 [389]. 

The authors have worked on the subject for a number of decades. We 
have had the privilege to work with a multiple approach. In parallel to 
the development work in the laboratory, at pilot units and industrial 
plants we have been engaged in fundamental and explorative research 
(JRN) and reactor modelling (LJC). 
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1 Routes to Syngas 


1.1 General trends 

1.1.1 Towards focus and sustainability 

Synthesis gas (syngas) is a mixture of hydrogen, carbon monoxide and 
carbon dioxide. It may also contain nitrogen as applied for the ammonia 
synthesis. Syngas is a key intermediate in the chemical industry. It is 
used in a number of highly selective syntheses of a wide range of 
Chemicals and fuels, and as a source of pure hydrogen and carbon 
monoxide. Syngas is playing an increasing role in energy conversion 
[418]. 

Synthesis gas can be produced from almost any carbon source 
ranging from natural gas and oil products to coal and biomass by 
oxidation with steam and oxygen. Hence it represents a key for creating 
flexibility for the chemical industry and for the manufacture of synthetic 
fuels (synfuels). 

Natural gas 

-— —-► Syngas -► Products + heat 

Biomass 

Figure 1.1 Conversion via syngas. 

The conversion via syngas results in products plus heat (Figure 1.1). 
In most plants, the heat is utilised for running the plant. As an alternative, 
the heat may be exported, but that is not always necessary. 

The present use of syngas is primarily for the manufacture of 
ammonia (in 2006, 124 million tonnes per year) and of methanol (in 
2005, 33 million tonnes per year), followed by the use of pure hydrogen 
for hydrotreating in refineries as shown in Table 1.1. 

The main commodity products based on natural gas are shown in 
Table 1.1 [420]. It is evident that the chemical conversion of natural gas 
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(approximately 7 10 9 GJ/y) is marginal to the total natural gas production 
(3.07 10 12 NmVy [78] or 1.17 10 11 GJ/y assuming a lower heating value 
(LHV) equal to 38 MJ/Nm 3 ). Recent trends in the use of syngas are 
dominated by the conversion of inexpensive remote natural gas into 
liquid fuels (“gas to liquids” or “GTL”) and by a possible role in a future 
“hydrogen economy” mainly associated with the use of fuel cells. These 
trends imply, on the one hand, the scale-up to large-scale GTL plants 
(more than 500,000 Nm 3 syngas/h) and, on the other hand, the scale- 
down to small, compact syngas units for fuel cells (5-100 Nm 3 syngas or 
LL/h). These forecasts create new challenges for the technology and for 
the catalysis. 


Table 1.1 Main chemical products based on natural gas. 


Product 

Yearly 

prod. 

(mil. t/y) 

Energy 

consumpt. 

(GJ/t) 

Thermal LHV Efficiency 
Practical (%) Ideal 
(%) 

co 2 

(t/t) 

Main technology 

Ammonia 

124 

29 

65 

89 

16 a 

Syngas/synthesis 

Ethylene 

75 

15 b 

62 

93 

0.65 

Steam cracking C 2 Hf, 

Propylene 53 

- 

- 



Steam cracking C 2 Hf, 

Methanol 

32 

28 

72 

84 

0.28 

Syngas/synthesis 

Hydrogen 

20 

12.6 

84 c 

92 

0.9 

Steam refonning 

Synfuels 

18 d 

67 

60 

78 

1.18 

Syngas/synthesis 


a) incl. C0 2 converted into urea 

b) data kindly provided by F. Dautzenberg, ABB Lummus, 2005 

c) CH 4 used for reaction heat; no steam export 

d) excl. 3 million tonnes per year under construction 


The data in Table 1.1 show that the practical efficiencies for natural 
gas conversion into products are approximately 80% of the ideal values 
expressed as: 


0 ideal 


LHV product/mol 
LHV methane/mol 


( 1 . 1 ) 


For endothermic reactions (ethylene, hydrogen), the LHV of the fuel 
providing the reaction heat should be added to the nominator. 

The world energy production is dominated by fossil fuels as the main 
energy source. It amounted to 88% in 2007 with oil responsible for 37% 
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[78]. The energy consumption is growing fast in Asia, and China has 
become the world’s second largest consumer of oil, after the USA. The 
proved reserves of oil are concentrated in the Middle East (61%) and 
those of natural gas are also in the Middle East (41%), followed by 
Russia (23%) [78]. Coal is more evenly distributed between the 
continents. 

Apart from the large reserves (Middle East, Russia), natural gas is 
present as associated gas in oil fields. Elowever, as many fields are far 
from the marketplace and often off-shore, the gas there is called remote 
gas or stranded gas [102], Part of the associated gas is reinjected to 
enhance the oil recovery, but unfortunately still a significant fraction is 
flared for convenience. The flared gas amounts to close to 5% of the total 
natural gas production (corresponding to about 1% of total world CO 2 
production from fossil fuels) [263] [420]. 

So far, the proven reserves for oil have followed the increase in 
production as expressed by the reserves/production ratio (R/P ratio) 
staying at about 40 for oil over the last 20 years; however, at a steadily 
increasing cost of exploration and production. A big fraction of the 
reserves is present as oil sand (tar sand) and other non-conventional 
sources under active development [78]. This means that at the present 
world production, the oil reserves known today will be used up within 
about 40 years. This figure should be considered with care. It does not 
include reserves still to be found and it does not include the changes in 
consumption (for instance the growth in Asia). Furthermore, the R/P 
ratio for oil varies from region to region, being above 80 in the Middle 
East and below 20 in North America. 

The R/P ratio (2007) for natural gas is about 60 and 122 for coal [78]. 
The total R/P for fossil fiiels (based on oil equivalent) is less than 100 
years. These figures emphasise the need for flexibility in the energy 
network and the need for alternative fuels. Oil is the most versatile of the 
fossil fuels with high energy density and it is easily transported. 

The power industry is very flexible to feedstocks and it is feasible to 
transport coal over long distances to big centralised power plants close to 
deep water harbours. Natural gas is transported to the marketplace in 
pipelines over still longer distances or as liquified natural gas (LNG). 
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The automotive sector represents a special challenge as the energy 
conversion is strongly decentralised. So far oil-derived products have 
been the solution, but in view of the limited reserves of oil, a number of 
alternative fuels are being considered, such as liquefied petroleum gas 
(LPG), natural gas, methanol, dimethylether (DME), ethanol, biodiesel, 
synfuels and hydrogen. Biofuels represent a “sustainable” response to 
liquid fuels. It may be based on ethanol and biodiesel derived from 
conventional agricultural products or from synfuels via gasification of 
biomass. The alternative fuels may be blended with conventional fuels or 
used directly in intemal combustion engines (ICE) or fuel cells. In 
Western Europe alternative fuels may amount to 20% of energy sources 
by 2020. 

Globalisation has caused companies to concentrate on core business 
and critical mass. It has resulted in a restructure of the chemical industry 
into two types of focused companies [190]: the molecule suppliers 
(commodities and fme Chemicals) and the problem solvers (functional 
Chemicals like additives and pharmaceuticals). Each type has its own 
characteristics as reflected by the role of the catalyst [418]. 

The most important parameter for large-volume Chemicals is 
production costs (variable and fixed costs). The variable costs are related 
to the feed costs, the use of energy, process selectivity and environmental 
costs. 

Four trends have characterised plants for commodity Chemicals: 

- Location of cheap raw materials; 

- Economy of scale; 

- More integrated plants; and 

- CO 2 footprint (tonnes CO 2 per tonne product). 

Plants are moved to locations where raw materials are cheap. As 
illustrated in Figure 1.2, the ammonia production is hardly feasible at 
natural gas prices typical for Europe and EISA (3-4 USD/GJ with high 
seasonal variations) [420]. As a result, new plants for commodity 
Chemicals are built at locations (Middle East, Trinidad, Nigeria, West 
Australia...) with low natural gas prices (0.5-1 USD/GJ). It means that 
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the use of natural gas as feedstock may not be feasible where there is a 
big market for natural gas as fuel. 



Figure 1.2 Ammonia production costs [420], Reproduced with the pemiission of 

Springer. 

Plants have become larger to take advantage of the economy of scale. 
The economy of scale can be expressed by: 

Costy =Cost 2 f Capacityi 1 ° (1.2) 

l^capacityj ) 

n typically varies between 0.6-0.9. 

The economy of scale means choice of different technologies as they 
may be characterised by different values of n. 

Today, ammonia plants are built with capacities up to more than 3000 
metric tons per day (MTPD) and methanol plants are being considered at 
capacities of 10000 MTPD. This corresponds to the size of synthetic fuel 
plants based on FT synthesis (35,000 bpd). At the same time, as plants 
become bigger, there is a trend to minituarise chemical process plants 
and take advantage of mass production, the economy of numbers 
competing with the economy of scale. This is one of the key issues in the 
“hydrogen economy” and the application of fuel cells. Micro-structured 
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process equipment components such as heat exchangers, and new reactor 
concepts are becoming available. Plants have also become more 
integrated to minimise energy consumption. 

It can be shown that the plant costs for a variety of processes correlate 
with the energy transfer (heat transfer, compression) within the process 
scheme [289]. As an example, the energy consumption of ammonia 
production has decreased over the last 50 years from about 40 GJ/t to 
29 GJ/t corresponding to a thermal efficiency (LHV) of 65% or 73% of 
the theoretical minimum [169] [420]. 

Commodity plants depend on steady improvement and sophistication 
of the technology. Even small improvements of the process scheme may 
show short payback times. On the other hand, the uncertainties 
associated with new technology may easily outbalance the economic 
advantage of a new process. Improvement of one process step might 
easily result in less favourable performance of another process step. The 
high degree of integration means that the weakest part of the chain may 
determine the performance of the entire plant. As an example, there is a 
need for more coke-resistant catalysts and often deactivation phenomena 
determine the process layout and the optimum process conditions to be 
applied [404]. It is evident that catalyst life, i.e. on-stream factor, is 
crucial for large-scale commodity plants in contrast to batch-wise 
manufacture of fine Chemicals. 

A few days’ production stop because of a catalyst failure may be 
crucial for the plant economy. It means that secondary phenomena such 
as catalyst deactivation are important issues. For large-scale operation, 
economic arguments will limit the minimum space time yield to 
approximately 0.1 tonne product/m 3 at a typical catalyst life of 5 years 
[289]. This corresponds to a catalyst consumption of less than 0.2 kg 
cat/t product. For ammonia synthesis a typical figure is 0.03 kg cat/t 
NH 3 . 

These risks mean that it has become more expensive to develop new 
process technology. New technology must be demonstrated to a larger 
extent - not only the basic principles, but also the Solutions to a series of 
secondary problems [400] [418]. 

Many well-established processes are approaching their theoretically 
achievable efficiency, selectivity, etc. (refer to Table 1.1), but new 
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challenges have been introduced by objectives for sustainable growth 
formulated by society. This has not only led to the introduction of new 
products, but also necessitated the development of new processes. 
Environmental challenges represent major room for breakthroughs in the 
catalytic process industry. 

For any process scheme, it is essential at an early stage to establish 
the overall mass balance and to estimate the A <P as simply being the 
difference between the price of products and the price of feedstocks 
[418]. Flence, there has been a trend to develop processes using cheaper 
raw materials. The gain in A<P could, however, be lost by lower 
selectivity or higher investments. Selectivity is crucial to achieving a 
high A (p. Low selectivity and conversion per pass result in low 
concentrations in process streams and hence more expensive separation 
systems. 


Energy 


Feed 


t 


► 


Product ^ 

By-product ^ 


t 

Waste heat 

CO2, SO2, NO2 

Figure 1.3 Simplified mass balance. 

It may be argued that energy efficiency is of less importance when 
natural gas is cheap, but high energy efficiency means small feed pretreat 
units and reduced requirements for Utilities and hence less investments. 

Moreover, high efficiency means less CO 2 production. As illustrated 
in Figure 1.3, the Acalculation should consider also the energy 
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consumption and the by-products which may easily have a negative 
value. This may be expressed by the so-called E-factor [458] expressing 
the amount of by-product produced per kg of product. 

The emissions may have great negative value. This may be reflected 
by the costs of carbon capture and storage (CCS) (refer to Section 1.4.2). 
The CO 2 emission expressed as a C-factor [106] [420] (tonnes CO 2 per 
tonne product, refer to Table 1.1) may become an important process 
parameter in the future. C0 2 emissions are often directly related to the 
energy consumption of the process. 

As an example, a reduction of the energy required to produce 
ammonia from natural gas of 1 GJ/t means a reduction of C0 2 emissions 
of around 8.5 million tonnes C0 2 /y, worldwide [416]. In many ammonia 
plants about 80% of the CO 2 is reacted with ammonia to urea from which 
it is, of course, liberated to the atmosphere when the urea is used as 
fertiliser. 

On the other hand, C02-consuming processes will hardly change the 
picture from non-carbon containing fuel [416]. 

As an example, consider the methanol synthesis: 

C0 2 +3H 2 CH 3 OH + H 2 O (1.3) 

Even if hydrogen was made available from non-carbon containing 
fuel, the present world production of methanol via this reaction would 
only amount to 40 million t C02/y. This corresponds to the C0 2 emission 
from a 4000 MW coal-based power plant and should be compared with 
the total CO 2 emissions of approximately 27.5 10 9 t CCWy (7.5 10 9 
t carbon/y). It means that C0 2 as a reactant will have little impact on the 
CO 2 problem. Again, the products will eventually end as CO 2 . 

A similar argument is valid for C0 2 reforming of natural gas. 

1.1.2 Direct or indirect conversion 

An important challenge in “Q chemistry” is to circumvent the syngas 
step by a direct conversion of methane into useful products. Still, yields 
are far from being economical [238] [287] [307]. The methane molecule 
is very stable, with a C-H bond energy of 439 kJ/mol; hence methane is 
resistant to many reactants. Electrophillic attack requires superacidic 
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conditions, and radical abstraction of a hydrogen atom by a reactant Q 
requires that the Q-H bond exceeds 439 kJ/mol [130]: 

CH 4 +Q- 0 CH 3 +QH (1.4) 

This is feasible when Q is an oxidising agent. However, the product often 
has much weaker C-H bonds than methane, which implies that it is 
difficult to eliminate fiirther reactions leading to complete oxidation. 

CH 4 ° : > CH x O ° : > C0 2 +2H 2 0 (1.5) 

The direct conversion of CH 4 into methanol may have a high selectivity, 
but at a low conversion per pass. For example, Zhang et al. [537] 
reported a selectivity of 60% at a conversion of 12-13%. This 
corresponds to a yield of about 7.5%. This low yield per pass results in a 
large recycle ratio and a difficult separation associated with a low partial 
pressure of the product. This is illustrated by simple calculations in 
Figure 1.4 [410]. 



Xpp (conversion per pass) % 

Figure 1.4 Recycle ratio and conversion. A selectivity of 95% at a conversion per pass of 
5% means a large recycle ratio of approximately 10, and hence a difficult separation due 
to low partial pressure of the product. Reproduced with the permission of Springer [410]. 
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A simple kinetic analysis of consecutive first-order reactions [410] 
may illustrate the problem. The data in Figure 1.5 show that the higher 
the ratio k 2 /ki, the lower the yield of the intermediate B. 



Figure 1.5 Consecutive reactions. Reactivities and maximum yields. Reproduced with the 
permission of Springer [410], 

The direct oxidation of methane to methanol or formaldehyde has 
been a “dream reaction” for a long time [537]. Attempts include gas- 
phase reaction, catalytic reactions, and use of other oxidants than air. 
Selectivities may be high, but at a lower conversion per pass resulting in 
yields being inferior for industrial use. 

High selectivity and conversion may not be sufficient. A process 
using superacid activation (Catalytica) for converting CH 4 via methyl bi- 
sulphate into methanol has the potential of achieving a high selectivity of 
95% at a conversion of 90% [345]. However, the process would require a 
large sulphuric acid plant (1 mol SOymol methanol) and a unit for 
concentrating a large recycle of diluted acid [410]. 

Other attempts have aimed at creating a carbon-carbon bond from 
methane, although most natural gas sources contain a fraction of ethane 
and other lower alkanes. 
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Most work in direct conversion has focused on the oxidative 
conversion of methane into ethylene [196] [307]. It has proven to be 
more promising than high-temperature pyrolysis of methane into 
primarily acetylene. However, the process suffers from ethane being a 
significant part of the products (low A<P) and that above 20% of the 
converted methane is oxidised to carbon oxides. Under industrial 
conditions C 2 + yields are less than 20% at a conversion of 24-35% per 
pass. As a result, the process scheme ends up being rather complex, 
meaning that the oxidative coupling is not economically feasible with the 
present low selectivities to C 2 hydrocarbons. Although the reaction 
scheme is elegant, the principles behind Figure 1.4 may explain why 
yields in oxidated coupling have never passed an apparent ceiling [292], 

Catalytic partial oxidation at high temperature and ultra-short 
residence time over noble metals gauze has shown formation of olefins 
and oxygenates [206]. The feasibility of this route is still to be analysed. 
The indirect route via methanol appears to be a more promising route for 
olefins (see Section 2.6). 

Direct conversion of methane to higher hydrocarbons without the 
assistance of oxygen is not favoured by thermodynamics. This constraint 
can be circumvented in a two-step process via carbides, but so far yields 
have been insignificant [279]. 

Other studies have explored the direct conversion of methane into 
benzene [420]. Selectivities of 70% were obtained close to equilibrium 
conversion at 600°C (12%). 

From a thermodynamic point of view [145] the manufacture of 
synthetic transportation fuels should aim at a minimum change of the 
hydrogen content of the feedstock to that of the product (typically around 
FI/C=2). It means that, in principle, it is more efficient to convert natural 
gas to paraffmic diesel than to aromatic rich gasoline. For coal the 
indirect conversion via syngas appears less efficient than the direct 
hydrogenation routes. Flowever, these theoretical considerations should 
be supplemented with an analysis of the process steps and selectivities 
involved [145]. 

The main advantage of the indirect routes via syngas is the very high 
carbon efficiency. As an example, a modem methanol synthesis loop 
based on natural gas may operate with more than 50% conversion per 
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pass having a selectivity of 99.9% and a carbon efficiency above 95% 
(refer to Section 2.6.2). The synthesis gas routes are highly efficient as 
illustrated in Table 1.1, but they are Capital intensive because they 
involve exchange of energy in the reformers and heat recovery units, as 
illustrated in Figure 1.6 [413]. 



Syngas Synthesis Separation 

60 25 15 


Figure 1.6 Indirect conversion of natural gas (numbers indicate the relative investments) 
[413], Reproduced with the permission of Elsevier. 

Syngas manufacture may be responsible for approximately 60% of 
the investments of large-scale gas conversion plants based on natural gas. 
Therefore, there is great interest in optimising process schemes based on 
steam reforming and autothermal reforming as well as in exploring new 
routes for the syngas manufacture. 

1.2 Manufacture by steam reforming of hydrocarbons 

1.2.1 Reactions and thermodynamics 

Steam reforming is the reaction between steam and hydrocarbons into a 
mixture of hydrogen, carbon monoxide, carbon dioxide and unconverted 
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reactants. Steam may be replaced by carbon dioxide as reactant. The 
reforming reactions are accompanied by the water-gas-shift reaction. 

The term “steam reforming” should not be confused with catalytic 
reforming used for the conversion of paraffinic hydrocarbons to high 
octane hydrocarbons such as iso-alkanes and aromatics. A better term 
may be “oxygenolysis” [381] [389] as the reaction involves the breakage 
of C-H and C-C bonds by means of oxygen containing species. 

A complete steam reforming reaction scheme can thus be written as: 


Table 1.2 Steam refonning reactions. 


Reaction 


AH° kJ 

Ahl 298 , 

mol 

RI 

CH 4 +H,OoCO + 3H 2 

-206 

R2 

CH 4 + 2H,0 <-» C0 2 + 4H 2 

-165 

R3 

CH 4 + C0 2 <-» 2CO + 2H 2 

-247 

R4 

C0 + H 2 0-h>C0 2 +H 2 

41 

R5 

C n H m + nH 2 0 O- nCO + (n + 0.5m)H, 

<0 


Although all reactions may describe specific operating conditions, 
only two out of the first four reactions are independent from a 
thermodynamic point of view, since the other two can be established as 
linear combinations of the two selected ones. Catalytic studies indicate 
that it is steam reforming of methane to carbon monoxide and the water- 
gas-shift reactions that are the independent reactions in addition to the 
steam reforming of higher hydrocarbons as the last reaction. This set of 
reactions (RI, R4, and R5 in Table 1.2) will consequently be used in the 
following. 

The term “steam reforming” is also used for the reaction between 
steam and alcohols (methanol and ethanol) as well as liquid-phase 
reactions with carbohydrates or biomass (see Section 1.4). 



16 


Concepts in Syngas Manufacture 


The last reaction R5 in Table 1.2 is the reverse Fischer-Tropsch 
synthesis, but the conversion of higher hydrocarbons can be considered 
irreversible at normal reforming temperatures. The higher hydrocarbons 
react on the metal surface to Ci components or stay as carbonaceous 
deposits. At temperatures above 600-650°C, the catalytic reactions may 
be accompanied by thermal cracking. 

The symbol indicates that a reaction is reversible, i.e. at a given 
temperature the reaction will not have full conversion. Usually only the 
last reaction is considered irreversible, so parts of methane and steam 
will remain in the mixture at outlet conditions. 

Preparation of heat and mass balances for synthesis gas processes 
thus requires methods to calculate mass and heat balances and chemical 
equilibrium. 

For a reaction system like the one shown above in Table 1.2 it is 
convenient to define the thermodynamic reference state as the enthalpy 
and ffee energy of formations as an ideal gas at 25°C (298.15 K). This 
definition allows direct calculation of heat duty in the enthalpy 
calculation without having to distinguish between the parts for heating 
and reaction. 

Different functions may be used to represent the ideal gas heat 
capacity or enthalpy as a function of temperature; values in Appendix 1 
are based on a fourth-degree polynomial for the enthalpy of formation, 
where the zero-order coefficient has been adjusted to obtain the enthalpy 
of formation at 25°C. 

H, = ZE k -T k - 1 (1.6) 

k-l 

Appendix 1 shows the coefficients in the enthalpy polynomials for a 
number of characteristic synthesis gas reaction key components and a 
table with actual values of the ideal enthalpies of formation as a function 
of temperature. 

The preparation of mass balances requires calculation of chemical 
equilibrium by solution of the following Equation (1.7) for the coupled 
reactions between all components: 
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where vy is the stoichiometric coefficient for component i in reaction j. 

The right-hand side includes the activity, which rigorously is defined 
as: 


f gas 



Yi '9; P 

f° 

1 


(1.8) 


in which f is the fugacity, f 3 the reference fugacity and cp the fugacity 
coefficient, which describes the deviation from an ideal gas. Preparation 
of syngas is carried out at high temperature and a modest pressure so the 
assumption of an ideal gas is acceptable when the operation is not close 
to the dew point of the mixture. This implies that the fugacity coefficient 
cp usually is set to unity. The equilibrium constant, K eq , is a fiinction of 
temperature only, so the conversion in the steam reforming of methane 
reaction is favoured by a low pressure. 

As the reference state for all components in the reactions is defined as 
an ideal gas at 25°C (298.15K) and 1.01325 bar, the value that must be 
used for f 3 is 1.01325 bar. If another unit of measurement for pressure is 
used, the reference pressure must be changed correspondingly so that the 
activity becomes independent of pressure. If a component is a solid, such 
as carbon in carbon formation, the activity, a, is unity, since the reference 
state for the Gibbs free energy of carbon is also defined as the solid state. 

The temperature equation for the equilibrium constant is derived from 
thermodynamics using the Gibbs energy of formation, G°, the enthalpy 
of formation H°, and the temperature dependence as derived from: 

RTln(K eq j) = -AG ° 

dln(K eq j) _ AH? ( L9 ) 

dT rt 2 

After insertion of Equation (1.6) the final equation for the equilibrium 
constant is: 

ln( K eqJ ) = Cj j • ln(T) + ^ + C 3J + C 4J • T + C 5 j • T 2 + C 6J • T 3 (1.10) 


The basic reaction properties for some key reactions are shown in 
Table 1.3. 
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Table 1.3 Basic reaction properties for steam refonning reactions. Formation data at 
25°C. Data from [137] [375], 



ch 4 + h 2 o<^ 

CO + 3H 2 

C0 + H 2 0-o 
co 2 + h 2 

ch 4 +co 2 <-> 

2CO + 2H-, 

C 2 H ( ,+2H,Oo 

2CO + 5H-, 

AH°=Tv i H» 





il 

(kJ / mol) 

AG° = V V:G° 

206.15 

-41.16 

247.31 

347.27 

i i 

(kJ / mol) 

as» = ah °- ag ° 

142.12 

-28.52 

170.64 

215.53 

T 

(kJ / mol / K) 

0.2148 

-0.0424 

0.2572 

0.4419 


The defmition of the standard state as the ideal gas of formation at 
25°C (298.15K) and 1.01325 bar implies that the absolute values of 
entropy will not fulfil the third law. The heat of reaction is defined as the 
heat of formation, but with the opposite sign so it is written as -AH^g. 

Tables with equilibrium constants at selected temperatures for the 
main synthesis gas reactions are shown in Appendix 2. 

The reforming reaction involving two stable molecules as methane 
and water is strongly endothermic and it leads to formation of more 
molecules. This means that the affinity for the reaction (-AG°) is 
established by the entropy term. The basic thermodynamic reaction 
properties as a fiinction of temperature are shown for the methane 
reforming reaction in Figure 1.7. 

It is seen that reaction enthalpy and entropy are weak fimctions of 
temperature, but also that they are positive in the entire interval implying 
that other heat sources are necessary for conversion. The ffee energy 
decreases strongly with temperature due to the corresponding increase in 
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TAS giving more favourably equilibrium. Hence, the steam reforming 
reaction is entropy-driven. 
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Figure 1.7 Steam refonning. Thermodynamic functions. 


Conversion at equilibrium is calculated by solving the coupled set of 
equations for K eq for the two independent reactions RI and R4 in Table 
1 . 2 . 

A simplified method to find the conversions in the two reactions is 
available as will be shown below, but a general method which can solve 
any chemical equilibrium problem is preferred. For this purpose two 
methods may be used. The first is minimisation of the Gibbs free energy 
[316], whereas the other one is the solution for conversions [468]. The 
first one may be attractive from a theoretical point of view and it is 
readily combined with phase equilibrium, but the last one is preferred in 
catalysis, since no combination of reactions may proceed in all cases. 
The set of equations in Table 1.2 may be solved using the Newton- 
Raphson method with the conversions as independent variables. Some of 
the components (higher hydrocabons or oxygen) may almost disappear in 
the final mixture so it is necessary to handle elimination of reactions with 
almost complete conversion. 
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Reforming equilibrium temperature, °C 


Figure 1.8 Steam reforming and methane conversion [415], Reproduced with the 
permission of Elsevier. 


Methane conversions as a function of temperature in the combined 
methane reforming and shift reactions are shown in Figure 1.8. It is seen 
that conversion is strongly favoured by high temperature, low pressure, 
and high steam-to-carbon ratio. 


Example 1.1 

A simplified method [276] may be used to solve the chemical 
equilibrium for the reactions RI, R4 and R5 in Table 1.2 and find the 
conversions \\ and cy in the reactions RI and R4. 

Initially all higher hydrocarbons are converted quantitatively to CO 
and H 2 using Equation R5, whereafter the mole amounts in the initial 
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mixture are converted accordmg to the ordmary stoichiometnc 


conversion equations below: 


In 

Out 

y ch 4 

1 

X 
o U 

o 

o X 

yH 2 o-^-^4 

yco 

yco +^i -^4 

yæ 2 

y°C0 2 + ^4 

y H 2 

y H, + ^ 4 


y 

y C H 4 =(ycH 4 -4i)/a+2^i) 
y H2 o =( y ° H 2 o -^ 4 )/( i + 2 i ; i ) 
y æ =(yco +^i — £.4) /(i+) 
y co 2 = co 2 + ^ + 2 ^l ) 

y H, = ( y H, + -^1 +^4)/(l + 2^l) 


1 1 + 2^ 


The bottom line is the total amount before and after conversion. The 
normalisation is in principle with respect to the total amount of 
preconversion of higher hydrocarbons; here it is simply assumed that 
the sum of the initial mole fractions is unity. 

Assuming ideal gas the mole fractions can now be inserted in the two 
equations for K eq : 


K 


eq,ref 


yL - yæ - p 2 

yaq -ymo 


K 


' H- 


•yæ 2 


eq,shf 


yæ -ymo 


Considering the shift reaction alone results in a second-order 
equation in the conversion q 4 , and this equation can be solved 
analytically after reformulation of the equilibrium equation as: 


T cq.shi' {^eq,shf 

l K eq,shfyæyH,0 ~ y ' 


(y rn +y H,0 ) + (yH, ^00,^4 + 


CO 

y™ 1=0 


h, •'co 


or 

a^+b^ 4 +c = o 


The roots are: 


^4 


-B±Ve 


-4AC -B±D 


2A 


2A 
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Both roots are real, but only the smallest one is used, since the largest 
one (by experience) may give negative mole fractions. -B is always 
positive, so the solution is in principle only relevant for -D, but since B 
and D numerically may have the same size, it is appropriate to use the + 
sign for the other root and then calculate the final root by using the fact 
that the product of the two roots is C/A. 

The conversion in the shift reaction alone is then: 


This implies that for any value of £,1 the conversion in the shift 
reaction can be found analytically. The reforming reaction with known 
is a fourth-order equation in It can be solved analytically, but it is 
more practical to implement a combined method to solve the two 
equations [276]. This method uses bisection for the determination of t\ 
with insertion of the correct value of 2.4 for each step by solution of the 
quadratic equation. The equations are highly non-linear, so it is 
necessary to know the conversion limits. The lower limit may be set to 
zero here. It need only be considered if the reverse reaction must be 
considered. The upper limit is the minimum concentration of either CH 4 
or H 2 O+CO 2 . 

The method is suitable for implementation in a spreadsheet and can 
be written as: 

1. Calculate the equilibrium constants for the two reactions from 
the data in Appendix 2. 

2. Specify the lower and upper boundaries as £,i, m j n and ^i. max . 

3. Guess a new value of ^1 as the average of the minimum and 
maximum values. 

4. Calculate new initial mole fractions assuming the conversion t 4 
in the shift reaction is 0 . 

5. Find the conversion in the shift reaction from the analytical 
solution. 

6 . Calculate new mole fractions using both conversions. 

7. Calculate the reaction quotient for the steam reforming reaction 
by inserting the new calculated mole fractions in the 
equilibrium expression. 

8 . If the reaction quotient is larger than the equilibrium constant, 
the conversion is too large, since the reaction quotient increases 
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with conversion. Set the upper conversion limit to the 
calculated value of ^ and jump to step 3. 

9. If the reaction quotient is smaller than the equilibrium constant, 
the conversion is too small. Set the lower conversion limit to 
the calculated value of £,i and jump to step 3. 

The iteration is slow but safe and continues until the desired accuracy 
has been reached. 


The steam reforming reactions are fast reactions due to the high 
temperature and the presence of the catalyst implying that the actual 
conversion will be close to the equilibrium conversion. 

Figure 1.9 shows the conversions in the methane steam reforming and 
shift reactions, if they are treated as independent reactions. The 
conversion in the endothermic steam reforming is increasing with 
temperature, whereas the opposite is the case for the shift reaction. 



Figure 1.9 Temperature, conversion and temperature approach to equilibrium for steam 

reforming and shift. 

Using actual conversions as a measure of reaction extent is not 
convenient, since they must be relative to equilibrium conversions. 
Instead the so-called “temperature approach” to equilibrium is used, 
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which is the horizontal distance between the actual outlet temperature 
and the corresponding equilibrium temperature. This is illustrated in 
Figure 1.9 by use of the adiabatic reaction paths. The temperature 
approach to equilibrium is portrayed by horizontal dotted lines. 

It is seen that an appropriate definition of the temperature approach 
is: 

AT = T — T 

1 app,ref 1 exit 1 eq f 1 1 1) 

AT — T _ T V • / 

° 1 app,shf 1 eq 1 exit 

T eq is the temperature on the equilibrium curve having the same 
conversion or the same reaction quotient as the actual outlet gas. 

By this definition the temperature approach will always be positive 
provided the reaction path is below the equilibrium curves. 

It is true that if two of the reactions in the reaction set RI to R4 in 
Table 1.2 are at equilibrium, the other two will also be at equilibrium. If, 
however, one of the reactions has an approach larger than zero, the other 
reactions will have different approaches and some may even have 
negative approaches. This also signifies that conversion and temperature 
approach in fact only has a practical meaning for the limiting reaction. 


Example 1.2 

The equilibrium conversion in the steam reforming of methane to 
carbon monoxide and hydrogen is determined from the two equilibrum 
expressions shown in Example 1.1. In this second example a large 
hydrogen plant making 100,000 NmVh of H 2 is considered. 

Although some hydrogen must be present in the feed to keep the 
catalysts reduced, the feed is assumed to be pure CH 4 with an actual 
flow equal to 500 mol/s and a temperature of 500°C. The condition out 
of the tubular reformer is 875°C and 31 bar (absolute) and the dry gas 
composition (mole %) has been measured at the outlet as: H 2 70.36, CO 
13.65 C0 2 7.35 and CH 4 8.64. 

Assume that the shift reaction is in equilibrium in order to calculate 
the unknown amount of water and then calculate the temperature 
approach to the steam reforming of methane reaction. 

The equilibrium constant for the shift reaction at 875°C is found in 
Appendix 2 to be 0.82838. The equation for the shift reaction can be 
rearranged as a function of the dry mole fractions and the unknown 
water mole fraction as: 
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_ y dry,H 2 ' ? dry,C0 2 0 “ Y H 2 0 ) 

^ eq,shf — 

ydry.CO -yH 2 0 

Insertion of the specified dry mole fractions and the equilibrium 
constant gives: 

y H ,o =31.38mole% 

The wet mole fractions are now calculated, and these and the 
pressure are then inserted into the steam reforming equilibrium reaction 
to calculate the reaction quotient. The result is: 

Q ref =544 => T eqref =850°C => AT ref =25°C 


In addition to the steam reforming reactions carbon may also be 
formed according to the reactions in Table 1.4. 

Table 1.4 Carbon-forming reactions. 


Reaction 


ATT 0 kJ 

AJrl 298 , 

mol 

R6 

CH 4 <-» C + 2H 2 

-75 

R7 

2CO f>C + C0 2 

172 

R8 

C0 + H 2 -h>C + H 2 0 

131 

R9 

C n H m —» nC + 0.5mH 2 

<0 


Two forms of carbon may be found. The first is ordinary graphite, but 
carbon may also be found in a whisker structure on the catalyst, which 
has another free energy of formation as will be discussed in Chapter 5. 

The reaction properties are seen in Table 1.5 below. A table with 
equilibrium constants is found in Appendix 2. 
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Table 1.5 Basic reaction properties for carbon-forming reactions. 

Data from [137] [375] for carbon as graphite. Data from [425] for carbon as whisker 

(refer to Section 5.3.1). 



CH 4 <h> 

C + 2H, 

CH 4 <h> 

C whisker + 2H.2 

2CO <-> 

c+co 2 

CO + H, <-> 

c + h 2 o 

AH° = V V:H° 





i=l 

(kj / mol) 

AG° = V V:G° 

74.85 

89.62 

-172.46 

-131.30 

i 

(kj / mol) 

as» = ah °- ag ° 

50.79 

58.19 

-119.85 

-91.32 

T 

(kj / mol/ K) 

0.0807 

0.1054 

-0.1765 

-0.1341 


(See notes to Table 1.3) 


1.2.2 Product gas composition 

The methane steam reforming reaction RI in Table 1.2 results in a 
H 2 /CO ratio close to 3. Steam can be replaced by C0 2 , resulting in a 
H 2 /CO ratio close to 1. The addition of oxygen in ATR and POX gives a 
lower H 2 /CO ratio. 

The H 2 /CO ratio can be varied over a wider range, as illustrated in 
Figure 1.10, as the reforming reactions are coupled to the shift reaction. 
In the manufacture of hydrogen, the reforming process is followed by 
water gas shift carried out in the presence of an iron and/or copper 
catalyst at low temperatures (210-330°C) to ensure complete conversion 
of carbon monoxide (refer to Section 1.5). The conversion of methane is 
restricted by the thermodynamics of the reforming reactions. The 
endothermic steam (and C0 2 ) reforming reactions must be carried out at 
high temperature and low pressure to achieve maximum conversion, as 
illustrated in Figure 1.8. 
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-► H 2 /CO ratio 

Figure 1.10 FE/CO ratios from various syngas processes [415], Reproduced with the 
permission of Elsevier. SMR: steam methane refonning; ATR: autothennal reforming 
(see Section 1.3.2); POX: partial oxidation (see Section 1.3.1). 

As an example, modem hydrogen plants are normally designed for 
low steam-to-carbon ratios (refer to Section 2.2), although high steam-to- 
carbon ratios (4-5 molecules of IF O/C atom) would result in higher 
conversion of the hydrocarbons. However, a low steam-to-carbon ratio 
(typically 2.5 or less) reduces the mass flow through the plant, the steam 
production, and thus the equipment sizes. The lowest investment is 
therefore generally obtained for plants designed for low steam-to-carbon 
ratios. 

In principle, a low steam-to-carbon ratio increases the amount of 
unconverted methane from the reformer (Figure 1.8), but this can be 
compensated for by increasing the reformer outlet temperature, typically 
to 920°C. In synthesis plants, the unconverted methane flows 
downstream with the synthesis gas. Unconverted methane thus implies a 
larger syngas unit and results in restrictions on recycle ratios in the 
synthesis because of accumulation of the inert methane in the synthesis 
gas, which reduces the partial pressures of the syngas components. 
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Figure 1.11 Combined steam and C0 2 reforming for producing a syngas with H 2 /CO=2. 
25 bar abs. T exit =950°C [415], Reproduced with the permission of Elsevier. 


Stoichiometric reforming according to Equations RI and R3 in Table 
1.2 at H 2 0/CH 4 or CO2/CH4 ratios of 1 is rarely feasible [399], because it 
would result in incomplete conversion at the pressures that are 
economical for industrial syngas plants (20-50 bar). This is also true for 
mixed CO 2 /H 2 O reforming as illustrated in Figure 1.11 [415]. The low- 
pressure manufacture of reducing gas for direct ore reduction is one 
exception (refer to Section 2.4.3). 

Other thermodynamic constraints are related to the risk of carbon 
formation when too little oxidant is present (refer to Chapter 5). 
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The requirements to the composition of the syngas vary with the 
synthesis in question, as shown in Table 1.6. 


Table 1.6 Syngas composition for various processes [415]. 


Process 

Stoichiometric composition 

Co-reactants 

Ammonia 

M = ^ = 3 

n 2 


Methanol 

M = _c °2 _ 2 

co+co. 


DME from hydrocarbons 

M = ^ : _C °2 = 2 

co+co 2 


DME from coal gas 

M=^- = l 

CO 


High-temp. Fischer—Tropsch 

M = -C °2 _ 2 

co+co 2 


Low-temp. Fischer—Tropsch 

M=ik £2 

co 


SNG 

M= H ^=3 

co+co 2 


Acetic acid 

co 

Methanol 

Higher alcohols 

M=^- = l 

CO 

Olefins 

Industrial hydrogen 

99.99 H, 


Hydrogen for PEMFC 

<50 ppm CO 


Reducing gas (iron ore) 

C °^° <0.05 

h,+co+co 2 + h 2 o 
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1.2.3 Thermodynamics of higher hydrocarbons 

Higher hydrocarbons are steam reformed according to Reaction R5 in 
Table 1.2. In natural gas mixtures and light hydrocarbon mixtures the 
components are identified as such, but in heavier hydrocarbon feedstocks 
such as naphthas, kerosene and diesel, the chemical compounds and 
composition are usually unknown. Instead, such mixtures are 
characterised by the following measurements: 

- A distillation curve with initial and final boiling point. It is converted 
to a true boiling-point (TBP) curve; 

- Specific gravity; 

- The carbon to hydrogen (C/H) weight ratio; 

- PNA distribution: Paraffin (alkane), Naphthene (cycloalkane), and 
Aromatic; 

- Lower heating value (LHV); 

- Refractive index; 

- Liquid viscosity. 

Except for the LHV, no reaction properties are thus measured. 
Correlations are available to estimate reaction properties using 
conventional refinery pseudo-component characterisation methods, but it 
is advantageous to calculate a mixture of real chemical compounds, 
which represent the measurements, as well as possible to be able to 
calculate accurate mass and energy balances over the plant. 

This is carried out selecting a number of components, whose type is 
chosen approximately proportional with the PNA distribution and the 
C/H ratio. The components are selected in such a way that their normal 
boiling points are distributed equally on the measured TBP curve. For 
each additional measurement an equation is set up using proper mixing 
rules and the total equation system is solved using appropriate 
uncertainty factors. After solution of the equations, the resulting 
composition of the mixture will give accurate mass and energy balances 
in the syngas process. 
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1.2.4 The tubular reformer 

The negative heat of reaction of the reforming reaction and the high exit 
temperatures at typical process conditions mean that heat must be 
supplied to the process, typically in a fired reactor, the tubular reformer 
[389] as shown in Figure 1.12. The product gas will normally be close to 
the equilibrium of Reactions RI and R4 in Table 1.2 with an “approach 
to equilibrium” of about 5-10°C and 0°C for the two reactions, 
respectively. 


Figure 1.12 Photo of a tubular reformer. 
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To illustrate the strong endothermicity, adiabatic steam re forming of 
methane (carried out with H 2 0/CH4=2.5 at a pressure of 20 bar abs and a 
feed temperature of 500°C) will result in a temperature drop of 
approximately 12°C for each 1% of methane converted. 

The overall heat requirement can be estimated from enthalpy tables 
(see Appendix 1) when the product gas composition is known from 
equilibrium calculations. 


Example 1.3 

The heat input for a tubular reformer in a hydrogen plant (100,000 
NrnVh) should be estimated. The outlet equilibrium properties of the 
feed were calculated in Example 1.2, so this example is a continuation 
of this with the purpose of calculating the heat balance over the tubular 
reformer. 

The total inlet and outlet atomic balances for C and O are set up. The 
C balance can be used to calculate the total outlet flow by use of the wet 
composition found in Example 1.2. Similarly, the O balance can be 
used to calculate the water inlet flow as follows: 

C: CH 4in =CH 4out+ C0 out+ C0 2out 
O: H 2 O in =CO Dut +2C0 2out +H 2 0 out 
gives 

F out =2459 mol/s 
H 2 Oi n =1250 mol/s 
CH 4 out =146 mol/s 
H 2 , out +C0 out =1417 mol/s 

The steam-to-carbon ratio in the feed is thus: E1 2 0/CH 4 =2.5 and the 
total conversion of CE1 4 is 71%. 

If all CO in the product can be converted to EE in the subsequent 
shift reaction system, the total amount of product is 114,338 NmVh of 
which 100,000 NmVh or 88% in this case is recovered as final product. 

A total heat balance over the tubular reformer can now be established 
by using the calculated component flows and the corresponding 
enthalpies of formation of the feed components at 500°C and the 
product components at 875°C from Appendix 1 as: 
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Inlet: - 224.88 ■ H 2 O in + (-51.75) • CH 4 in = -306975 kj/s 
Outlet: -209.61 • H 2 0 out + (-25.47) • CH 4 out + (-83.88) • CO Dut + 

(-351.90) • C0 2j0ut + 25.20 ■ H 2out = -198500 kJ/s 
Qadded = -198500-(-306975) = 108475kJ/s = 108MW 

If an average heat of reaction equal to 225 kJ/mol (valid at 700°C) is 
used, it is found that in this case 75% of the total heat added is used in 
the reaction and the rest is used for heating of feed and product. The 
split between the two parts changes, of course, with H 2 0/CH 4 ratio and 
other operating conditions. 

The catalyst is normally nickel on a stable support (refer to Chapter 
4). The catalyst properties are dictated by the severe operating 
conditions, including temperatures of 450-950°C and steam partial 
pressures of up to 30 bar. The intrinsic activity of the catalyst depends on 
the nickel surface area. 

The catalyst is placed in a number of high-alloy reforming tubes 
placed in a fumace as shown in Figure 1.13. Tubular reformers are 
designed with a variety of tube and bumer arrangements (as shown in 
Section 3.2.2). Such reformers are built today for capacities up to more 
than 300,000 Nm 3 of H 2 (or syngas) /h. 



Only eve ry second tube (of 66) is shown 


Figure 1.13 Reformer fumace and waste heat section [425], Reproduced with the 
permission of Wiley. 
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Heat transfer takes place primarily (>95%) by radiation from the 
fumace gas and in a sidewall-fired fiimace also from the fumace walls. 
The remaining transfer is by convection. 

About 50% of the fuel combustion heat is transferred through the 
tubes for the reforming reactions and for heating up the gas to the exit 
temperature. The remaining combustion heat is recovered in the waste 
heat section (Figure 1.13). 

It is possible to increase the amount of heat transferred to the process 
gas in the reformer from about 50% to about 80% of the supplied heat 
when using a convective heat exchange reformer in which the flue gas as 
well as the hot product gas are cooled by heat exchange with the process 
gas flowing through the catalyst bed. This results in a more compact 
piece of equipment [171]. However, in all types of heat-exchange 
reformers, the heat exchange is by convection, and this generally leads to 
lower average heat fluxes to protect the construction materials than in 
reformers with radiant heat transfer. Therefore, in principle the fired 
tubular reformers may appear the most economic solution for large-scale 
operation, but the convective reformer may be applied in combination 
with the tubular reformer for more efficient heat recovery by “chemical 
recuperation” [426] [427]. This is further discussed in Section 2.2 and 
Chapter 3. 

1.2.5 Carbon formation. Higher hydrocarbons 

Steam reforming involves the risk of carbon formation (Table 1.4). The 
formation of carbon may lead to breakdown of the catalyst and the build- 
up of carbon deposits and disintegrated catalyst pellets may cause partial 
or total blockage of the reforming tubes resulting in development of hot 
spots or hot tubes [389]. The parameters determining the risk of carbon 
formation are discussed in Chapter 5. 

Higher hydrocarbons show a higher tendency for carbon formation on 
nickel than does methane and, therefore, special catalysts either 
containing alkali or rare earths or based on an active magnesia support 
are required (refer to Section 5.3.2) [389] [425]. 

Naphtha can be processed directly in the tubular reformer, as 
practiced in many industrial units, but the control of the preheat 
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temperature and heat flux pro file may be critical [384]. This is a severe 
constraint as the heat required in the tubular reformer and hence the 
reformer costs may be reduced by increasing preheat temperature. 
However, the preheater may then work as a “steam cracker” producing 
olefins from higher hydrocarbons in the feed [532] (refer to Section 
4.3.3). The olefin s easily fonn carbon in the reformer. Apart from the 
pressure, the conditions in the tubular steam reformer and in the 
preheater are not far from that of a steam cracker in an ethylene plant. 

These constraints are removed when using an adiabatic prereformer 
[394] [415] as illustrated in Figure 1.14. The prereforming catalyst is 
typically a highly active nickel catalyst. This catalyst also works as an 
effective sulphur guard for the tubular refonner and downstream 
catalysts, by removing any traces of sulphur still left after the 
desulphurisation section. 


C0 2 (optional) 



Figure 1.14 Flow diagram of process with tubular refonner with prereformer [394], 
Reproduced with the permission of Elsevier. 

With proper desulphurisation, it is possible to convert naphtha and 
heavy distillate feedstocks such as kerosene and diesel in a prereformer 
into syngas with no trace of higher hydrocarbons [389] [405]. 
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All higher hydrocarbons are converted in the prereformer in the 
temperature range of 350—550°C, and the reforming and shift reactions 
are brought into equilibrium. After a prereformer, it is possible to preheat 
to temperatures around 650°C, thus reducing the size of the tubular 
reformer. A revamp of an ammonia plant [457] by installing a 
prereformer and larger preheater involved the increase in the reformer 
inlet temperature from 520°C to 650°C. This resulted in reduced fuel 
consumption. 

With low catalyst activity, the thermal cracking route (pyrolysis) may 
also take over in the reformer tube [389], This is the situation in case of 
severe sulphur poisoning or in attempts to use non-metal catalysts with 
low activity. The risk of carbon formation depends on the type of 
hydrocarbon with the contents of aromatics being critical. Ethylene 
formed by pyrolysis results in rapid carbon formation on nickel (refer to 
Section 5.2). Ethylene may also be formed by oxidative coupling if air or 
oxygen is added to the feed - or by dehydration of ethanol. 


1.2.6 Non-tubular reforming 


In a tubular reformer, the tube diameter is selected from the mechanical 
considerations leaving the space velocity (catalyst volume) as a 
dependent parameter. This so-called tubular constraint can be illustrated 
by the simple example: 


Note 

For given tube length, L, flow, F, and transferred heat (reformer duty), 
Q, the number of tubes, n, is determined by the tube diameter,: d t , the 
average heat flux,: q av and the space velocity,: SV (N mVh/nT eat). For 
constant inlet and outlet conditions, this means: 

Q = mrd t Lq av 


Q*F = SV ■ n—d? • L 
4 

from which: 

qav«SV-d t 


( 1 . 12 ) 


The tubular constraint (the last equation) can be made less restrictive 
by convective heat exchange reformers. This may involve the use of 
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catalysed heat transfer surfaces [188] [397] [488] in the form of plate 
type reformers and multi-channel reformers. This is discussed further in 
Section 3.3.8. 

Another approach is to decouple the heat transfer and the reaction. 
This includes reheat schemes [403] [455] [548] in which the process gas 
is heated in a heater followed by reforming reaction in an adiabatic 
reactor as illustrated in Figure 1.15. Flowever, many steps are required to 
reheat the gas because of the strong endothermicity of the reaction. 



Figure 1.15 Reheat sclieme for steam reforming [403]. Reproduced with the permission 

of Japan Petr. Inst. 

A variation of the reheat process scheme is the use of a circulating 
catalyst bed using one bed for reaction and the other for heating up the 
catalyst [549]. This is also applied in other fluidised petrochemical 
processes [439]. Flowever, for steam reforming the recirculation rate 
would be very high. Moreover, catalyst dust in downstream heat 
exchangers would result in methane formation by the reverse reforming 
reaction (methanation). Other attempts have aimed at utilising the high 
heat transfer in fluidised beds and supplying the heat by an extemal 
heater [10]. Other suggestions [262] have dealt with supplying the heat 
by addition of a CO 2 acceptor (CaO, etc.) to the fluidised bed. The heat 
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from the formation of carbonate is almost sufficient for the reforming 
reaction [262]. 

An alternative to the reforming process may be the use of a cyclic 
process [438] as illustrated in Figure 1.16. Flydrogen is generated by 
reacting steam with a metal (Cu, Fe, etc.). The resulting metal oxide is 
reduced by reaction with methane-forming steam and C0 2 at a pressure 
well suited for sequestration. The scheme involves a number of 
constraints relating to heats of reaction. The addition of air is necessary 
to ensure that the overall reaction becomes thermoneutral. 

CH 4 +1.32H 2 O + 0.34O 2 =3.32H 2 +C0 2 AH^ 98 =0 (1.13) 


Natural gas (CH 4 ) 

MeO 

C0 2 for sequestration 

--^ 


CH 4 + 4MeO = 4Me + CO 

2 + 2H 2 0 

Steam (H 2 0) 

Me 

n 2 



H 2 0 + Me = MeO + H 2 

Figure 1.16 Cyclic process for C0 2 -free hydrogen [414], Reproduced with the permission 

of Balzer. 


1.3 Other manufacture routes 

1.3.1 Partial oxidation 

An alternative approach to steam reforming is to add oxygen to the feed 
and hence gain the necessary heat by internal combustion. It means that 
the steam formed by the combustion is condensed in the process stream 
instead of leaving as water vapour in the flue gas ff om the fired reformer. 
Flence, the higher heating value of the fuel is recovered in the partial 
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oxidation schemes in contrast to the lower heating value in the steam 
reforming process. 

Partial oxidation can be carried out in three different ways as 
illustrated in Figure 1.17: 

- Non-catalytic partial oxidation (POX); 

- Autothermal reforming (ATR); 

- Catalytic partial oxidation (CPO). 



Figure 1.17 Syngas by partial oxidation. Temperature profiles for various routes to 
syngas by partial oxidation [398]. Reproduced with the permission of Elsevier. 


The non-catalytic partial oxidation [486] (POX, Texaco, Shell) needs 
high temperature to ensure complete conversion of methane and to 
reduce soot formation. Some soot is normally formed and is removed in 
a separate soot scrubber system downstream of the partial oxidation 
reactor. The thermal processes typically result in a product gas with 
H 2 /CO=1.7-1.8. Gasification of heavy oil ffactions, petcoke, coal and 
biomass may play an increasing role as these ffactions are becoming 
more available and natural gas (NG) less available. 

The autothermal reforming (ATR) process is a hybrid of partial 
oxidation and steam reforming using a bumer and a fixed catalyst bed for 
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equilibration of the gas. This allows a decrease in the maximum 
temperature and hence the oxygen consumption can be lowered. On the 
other hand, the high temperature in POX units may result in lower 
contents of methane and carbon dioxide in the product gas than in ATR. 

Soot formation in ATR can be eliminated by addition of a certain 
amount of steam to the feedstock and by special bumer design. Steam 
can hardly be added to the non-catalytic processes without the risk of 
increased soot formation because of the resulting lower temperature. This 
means less flexibility for the composition of the syngas from POX units. 

In catalytic partial oxidation (CPO) the chemical conversions take 
place in a catalytic reactor without a bumer. In all cases of partial 
oxidation, some or all of the reactions listed in Table 1.7 are involved. 
The partial oxidation reactions are accompanied by the steam reforming 
and shift reactions (Table 1.2). The oxidation reactions are irreversible 
under all conditions of practical interest. 


Table 1.7 Reactions occurring in partial oxidation of methane. 


Reaction 


* tt° kj 

Att 298 , 

mol 

RIO 

CH 4 +0.5O 2 —»CO + 2H 2 

36 

Ril 

ch 4 +o 2 h>C0 + H,0 + H 2 

278 

R12 

CH 4 +1.50 2 —>C0 + 2H 2 0 

519 

R13 

CH 4 +20 2 ->C0,+2H 2 0 

802 


The overall reaction in a partial oxidation reactor is strongly 
exothermic and no heat must be supplied to the reactor. The partial 
oxidation reactions may be accompanied by cracking of the 
hydrocarbons or by oxidative dehydrogenation into non-saturated 
compounds including olefins, poly-aromatics and soot. The control of the 
heat balance and the formation of by-products are main considerations in 
the design of partial oxidation reactors. 
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Two-step reforming features are a combination of tubular reforming 
(primary reformer) and oxygen-fired secondary (autothermal) reforming. 
In this concept the tubular reformer is operating at less severe operation, 
i.e. lower outlet temperatures (refer to Section 2.6.2). 

1.3.2 Autothermal reforming 

The ATR technology was pioneered by SBA and BASF in the 193 Os 
[413], by Topsøe and SBA in the 1950s [331], and later Topsøe alone 
[107] [111] developed the technology at first for ammonia plants and 
later for large-scale gas-to-liquid plants. Today, ATR is a cost-effective 
technology for the synthesis gas section for a variety of applications 
[187]. 


Oxygen 

(or enriched air) 


Feedstock 
+ steam 


Combustion zone 


CH 4 + 1.5 0 2 CO + 2H 2 



Thermal and catalytic zones 


CH 4 + H 2 0 CO + 3H 2 


CO + H 2 0 C0 2 + H 2 


(+ 519 kJ/mole) 


— ^ ^ 

Synthiis gas 


(- 206 kJ/mole) 
(+ 41 kJ/mole) 


Figure 1.18 ATR reactor. 
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The ATR reactor consists of a bumer, a combustion chamber, and a 
fixed catalyst bed placed in a compact refractory lined vessel [107] as 
illustrated in Figure 1.18. Irrespective of whether the bumer is thermal or 
catalytic or whether a fixed or a fluidised catalyst bed is used, the 
product gas will be determined by the thermodynamic equilibrium at the 
exit temperature, which in tum is determined by the adiabatic heat 
balance. 

The feedstocks are hydrocarbons, steam, and either oxygen or air (or 
a mixture thereof). Optionally, carbon dioxide may be added to the 
hydrocarbon stream (refer to Section 2.4.2). The mixture of hydrocarbon 
and steam is preheated and mixed with oxygen in the bumer. An 
adiabatic prereformer may be advantageous to eliminate thermal 
cracking of higher hydrocarbons in the preheater. 

A turbulent diffusion flame ensuring intensive mixing is essential to 
avoid soot formation. The bumer is designed to avoid excessive metal 
temperatures in order to ensure long lifetime [109]. 

Typically, the molar ratio of oxygen (as 0 2 ) to carbon in the 
hydrocarbon feed stream is 0.5-0.6 with oxygen as the oxidant [111] and 
the temperature of the flame core may be higher than 2000°C. Flence, the 
design of the combustion zone is made to minimise transfer of heat from 
the flame to the bumer [107]. 

Thermal combustion reactions are very fast. The sub-stoichiometric 
combustion of methane is a complex process with many radical reactions 
[466]. The reaction pattem depends on the residence time/temperature 
distribution. Flence, it is important to couple the kinetic models with 
CFD simulations by post processing [466] or by direct coupling in more 
advanced calculations. 

The sub-stoichiometric combustion involves the risk of soot 
formation as a result of pyrolysis reactions with acetylene and polycyclic 
aromatic hydrocarbons as soot precursors [107] [465]. The soot 
formation will start below a certain steam-to-carbon ratio depending on 
pressure and other operating parameters [111]. Flowever, the data in 
Table 1.8 shows results from a soot-free pilot test (100 Nm 3 NG/h) at a 
low steam-to-carbon ratio of 0.21 [111]. 

The methane steam reforming and shift reactions (Reactions RI and 
R4 in Table 1.2) also occur thermally in the combustion zone, but far 
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from equilibrium for the reforming reaction, whereas the shift reaction 
remains close to equilibrium. 

Tab le 1.8 ATR pilot test at low H 2 0/C. H 2 O/C=0.21, O 2 /C=0.59, P=24.5 bar, 
T exit =1057 o C. Product gas analysis vol% [111]. 


H 2 

56.8 

n 2 

0.2 

co 

29.0 

co 2 

2.9 

ch 4 

1.0 

h 2 o 

10.1 

100.0% 


H 2 /CO=1.96, selectivity to H 2 +CO (dry gas): 95%. 

Soot precursors and residual methane are converted by steam 
reforming and shift reactions in the catalyst bed. These reactions are in 
equilibrium in the gas leaving the catalyst bed and the ATR reactor. The 
catalyst size and shape is optimised to have sufficient activity and low 
pressure drop to achieve a compact reactor design. The catalyst must be 
able to withstand the high temperature without excessive sintering or 
weakening and it should not contain components volatile at the extreme 
conditions. A catalyst with nickel on magnesium alumina spinel has 
proven to fulfil these requirements [107] [111]. 

Specific studies [3] have been made on the use of ATR for synthesis 
gas production for very large methanol and FT plants, considering the 
limitation by other parts of the plant, e.g. boilers, compressors, air 
separation units, etc. 

1.3.3 Catalytic partial oxidation 

In catalytic partial oxidation (CPO), the reactants are premixed and the 
reactions proceed on the catalytic reactor without a bumer, in contrast to 
ATR [184]. The principle of a fixed-bed catalytic partial oxidation 
(CPO) is illustrated in Figure 1.19. 

CPO with no flame was practiced in the 1950s [355] at low pressure 
and later by Lurgi at pressure [231]. The reaction was started by an 
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ignition catalyst. The addition of oxygen to a fluidised bed steam 
reformer has been studied by a number of groups [53] [429] including 
pilot scale operation [180] and late ly with hydrogen membranes [100] 
[341]. 


CH 4 


Oxidant 




Inlet/mixing zone 



Catalyst zone 



Synthesis gas 


Figure 1.19 Principle of catalytic partial oxidation (CPO). 


Extensive studies of CPO reactions were carrried out by Lanny 
Schmidt et al. [229] [443] using a millisecond fixed-bed reactor. It was 
possible to produce syngas over a rhodium monolith at residence times 
of milliseconds [229]. Platinum was less active than rhodium. It was 
shown [242] that the reactions take place in an oxidation zone as 
combined surface/gas-phase reactions followed by a steam reforming 
zone with equilibration of the steam reforming and shift reactions. It was 
also possible to convert liquid hydrocarbons [164], ethanol [434] and 
biomass [444] in the millisecond reactor. 

The fixed-bed CPO technology has been studied at pilot scale [41] 
and at pressure. When operating at 20 bar [2] [41] and O 2 /NG=0.56, it 
was possible to achieve stable conversions close to thermodynamic 
equilibrium. 
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The direct CPO reaction RIO in Table 1.7 appears to be the ideal 
solution for methanol and Fischer-Tropsch syntheses, as it provides a 
H 2 /CO molar ratio of 2 and has a low heat of reaction: 

CH 4 +0.5O 2 -^CO + 2H 2 (1.14) 

It is often considered a “dream reaction” with H 2 /CO ratios lower 
than two at low conversions, but industrial utilisation would imply 
expensive recycle of non-converted methane as also discussed for direct 
conversion of methane (refer to Section 1.1.2). Other studies which claim 
high yields at low temperatures may be misleading [105]. 


N Re : < 10 10000 

Z/dp: « 10 >>100 



Figure 1.20 CPO catalyst and operating conditions [410]. In a flat bed reactor the catalyst 
temperature may easily be significantly higher than the gas temperature, whereas the 
catalyst and gas temperatures may follow each other in a reactor operating at high 
Reynold numbers. Reproduced with the permission of Springer. 


Note 

High yields of carbon monoxide and hydrogen were claimed in CPO 
studies at reactor temperatures as low as 300°C [105] with product gas 
compositions corresponding to equilibrium of the reforming reaction at 
600-700°C. However, it could be estimated [153] [410] that the catalyst 
surface might have had an over-temperature of 300-400°C because of 
strong film diffusion due to low Reynolds number N Re . Therefore, the 
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product gas most likely reflects the gas equilibrium at the catalyst 
surface. At low N Re in a flat reactor operating with low conversion, the 
catalyst temperature may easily be higher than the gas temperature and 
close to that resulting from the adiabatic temperature increase at full 
conversion as illustrated in Figure 1.20. In an integral reactor operating 
at high N Re , the temperatures of the gas and the catalyst will increase 
simultaneously through the bed. 


Measurements of conversions at CPO conditions reported in the 
literature are seldom showing conversions relative to the equilibrium 
conversions. Yields are often expressed as selectivities to hydrogen and 
carbon monoxide although the product gas in most situations is close to 
equilibrium for the reforming and shift reactions. Therefore selectivity 
data should be supplemented by calculation of approach to equilibrium, 
AT ref (Equation 1.11). Reported selectivities may be misleading. Even 
sophisticated catalyst compositions lead to equilibrated product gas as 
illustrated in Example 1.4 below. 


Example 1.4 

As an example, one study [27] claimed high selectivity to CO+E12 using 
a sophisticated catalyst at 775°C. Equilibrium calculations are carried 
out for a stoichiometric mixture of CH 4 and CE reacting at 775°C and 
ambient pressure according to: 


CH 4 +0.5O 2 <-»CO + 2H 2 


K 


cq.ox 



p 0.5 
0 2 


p ch 4 


2.7210 11 


From an equilibrium point of view all oxygen is reacted, but due to 
the presence of a catalyst, equilibrium is also established in the steam 
reforming and shift reactions: 

Ph,-P co 

CH 4 + H 2 0 <-> CO + 3 H 2 K eq ref =---= 96.06 

Pch 4 -Ph 2 o 


Ph, 'Pæ 2 

CO + HoO^CO,+H 2 K hf =—=-— = 1.1603 

Pco -Ph,o 

Values of the equilibrium constants are calculated using the data 
given in Appendix 2. It is seen that full conversion can be assumed in 
the oxygen reaction, so after solving the two remaining equations for 
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the unknown conversions using the principle in Example 1.1, the 
following equilibrium composition is found: CH 4 3.53, H 2 62.08, H 2 0 
2.24, CO 30.87 and C0 2 1.29. This corresponds to a total conversion of 
CH 4 equal to 90% and selectivities to CO and H 2 equal to: 


CH 4j co 

CH 4 ,h 2 


CO 

co+co 2 

H 2 

h 2 +h 2 o 


100 = 96% 

100 = 97% 


This is in fine agreement with measurements such as those published 
in [27] for CPO over transition metal catalysts. It should be noted that 
adding an inert makes the equilibrium even more favourable due to the 
decrease in partial pressures. 


As shown in Table 1.8, the ATR process at low steam carbon ratio is 
very close to fulfilling H 2 /CO=2 at selectivities above 90% for CO->l l 2 . 



Figure 1.21 The dark reactor shows a CPO pilot (210 Nm 3 /h CO+FF and 25 bar) in front 
of a tubular reformer of twice the capacity. The size of the CPO catalyst bed is indicated. 

Therefore, the product gas from CPO at high conversions will be 
close to the thermodynamic equilibrium of the steam reforming and 
water-gas-shift reactions [242]. For adiabatic operation, the exit 
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temperature is determined from a heat balance based on inlet flows and 
temperatures assuming that all oxygen is consumed. 

If so, the same exit temperature is required in ATR and CPO to 
achieve similar syngas compositions for given feedgas streams. As the 
CPO requires a lower preheat temperature (approximately 250°C) than 
ATR (approximately 650°C), it means that CPO inherently has a higher 
oxygen consumption per tonne of product than does ATR. 

Hence, CPO appears less feasible for large-scale operation. However, 
the compactness of the CPO reactor as illustrated in Figure 1.21 makes 
it attractive for smaller decentralised units (hydrogen, fuel cells, see 
Section 2.3). 

1.3.4 Air-blown technologies and membranes 

The partial oxidation routes have the advantages of eliminating the 
expensive heat transfer surfaces of the steam reforming processes, but 
they suffer from the necessity of an expensive oxygen plant which with 
the present technology will be based on cryogenic separation of air (Air 
Products, Air Liquide, Linde) [25]. The air separation units can be built 
at capacities of approximately 3500 tonnes 0 2 /d and above, but the 
investment may amount to 40% of the syngas unit. 

The costs of oxygen plants have created a potential for air-blown 
technologies. Flowever, with few exceptions (secondary reforming for 
ammonia: refer to Section 2.5; CCVfree hydrogen for power: refer to 
Section 2.2; and fuel cells: refer to Section 2.3), the amount of nitrogen 
in the syngas is prohibitive for recycle syntheses, because of a huge 
accumulation of nitrogen. The use of air instead of oxygen results in 
large gas volumes and consequently big feed/effluent heat exchangers 
and compressors [2] [172] [408], This may not be feasible for large-scale 
plants provided that the big purge streams (with low heating value) 
cannot be used for export of energy as steam or electricity. 

One attempt to solve these problems has been the development of 
syngas technology based on oxygen ion selective membranes [95]. The 
membrane materials are non-porous and are composed by mixed metal 
oxides (perovskite, etc.) that conduct oxygen ions and electrons through 
the oxygen-deficient lattice structure. At high temperature, 700-1100°C, 
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it is possible to achieve the required diffusivities [95] [99], The challenge 
is the tightness of ceramic scale and metal/ceramic joints. The 
technology resembles that for solid oxide fuel cells (SOFC), however, 
without the transport of electrons involved. This means that the driving 
force depends on ln|p 0 j/p 0 2 J i n contrast to a gas diffusion driven 
membrane with the driving force proportional to ^Po 2 ,i /po 2 ,2 • 

With the high driving force across the membrane, there is no need for 
compression of air to the process pressure. However, as illustrated in 
Figure 1.22 there is still a need for a big feed/effluent heat exchanger in 
the “ceramic membrane reforming” scheme. One design (Air Products) is 
based on planar membranes with air and process gas flows in micro- 
channels [95] [317], This ITM (Ion Transport Membrane) technology 
has been demonstrated at pilot scale (28 Nm 3 syngas/h) involving 
temperatures and pressures up to 900°C and 28 bar, respectively. 



n 2 (o 2 ) 



Figure 1.22 Comparison of ceramic membrane refonning (CMR) and ATR [409]. 
Reproduced with the permission of ACS. 

Other studies [99] [341] apply ion-selective membranes in fluid bed 
reactor concepts. The ITM technology may have a higher potential for air 
separation [71 ] as an alternative to the cryogenic technology. 

1.3.5 Choice of technology 

The choice of technology is dictated by the need for high conversion, the 
requirements of the syngas composition, and by the scale of operation. 
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For methanol, tubular reforming would be cheapest at low capacities, 
whereas the autothermal reforming is favoured at large capacities. This is 
caused by the economy of scale being different for the tubular reformer 
and the oxygen plant as illustrated in Figure 1.23 [408]. 

For the intermediate range representing the capacity of world-scale 
methanol plants, a combination of tubular reforming and a secondary 
oxygen blown reformer is normally the optimum solution. In this 
concept, the tubular reformer is operating at less severe conditions, i.e. 
lower outlet temperature (see Section 2.6.2). 

h 2 q/ch 4 



Figure 1.23 Impact of economy of scale [408], Reproduced with the pennission of 

Elsevier. 


For very large scale, autothermal reforming and POX remain the 
preferred choice. ATR has lower oxygen consumption than POX. POX 
has slightly lower contents of methane and CO 2 in the product gas. CPO 
has a higher oxygen consumption than ATR and it may be difficult to 
scale up the premixing of reactants. The oxygen membrane technology 
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still operates at the maximum temperature of 900°C, which means higher 
content of non-converted methane. 

For small-scale operation, convective reformers are preferred due to 
compactness. The same is true for CPO units, in particular when an air- 
blown process is acceptable or when oxygen is available. The oxygen 
membrane technology may have a potential in such situations. 

1.4 Other feedstocks 

1.4.1 Alcohols, oxygenates 

The thermodynamic constraints described for steam reforming disappear 
when methanol is used as feed [411]. The reaction takes place over a 
copper catalyst being active above 200°C and at the same time, the 
catalyst is not active for the methanation reaction (reverse reforming 
reaction RI in Table 1.2). This means that a methane-ffee gas can be 
produced at low temperatures and at high pressures and that full 
conversion to CCT (and CO) hydrogen is achieved as illustrated in Figure 
1.24. The heat of reaction is less than for steam reforming of 
hydrocarbons (Table 1.9). In contrast, the use of nickel catalysts results 
in methane-rich gases [125] [151] [392] and an overall exothermic 
process. 


Table 1.9 Steam refonning of alcohols and DME. 


Reaction 


AH" U 

^^298 , 

mol 

R14 

CHjOH + H 2 0 CO, + 3H 2 

-50 

R15 

CH,OH <-» CO + 2H 2 

-91 

R16 

C 2 H 5 OH +3H 2 0 -m- 2CO, +6 H 2 

-173 

R17 

(CH, ) 2 O + H 2 0 2CO + 4H 2 

-205 

R4 

co + h 2 o<^co 2 + h 2 

41 
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Methanol reforming (decomposition) over Cu/Zn/Al catalysts [83] 
[258] [343] is a well-established technology [61] [260], mainly used for 
small hydrogen plants (less than 1000 NrnVh). Since the amount of heat 
required per mole of hydrogen is far less than for steam reforming of 
natural gas, the equipment becomes much cheaper than the tubular 
reformer. On the other hand, the heat of evaporation on a mass basis of 
methanol is about four times higher than that of naphtha. 

A methanol reformer is typically a reactor heated by electricity or 
indirectly by circulating heating oil [61]. A more advanced and compact 
scheme [183] applies steam condensing on the outside of catalyst tubes. 



Steam to MeOH ratio 

Figure 1.24 Steam reforming of methanol. Equilibrimn composition (P=5 bar, T=280°C) 
[411], Reproduced with the permission of Royal Soc. Chem. 

The optimum choice of operating conditions [63] is around a steam- 
to-methanol ratio of 1.5 and a temperature in the range 250 to 300°C. 
The pressure does not influence the reaction rate, but very high pressures 
limit the equilibrium conversion, which otherwise is above 99%. 

Methanol may be a suitable alternative in areas with expensive 
hydrocarbons considering the simplicity of the methanol reforming unit 
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[414]. Methanol from biomass may represent a sustainable route to 
hydrogen [485] (see Section 2.2). 

DME is easily converted over Cu/Zn/Al catalysts [32] [191] [483] 
with little change in the layout of the plant [63]. Without water addition, 
decomposition of DME over a Cu/Al/Zn catalyst results in a syngas with 
H 2 /CO=2. This route has been applied for small-scale supply of syngas, 
eliminating storage of carbon monoxide. By using methyl formate as 
feed, a syngas with H 2 /CO=l is achievable. 

The three different methods of methanol (and DME) conversion are 
compared in the example below: 


Table 1.10 Methanol conversion. Typical conditions. 


Process 

Cat. 

h 2 o/c 

T 

A exit 

P 

A exit 

% 

Conv. 

Product gas (vol.%) 




(°C) 

(bar) 

h 2 

CO 

O 

O 

ch 4 

h 2 o 

MeOH 

Reforming 

Ni 

1.5 

350 

20 

100.0 

0.7 

0.0 

8.5 

24.7 

66.1 

MeOH 

Cracking 

Cu 

0 . 

350 

20 

99.3 

66.6 

33.3 

0 . 

0 . 

0 . 

MeOH 

Cracking 

Cu 

1.5 

285 

20 

99.8 

64.5 

2.0 

20.1 

0 . 

13.4 

DME 

Cracking 

Cu 

1.5 

285 

20 

81.1 

69.5 

19.9 

9.9 

0 . 

0.7 


The interest in fuel cells for automotive applications has resulted in a 
large number of investigations of reforming of methanol [286] [501] for 
on-board reforming or for distributed units for hydrogen production. 
Compact units have been studied [183] using micro-channel or plate 
reformers [94] [340] [442] or a combination with selective hydrogen 
membranes [26] [40]. 

As copper catalysts are sensitive to explosure to air during shutdown 
and start-up of on-board reformers, there has been an interest in 
palladium catalysts for the methanol reforming process [103]. 

Ethanol has attracted interest as a feedstock for syngas [419], thereby 
coupling biotechnology to classic catalysis [369]. However, steam 
reforming of ethanol is not as simple as the conversion of methanol, 
because ethanol is easily dehydrated to ethylene, being a coal precursor 
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(refer to Chapter 5). Moreover, Reaction RI6 in Table 1.9 involves the 
breakage of a carbon-carbon bond. This means that copper catalysts are 
not suitable, as they are poor catalysts for hydrogenolysis [462]. On the 
other hand, Group VIII metals like nickel being active for 
hydrogenolysis are also active for carbon formation (refer to Chapter 5). 
Therefore, there are many attempts to identify catalyst with stable 
performance [220] [359] [530]. It appears that noble metal catalysts (Ru, 
Rh) [280] [298] [359], promoted Co catalysts [299] [302], or bi-metallic 
catalysts such as Ni,Cu [539] look promising. Autothermal reforming of 
ethanol and other alcohols is an option [138] [147] [441], as it is for 
methanol. 

The increased production of biodiesel leaves glycerol as a by-product 
which has been considered as a source for hydrogen by reforming [9], 

Dumesic et al. [128] [248] found that aqueous phase reforming 
(APR) is a promising route for converting oxygenated hydrocarbons such 
as simple alcohols, ethylene glycol, glycerol and carbohydrates (sorbital, 
glucose, etc.) into hydrogen and carbon dioxide. 

C n H 2n O n + nH 2 0 <-» 2nH 2 +nC0 2 (1.15) 

The reaction is carried out at temperatures in the range 150-265°C 
over a platinum catalyst or bi-metallic catalysts [248] [249] (Pt, Ni 
Pt,Co) including a non-noble metal catalyst, Ni,Sn [247] [456]. Although 
there is high thermodynamic potential at the reaction conditions for the 
formation of methane and other hydrocarbons, the experimental data 
show reasonable selectivities for hydrogen. The addition of Sn to Ni 
almost eliminated the formation of methane [456]. 

Although carbohydrates (C n H 2n O n ) contain a lot of hydrogen, this is 
bound to oxygen, meaning that the “effective” hydrogen-to-carbon ratio 
is zero: 

C„H 2n O n —»nC + nH 2 0 (1.16) 

This is illustrated in Table 1.11, comparing with other molecules. 

The liquid phase reforming by Dumesic et al. solves the problem by 
extracting oxygen as carbon dioxide, but then making hydrogen 
(Equation 1.15). 
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Table 1.11 Gross formula from the very low H/C ratios is obtained. 


Molecule 

Molecule - H 2 0 

H/C 

Methane, CH 4 

ch 4 

4 

Heptane, C 7 Hi 6 

c 7 h 16 

2.3 

Ethylene, C 2 H 4 

c 2 h 4 

2.0 

Acetylene, C 2 H 2 

c 2 h 2 

1.0 

Methanol, CH 4 0 

ch 2 

2.0 

dme/c 2 h 6 o 

c 2 h 4 

2.0 

Ethyl-glycol C 2 H 6 0 2 

c 2 h 2 

1.0 

Glycerol, C 3 H s 0 3 

c 3 h 2 

0.7 

Glycose, C 6 Hi 4 0 6 

c„h 2 

0.3 

C„H 2n O n 

C 

0 


1.4.2 Coal, gasification 

Coal conversion was considered in the 1970s as a reaction to the oil 
crisis. The target was the manufacture of substitute natural gas (SNG) via 
coal gasification and methanation (refer to Section 2.6.6). SNG was 
never introduced at large scale before oil prices decreased. The 
conversion of coal to liquid fuels was not feasible except under special 
circumstances (South Africa) because of the high investments in coal 
gasification. Coal gasification was also applied in combined cycle power 
plants (IGCC) in which the “syngas” was bumed in a gas turbine 
followed by a steam turbine. 

With the increasing use of coal, in particular in China [78], coal 
gasification has come into focus again [268]. Clean coal conversion is an 
issue in the US with its large coal reserves - however with an increasing 
demand on CCH capture and storage (CCS). Similar plans are considered 
in a number of countries. Gasification technologies have the advantage 
that CO 2 will be available at much higher pressures than envisaged by 
normal combustion. Gasification is the basis for using coal, petcoke, oil 
sand (tar sand) and biomass for the production of syngas. These fuels 
differ in properties and composition. Coals are normally classified in 
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four groups, characterised by their content of fixed carbon and related 
heating value as listed in Table 1.12 [230]. 

The volatile matter increases from less than 8% in antracite to more 
than 27 wt% in lignite. In addition, the content of water may vary from 
less than 5 wt% in antracite to about 60% in German brown coal. 
Nitrogen (0.5-2%) will be converted into ammonia. The sulphur content 
may typically vary from 0.5-5 wt%. Sulphur will be converted to COS 
and H 2 S. Sulphur will poison downstream synthesis catalysts and must 
be removed. Chlorine is normally below 1 wt%. Chlorine may cause 
corrosion problems in downstream equipment. Chlorine will react with 
ammonia from the nitrogen and deposition of ammonia chloride may 
foul waste heat boilers and limit their operating temperature [230]. 


Table 1.12 Classification of coal (Higman et al. [230]). 



Fixed carbon a 
(wt%) 

Heating value b 
(MJ/kg) 

Antracite 

>92 

36-37 

Bituminous carbon 

78-92 

32-36 

Subbituminous carbon 

73-78 

28-32 

Lignite (brown coal) 

65-73 

26-38 


a) Dry and ash-free. b) HHV. 


The ash may contain a number of components which are volatile at 
high temperatures such as As, Hg. The ash content may typically be 
around 10% in anthracite coal, but up to 40% in some coals considered 
for gasification [230]. The properties of the ash (melting point, etc.) are 
important parameters. 

The C/H ratio in coal varies around 14 wt/wt in lignite to 25 wt/wt in 
antracite as shown in Table 1.13. 

Coke made from coal consists mainly of fixed carbon plus the ash. It 
is of high value for use in blast fumaces because of its strength. 

Petroleum coke, petcoke and liquid refmery resid feedstocks are used 
for gasification. Petcoke is made from heavy residues in refineries by the 
coking process (delayed coking). Resids and petcoke are characterised by 
a low C/H ratio of 7-10 wt/wt and high content of sulphur 1-7 wt%. 
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These feedstocks typically contain vanadium (300-3500 mg/kg) which is 
volatile as V 2 O 5 and nickel. 


Table 1.13 H/C ratios of various fuels. 



C/H 

H/C 


(wt/wt) 

(atom/atom) 

Methane 

3 

4 

Naphtha C 7 H 

16 5.3 

2.3 

Biomass 

Approximately 9 

1.3 

Resid/asphalt 

7-10 

1.7-1.2 

Lignite 

14-17 

0.9-0.7 

Bitum. coal 

14-19 

0.9-0.10 

Antracite 

25 

0.5 

Orimulsion is another liquid fuel being an 

emulgation of water and 

bitumen from the Orinoco fields in Venezuela. Like resids, it contains 

sulphur, vanadium and nickel. Oil sand resids 

are heavy hydrocarbons 

recovered from deposits in sandstone, for instance in Alberta, Canada. 

The different 

characteristics of these feedstocks determine the 

technology being optimum for the gasification to syngas. The feed is 
characterised by the atomic amounts of C, H, 0, N, S and halogens, X. 
Oxygen will usually be in deficit so it must be added to the gasifier. 

The main gasification reactions are shown in Table 1.14. 

Table 1.14 Gasification of carbon. Main gasification reactions. 

Reaction 


ah° kJ 

AtT298 

mol 

R18 

C + 0.5O, -^CO 

111 

R19 

c+o 2 ->co 2 

394 

R20 

C + H 2 Oh>CO + H 2 

-131 

R21 

C + CO, ->2CO 

-172 

R22 

C + 2H, h>CH 4 

75 

R23 

H,+0.5O 2 ->H 2 O 

242 

R24 

s+h 2 ->h 2 s 

20 
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It is seen that combustion to CO produces 28% of the lower heating 
value of carbon. The remaining heating of the reactor can be used to 
drive the endothermic water gas reaction C [230]. In addition to these 
full conversion reactions the following six side reactions in Table 1.15 
can also take place: 


Table 1.15 Gasification of carbon. Equilibrium side reactions. 


Reaction 


AU» kJ 

^**298 

mol 

Ri 

CH 4 +H 2 0 CO + 3H-, 

-206 

R4 

CO + H 2 OoCO : +H, 

41 

R25 

N 2 + 3H 2 <->2NH 3 

92 

R26 

N 2 + 2CH 4 <-> 2HCN + 3H, 

-285 

R27 

CO + H,0 <-+ HCOOH 

26 

R28 

h 2 s+co 2 ^cos+h 2 o 

-29 


The conversions in these reactions depend on the actual design of the 
coal gasifier. They are usually specified using experimentally determined 
temperature approaches to equilibrium. 

The H 2 /CO ratio in the syngas relates to the H/C ratio in the feed 
[230] (see Table 1.13) and to the addition of steam. 

However, a simple adiabatic heat balance should be corrected for heat 
capacity of ash and at high temperature also heat of melting, heat losses, 
etc. 

The optimum operation for syngas is: 1) under pressure to minimise 
compression of the larger syngas volume to the synthesis pressure; 2) at a 
low surplus of oxygen to minimise C0 2 production and to reduce oxygen 
costs; and 3) at high temperature to ensure complete combustion of tar 
components to minimise the formation of methane. 

The conditions for maximising CO+H 2 production are illustrated in 
Figure 1.25. 
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These ideal conditions should be balanced by the constraints given by 
solving a number of secondary problems caused by the ash and other 
impurities as well as low temperature. 

The gasification technologies are normally classified into 3 groups: 
moving bed gasifiers; fluid bed gasifiers; and entrained flow gasifiers. 
The main characteristics are summarised in Table 1.16. Typical raw gas 
compositions are shown in Table 1.17. 



Figure 1.25 Gasification of carbon yields of CO+FF. Discrete value of T. CO + FF refer 
to the left y-axis and FFO to the right y-axis. 

In the moving bed gasifier [230], the coal is added in the top via a 
hopper. It has a large consumption of oxygen and steam. The coal moves 
downwards by gravity in counter-current with the gas stream. This 
results in high efficiency and low oxygen consumption, but the low gas 
exit temperature means high methane (9-12 vol% dry gas) and tar in the 
product gas. Methane is a disadvantage for most syntheses, but an 
advantage for substitute natural gas. Tar results in difficulties in gas 
cleaning and recovery of water from the process condensate. 
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Table 1.16 Coal gasifiers. Main characteristics. 



Ash 

T ex it (°C) 

P (bar) 

Moving bed: 

Lurgi—Sasol 

Diy 

650 

25-30 

BGL 

Slagging 

>650 


Fluid bed: 

HT Winkler 

Diy 

900-1050 

10 

Entrained flow: 

Slagging 

1250-1600°C 

20-80 

GE (Texaco) 

Shell 

Prenflo 

E Gas (Dow) 

Siemens (GSP) 





The dry-ash gasifier is the preferred choice if the coal has a high ash 
content, provided the coal lumps have sufficient strength for the moving 
bed operation. If not, the fluidised bed technology may be preferred. The 
Winkler process, which is very flexible to coal quality, was used for the 
German lignite (Rheinbraun). It has been demonstrated for 10 bar. The 
entrained flow gasifiers operate with grained coal and oxygen in con- 
current flows. The gasification takes place at high temperature and short 
residence time. This requires more oxygen but results in high feedstock 
flexibility and a tar-Ifee product gas with high yields of CO+H 2 . 
Furthermore, pressures up to 80 bar can be applied. Hence, entrained 
flow gasifiers are typically preferred for manufacture of syngas. 

Table 1.17 Coal gasification. Typical composition of raw gas (vol%). Coal - Illinois 

No. 6 [461], 



Lurgi 

Diy ash 

BGL 

GE 

(Texaco) 

Shell 

tr 

16.1 

26.4 

29.8 

30.0 

CO 

5.8 

46.0 

41.0 

60.3 

ch 4 

3.6 

4.2 

0.3 

- 

co 2 

11.8 

2.9 

10.2 

1.6 

h 2 s 

0.5 

0.6 

1.0 


cos 

- 

0.1 

0.1 

0.1 

N 2 

0.1 

3.8 

0.7 

0.1 

h 2 o 

61.8 

16.3 

17.1 

3.6 

nh 3 

0.3 

0.3 

0.2 

2.0 

HCN 




0.1 
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The various gasifiers differ in method of feeding and in waste heat 
recovery [230], The GE (Texaco) gasifier feeds coal in a waste slurry 
(paste) which means that oxygen is used for evaporation of water. 
However, the slurry feed system allows a much higher pressure (up to 
70-80 bar) than possible for gasifiers with dry feeding systems. 

The cooling of the exit gas takes place in a simple water quench. The 
Shell and Prenflo gasfiers are a result of a joint optimisation of the 
Koppers Totzek atmospheric gasifier. They apply dry feeding of coal and 
heat recovery in a downstream boiler. This is in principle more efficient, 
but the boiler is expensive and subject to fouling. The Prenflo gasifier is 
now marketed with the option of having a water quench and GE is 
studying systems for dry feeding. In this way, the gasification 
technologies are approaching each other. 

The GE (Texaco) and the Shell gasifiers have been used for decades 
for gasification of natural gas and liquid hydrocarbons (heavy oil, resid). 

The E-gasifier [230] applies a coal slurry feed as the GE gasifier, but 
with a two-stage feeding where the second stage has a function as 
“chemical quench”. The tar in the product gas is recycled to the first 
combustion stage. The Siemens gasifier [230] is a further development of 
the Schwarze Pumpe gasifier (GSP). It operates in process steps close to 
an optimum by using dry feeding and a two-step heat recovery using a 
boiler followed by a quench, thus avoiding the low-temperature problems 
of a boiler. There is still room for improving the gasification technology. 



Figure 1.26 Coal conversion. Principal flow sheet. 


The gasifier is the heart of a coal-based plant, but as shown in Figure 
1.26, it includes a number of units for preparation of the coal feed as well 
as for scrubbing the raw product gas for removal of dust followed by a 
number of catalytic reactors and adsorption masses for removal of 
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impurities and units for removal of CO 2 and recovery of sulphur. As a 
rule of thumb, the investments for a coal-based synthesis plant is around 
three times higher than those for a natural gas-based plant. This does not 
include the costs of CO 2 sequestration. 

Carbon capture and storage (CCS) may well dictate the acceptance of 
coal conversion in the fiiture [30]. Capture of CO 2 by absorption using 
the wet scrubbing processes is well-known technology in the process 
industry (refer to Section 1.5.3). C0 2 is already stored when used for re- 
injection in oil fields for enhanced oil recovery. In nature, CO 2 has been 
stored in geological cavities for millions of years with no sign of 
leakages and there appears to be plenty of capacity for geological 
sequestration. However, the experience is limited and there are a number 
of concems in relation to leakages, chemical reactions, pollution of 
ground water, etc. There is a need for more research and demonstration 
projects to create a solid basis for public acceptance. The CO 2 capture is 
the most expensive part of CCS [315]. The costs of the absoiption 
process is almost proportional to the partial pressure of C0 2 . For power 
plants, three options for CO 2 capture are considered: post combustion 
(flue gas); pre-combustion (as in IGCC power plant); and oxy-fuel (using 
oxygen for combustion). 

Post-combustion capture of CO 2 in the flue gas is expensive and 
reduces the efficiency of a power plant, whereas gasification under 
pressure yields a higher CO 2 partial pressure with lower cost of loss in 
efficiency. Oxy-fuel is an attempt to increase the partial pressure of CO 2 
(and to eliminate NO x formation). A gasification-based syngas plant 
resembles an IGCC plant. The captured C0 2 must be compressed before 
sequestration, at best to a super-critical liquid (critical pressure of CO 2 , 
73.8 bar), which means a reduction of the volume to 0.3%. This requires 
a significant amount of energy. 


Example 1.5 

A 4000 MW coal-based power plant has an efficiency equal to 40% 
based on the LHV of the fuel. The coal can be assumed to be pure C 
and it has an LHV equal to 27 MJ/kg. 

The total amount of feed is: 
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Cfeed = = 370.4 kg/s =30.9 kmol carbon/s 

This is also the total emission of CO 2 in the flue gas from the plant. 
(P C o2=0.2 bar). 

If this amount is to be compressed for CCS, a simplified expression 
for the minimum work is (see Section 2.1.3): 

W compression = c feed RT ln^ j = 30.9 • 8.3144 • 298.15 • 5.91 = 452MW 

In a gasification plant the CO 2 is available at 1 bar after the CO 2 wash. 
This means a reduction in compression energy to 329 MW or 0.24 
GJ/tonne CO 2 based on the amount of C in the feed. 


The example illustrates that CCS means that the efficiency of an IGCC 
power plant will decrease from 43% to 35% [418]. The capture costs are 
already a part of syngas-based plants, but the energy for CO 2 
compression is similar to that of IGCC plants. 

1.4.3 Biomass 

Sequestration of C0 2 should not be an issue of gasification of biomass to 
syngas. Biomass covers a wide field of materials ranging from vegetable 
biomass such as wood, straw, grain, black liquor from the paper industry, 
animal biomass and various waste. Gasification of biomass may be an 
alternative to biochemical routes [419]. However, there are still problems 
to be solved. 

Biomass differs from coal and heavy refmery products [230]. It has a 
smaller heating value (10-20 MJ/kg), low sulphur and, in particular 
straw has a high content of chlorides. The ash will typically have a low 
melting point and be aggressive. The fixed carbon is below 15%. It 
means that it is difficult to achieve high temperatures in gasification 
without using excess oxygen in the air stream. The relatively low 
temperatures (8-900°C) means that the product gas will have a high 
content of tar components which may be difficult to remove. At present, 
a number of gasifiers are under development. It appears that fluid bed 
gasifiers [127] [230] are being preferred (Carbona, Foster Wheeler, 
Giissing). 
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Biomass can be co-gasified in entrained coal gasifiers, provided there 
are no milling (grinding) problems. 

A special entrained flow gasifier was developed by Chemrec for 
gasification of black liquor from the paper industry. If successful, there is 
a huge potential for this niche market [478]. 

Biomass has another disadvantage as feedstock which is related to its 
very low energy density (approximately 3.7 GJ/m 3 ), which is almost ten 
times lower than that of oil. It means that there are severe logistics 
problems. Except for grain, it is not economic to transport biomass over 
long distances. This may be solved by using a two-step procedure [225] 
with a decentralised flash pyrolysis [133] to a bio-oil which can be 
gasified in gasifiers similar to those used for heavy refinery products 
[230]. It was also shown that bio-oil and solid biomass could be gasified 
in the millisecond CPO unit [435]. Another catalytic route being 
explored is gasification (steam reforming) of biomass to hydrogen and 
carbon dioxide in super critical water (T>374°C, P>221 bar) [445]. 
Potassium carbonate improves the rate [76]. Other attempts have used 
nickel catalysts [132]. 

1.5 Gas treatment 

1.5.1 Purification 

Most of the catalysts for syngas manufacture and downstream syntheses 
are sensitive to poisoning - in particular sulphur. Therefore, there is a 
need to purify the feedstock for the reforming processes and to purify the 
raw gas from gasification of heavy feedstocks which cannot be purified 
before gasification. Modem process plants take full advantage of high 
catalyst activity by operating at more severe and economic conditions. 
This has shaipened the requirements to purification. Characteristic 
reactions are seen in Table 1.18. 
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Tab le 1.18 Reactions for gas purification. 


Reaction 


* tt° kj 

Alrl 298 , 

mol 

R29 

H 2 S + Cu<->Cu-S + H 2 


R30 

H 2 S + ZnO <-» ZnS + H 2 0 

63 

R31 

S0 2 +3H 2 oH 2 S+2H,0 

207 

R32 

cos+h 2 o^->h 2 s+co 2 

30 

R33 

RSH + H 2 o- RH + H,S 


R34 

HCN + H,0 NH, + CO 

50 


Sulphur in natural gas is present mainly as hydrogen sulphide, lower 
mercaptanes and thioethers. Hydrogen sulphide is easily absorbed on 
zinc oxide (Table 1.18). The uptake takes place in three zones as 
illustrated in Figure 1.27 [391]. A layer of complete conversion - with 
solid state diffusion as rate-determining step - to bulk zinc sulphide is 
followed by a front for bulk saturation with gas diffusion in the pore 
system as rate-determining step and a chemisorption front adsorbing the 
traces of sulphur passing through the absoiption fronts. 



Bed 

Direction of gas flow 


Figure 1.27 Sulphur profile in a zinc-oxide bed. 
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It means that the H 2 S/H 2 0 ratio of the gas leaving the reactor is 
determined by the chemisoiption equilibrium and not the bulk phase 
equilibrium. 

Commercial zinc-oxide absorbents are a compromise of saturation 
level (kg S/m 3 bed), porosivity (high diffusivity), and high chemisoiption 
capacity (purity, surface area). In practice, this means that sulphur is 
removed to the ppb range provided the gas is dry. The ZnO reactor 
typcially operates at 350-400°C, but is effective also at low temperature, 
although with longer absoiption front and lower saturation value. 

Although lower mercaptanes are partly withheld by zinc oxide, a 
hydrodesulphurisation step is normally installed prior to the zinc-oxide 
vessel. The hydrogenation catalyst is a Co(Ni)Mo/Al 2 03 catalyst 
operating at 350-400°C and it converts organic sulphur into hydrogen 
sulphide (Table 1.18). The HDS step needs a (recycle) stream of 
hydrogen for the reaction. Without hydrogen present, thioethers and 
thiophenes will pass unconverted through the reactor. The hydrogen-to- 
feed ratio varies with the feedstock in question. A recycle hydrogen 
stream may often contain C0 2 , which may result in H 2 0 by reverse shift 
over the HDS catalyst. This may have an impact on the equilibrium over 
the zinc oxide (Table 1.18). Carbon oxides may also cause a lower 
activity of the HDS catalyst. 

A zinc-oxide mass containing copper may take care of traces of 
sulphur passing through the zinc oxide by establishing the chemisoiption 
equilibrium over copper, which is independent of the presence of water 
(Table 1.18). The prereformer catalyst establishes the H 2 S/Ni 
chemisoiption equilibrium at a much lower value than H 2 S/Cu (refer to 
Section 5.4). However, it is expensive to use the prereformer catalyst as a 
desulphurisation mass. 

In this way, it is possible to desulphurise a range of hydrocarbon 
feedstocks from natural gas to heavy naphtha to a level of less than 10 
ppb. 

In the 1960s, the analytical limit for sulphur was 0.2 ppm [126] [391] 
and this stayed in process design manuals of several contractors for 
years. Surface science and hetter analytical methods have demonstrated 
that real limits are in the low ppb range (refer to Section 5.4). 
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Chlorine, which will be present as HC1 or organic chlorine 
compounds, is a poison, in particular for copper catalysts [391] and it 
may cause stress corrosion in the equipment. Chlorine can be removed 
by promoted alumina. Chlorine may be present in certain refmery off- 
gases and in landfill gas. Chlorine may also originate from failure in the 
water purification system. If so, it will pass the guard bed and should be 
captured by a guard in the low-temperature shift reactor (see Section 
1.5.2). 

Ammonia is not a poison for metal catalysts (Ni, Cu, Fe), but it may 
deactivate acidic zeolite catalysts and FIDS catalyst. It can be removed 
over a low-temperature bed with zeolite. 

The raw dust-free syngas from purification of coal and heavy 
hydrocarbons contains sulphur as COS and H 2 S (Table 1.18) according 
to the equilibrium (see Appendix 2). COS can be removed by a promoted 
zinc oxide [246]. 

1.5.2 Water gas shift 

The water-gas-shift (WGS) reaction R4 in Table 1.2 is used to adjust the 
H 2 /CO ratio of the syngas (refer to Figure 1.10). For ammonia and 
hydrogen plants, as much CO as possible should be converted into H 2 . 
This involves the WGS reaction. The reaction is exothermic, meaning 
that low temperatures are required for high conversion. The WGS 
accompanies the steam reforming and the partial oxidation reactions, and 
the equilibrium is established at the high exit temperatures, but the WGS 
processes operate at lower temperatures. Many materials are active for 
WGS [214] (even rusty surfaces in sample lines may be active and cause 
misleading analyses). 

Depending on the operating conditions, three different types of WGS 
processes are applied [232] [303] [391]. High-temperature shift (300- 
500°C) over a robust catalyst is used for primary conversion. Medium 
temperature shift (200-330°C) is used for special purposes. Low- 
temperature shift (185-250°C) is used to achieve maximum conversion. 
Sour gas shift (350°C) is used to operate under high sulphur conditions 
and low H 2 /CO (raw coal gas, etc). 
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The high-temperature shift process is typically carried out in 
adiabatic reactors at an inlet temperature above 300°C and with a 
temperature increase up to 500°C. The catalyst is a robust Fe-Cu-Cr 
catalyst [68]. Chromium, which prevents sintering, is present as an iron 
chromium internal spinel [175] [361]. The activity is improved by 
promotion with a low percent copper, which will be present as small 
metallic crystallites on the iron chromium spinel [232] [266]. This will 
also inhibit the formation of hydrocarbons at low H 2 /CO ratios [96]. It 
was shown [235] [391] that the activity for this reaction could be related 
to the phase transition into iron-carbide, which is a Fischer-Tropsch 
catalyst: 

5Fe 3 0 4 +32CO <->3Fe 5 C 2 +26C0 2 ( 1 . 17 ) 

The transformation point can be determined by means of the 
“principle of equilibrated gas” [235] (refer to Section 5.2.3). 

The catalyst is robust towards sulphur [67] [68], Flowever, this can 
hardly be utilised as the product gas leaving the steam reformer is 
practically sulphur-ffee and because the raw syngas from a coal gasifier 
will have the potential for Carbide formation due to the low FI 2 /CO ratio 
(see below). 

Low-Temperature Shift (LTS) catalysts are copper-based catalysts 
which operate at temperatures as low as 185-225°C [232] [303] [391]. 
They may in principle operate at even lower temperatures, but limited by 
the dew point of the process gas. The commercial catalysts are typically 
based on Cu/ZnO/ALCL. The active phase is copper in close connection 
with zinc oxide. Although the activity relates to the copper surface area, 
the role of the zinc oxide is still being discussed [216] [232], as is the 
reaction mechanism [207] [337]. 

Another approach is the use of a Cu/Zn 0 /Cr 2 03 catalyst [232] [69] 
[329]. 

The LTS catalyst resembles the methanol synthesis catalyst and 
promotion is required to eliminate the by-product formation of methanol 
[97]. The activation of copper catalysts is strongly exothermic and 
should be carried out with care. The phase transitions during activation 
have been followed through in situ measurements using EXAFS and 
XRD [124]. 
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Figure 1.28 Performance of LTS catalyst. 

Sulphur is a poison for copper catalysts, but due to the presence of 
zinc oxide, the catalyst has a high sulphur capacity. 

The LTS catalysts lose activity during operation due to sintering. 
After a large decrease, the activity levels off as shown in Figure 1.28. 
The sintering is accelerated by chlorine apparently promoting transport 
of copper while migrating through the catalyst bed [391]. 

The performance of the LTS catalyst can be analysed by a model 
including the absorption and chemisorption parts for the uptake of 
sulphur and chlorine as well as the progression of sintering as illustrated 
in Figure 1.28. 

It may be advantageous to carry out the WGS reaction on the raw 
syngas flom gasification of coal and heavy hydrocarbons by a so-called 
sour shift catalyst. This allows removal of C0 2 and FLS in the same 
wash system (see Section 1.5.3). It requires a catalyst that is sulphur- 
tolerant and capable of working at low FLO/C ratios. The conventional 
iron-based HTS catalyst can operate in the presence of sulphur, but it 
requires addition of significant amounts of steam to eliminate the 
problem of the Carbide formation reaction. This problem is solved by 
using a molybdenum sulphide-based catalyst [168] [232], The catalyst is 
promoted and is based on alumina support. It requires the presence of 
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sulphur to maintain the sulphide phase [245]. It can operate in the 
temperature range 200-500°C with low steam/dry gas ratios. 

The recent interest in compact fuel cell units for automotive 
applications has led to development of WGS catalysts based on noble 
metals [134] [277], which in contrast to the iron- and copper-based 
catalysts can withstand exposure to air during start-up and shutdown. 

1.5.3 Acid gas rem oval 

In many syngas plants, it is necessary to adjust the syngas composition 
by removal of carbon dioxide. In gasification-based plants, there is also a 
need to remove hydrogen sulphide. In large plants, this is done by 
absoiption processes in which the gas is contacted with a solvent in a 
packed absoiption tower. There are in principle two types of processes 
based on physical and chemical absorption, respectively. Main 
commercial processes are listed in Table 1.19 [281] [284]. The physical 
absoiption processes (Recticol, Selexol) are driven by ordinary gas 
solubility. The solvent circulation rate, (size of tower, heat exchange) 
depends on the total quantity of gas and hence they are best suited for 
syngases with high contents of C0 2 and H 2 S. In contrast the design of the 
chemical absorption processes (MEA, Benfield) is related to the 
concentration of C0 2 (and H 2 S) and they are the preferred choice for 
gases with low partial pressures. The chemical processes require energy 
to release C0 2 . This is normally done by heating. The selection of 
process depends on parameters such as selectivity (co-absoiption of 
useful gas components), required purity, etc. 


Table 1.19 Absorption processes for acid gas removal. 



Solvent 

Chemical 

MEA 

Methanol amine 

DEA 

Diethanol amine 

Benfield 

Potassium carbonate 

Physical 

Rectisol 

Methanol 

Selexol 

Dimethylether of polyethylene glycol 
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The physical wash processes can be designed so that H 2 S and C0 2 are 
absorbed separately, meaning that both gases can be recovered at high 
concentration. The C0 2 stream may be compressed for CCS (refer to 
Section 1.4.2). The H 2 S stream is converted either into elementary 
sulphur by the Claus process or into concentrated sulphuric acid by the 
WSA process [291]. 
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Syngas Applications 


2.1 Thermodynamic framework for syngas processes 

A syngas process can be divided into the following basic elements: 



Figure 2.1 Process steps in syngas plants. 

Where: 


- “Feed preparation” includes unit operations, such as heating, 
purification of feedstock and addition of steam; 

- “Reactions” are the steam reforming reactions; 

- “Purifications” include unit operations for adjustment of product 
composition in agreement with downstream requirements and 
removal of undesired compounds such as water, if the product 
must be dry. 

Simulation of syngas processes are performed using flow sheeting 
[82], where the individual unit operations are connected by streams and 
the heat and mass balances for the entire process are solved sequentially. 
Well-proven commercial tools and solution methods for many processes 
are available as described in [82], but to design catalytic processes both 
simplified and rigorous reactor models are key items and for this purpose 
a dedicated tool such as the one described in [116] can be used. 

Rigorous reactor models are the subject of Chapter 3, but process 
simulation relies on thermodynamic properties, and this will be described 
below. 
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Syngas processes are usually characterised by: 

- Large production volumes; 

- Gas-phase catalytic processes; 

- High pressure (up to 100 bar); 

- Temperatures ranging from 0°C in condensation and up to 2500°C 
in combustion; 

- Steam generation, steam superheating and condensation as water; 
and 

- Highly energy efficient processes with feed consumptions 
corresponding to several hundred MW. 

This implies that design and simulation of syngas processes require 
thermodynamic properties with an accuracy corresponding to what is 
used in an electric power plant. 

2.1.1 Syngas properties 

To calculate thermodynamic properties for hydrocarbon mixtures and 
gases, well-proven methods based on modifications of the Soave- 
Redlich-Kwong (SRK) or Peng-Robinson (PR) equations of state [353] 
[470] and with parameter extensions for hydrogen [212] are available. 
Such methods are used within refining. These EOS models are, however, 
not sufficiently accurate for steam and water, where a method as accurate 
as the one described in the International Steam Tables [515] must be 
used. Although syngas processes are carried out at high temperatures, 
where an ideal gas model even at the higher pressures gives sufficient 
accuracy, properties at low temperature and process parts with vapour 
and liquid phases show significant deviation from an ideal gas. 

It would be highly desirable for reasons of thermodynamic 
consistency and to avoid energy discontinuities to use just one 
thermodynamic model representing the properties of all parts of a 
process; but no consistent thermodynamic model can with a sufficient 
accuracy calculate the thermodynamic properties of all relevant syngas 
mixtures. This is not only due to the absence of adequate mixing rules for 
mixtures of steam/water and other compounds, but also that water has 
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molecular properties requiring an elaborate model as the one in the 
Steam Tables. New formulations, such as the CPA equation of state 
[528] that has been used to model the FEO-FE system, are promising. An 
alternative is to use the principle of corresponding states [316], but 
calculating all properties of syngas mixtures from water will require a 
significant number of additional parameters. 

A practical solution is therefore to calculate thermodynamic 
properties by combining the steam/water model from the Steam Tables 
with the properties of the other components as calculated from the SRK 
equation of state. 

For a gas phase, this can in practice be carried out by first calculating 
the properties using the SRK equation of state for the complete mixture 
and then interpolate with the pure steam properties, so that for a mixture 
without water, the SRK equation state is used, whereas for pure steam, 
the steam formulas are used. 

The advantage of using such a method is that the impact on the 
reaction properties is small and that heat duties connected with 
condensation and steam generation are in agreement with the Steam 
Tables. 


Example 2.1 

Example 1.3 resulted in an overall tubular reformer duty equal to 108 
MW when using ideal gas thermodynamic properties. If the non-ideal 
gas is considered by use of the method described above, the duty 
increases to 109 MW. 


The heat balance over the steam reformer itself is thus almost 
unchanged when real gas properties are used. The reason is the moderate 
pressure and the high temperature, but at a higher pressure or for 
mixtures close to the dew point the difference increases. 

The liquid present in syngas processes is almost pure water with 
dissolved gases. Other liquid components may be present, but only in 
trace amounts. The properties of a liquid mixture are calculated by 
mixing the properties of water with those of the dissolved gases or of 
other liquid components. The heat of mixing can usually be neglected. A 
special case arises if a liquid hydrocarbon (such as naphtha) is used as 
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feedstock, where the thermodynamic properties may be calculated using 
the SRK equation of state. Liquid naphtha and water form two liquid 
phases, but this will only be present in abnormal situations in a syngas 
plant, since steam will not be added till after evaporation of the naphtha. 

The phase equilibrium method used in simulation of syngas processes 
must thus be able to calculate the properties of the following mixtures: 

1. Water/steam 

2. Gases, such as H 2 , CO, CH 4 , N 2 , Ar and lower hydrocarbons present 
in natural gas 

3. Trace amounts of organic compounds and liquids originating in other 
parts of a plant and recycled to the syngas section 

4. By-products such as NH 3 that may be formed in the catalytic reactors 

5. NH 3 , C0 2 , H 2 S and HCN that may dissociate in water-forming ionic 
compounds 

6. Hydrocarbon liquids such as naphthas 

7. Coal gasification 

8. C0 2 removal 

9. Purification of biofuels 

Obviously no thermodynamic phase equilibrium method can handle 
all these mixtures. 

The compounds in 1-5 may be present in the entire syngas plant, 
whereas those in 6-9 are in specific process sections only, where they 
may be simulated using their own appropriate thermodynamic method. 
Liquid hydrocarbons (6) are simulated using the above-mentioned SRK 
equation of state and gasification (7) takes place at such a high 
temperature that an ideal gas assumption is appropriate. Purification and 
in particular C0 2 removal require specific packages, usually only 
available to the licensor. 

As discussed above no equation of state can accurately calculate 
phase equilibrium for the components in 1-5 at all relevant conditions; 
instead activity coefficient models must be used. In such models, the 
characteristic basic property used by the phase equilibrium algorithms is 
the K-value, defmed as Ki=yi/Xi where y, and x; are the mole fractions in 
the vapour and liquid phases, respectively. 



Syngas Applications 


11 


The K-values in dilute water mixtures are divided into an equation for 
condensable components and an equation for non-condensable 
components. Whether the component is condensable or not is determined 
by the actual application temperature compared with the critical 
temperature for the component in question. 

The rigorous equation for the K-value for a condensable component 
(1 and 3) is established from the equality of the fugacities in the two 
phases as [316] [353]: 



The main condensable component is water, and it is seen that in this 
case the K-value equation converges towards Raoulf s law. 

All other liquid components are present in dilute Solutions in water, 
which require an appropriate activity coefficient model for the dilute 
component. Here the UMFAC/UNIQUAC model [197] is selected, 
where the activity coefficient is calculated as the sum of a combinatorial 
part and a residual part. The residual part uses fitted binary parameters 
valid for the components present in the liquid mixture. If no binary 
parameters are available - which is often the case in syngas preparation 
- the UNIFAC method may be used to calculate the residual part. 

For a non-condensable component (2), a saturation pressure cannot 
be calculated and the rigorous equation for the K-value for a non- 
condensable component is thus described by Henry’s constant as: 

Ki = ex p| (p - P sat > solvent jl (2.2) 

(Pi V P [ Rr J 

The activity coefficient y* converges towards unity at infmite dilution 
in order to be in agreement with the definition of Henry’s constant. In 
water mixtures this is a good assumption. The Poynting correction factor 
consequently uses the partial molar volume at infmite dilution in the 
liquid mixture. The Henry’s law constants are correlated using scaled 
particle theory [353] [447]. Parameters fitted to experimental data are 
available for the common gases: 0 2 , H 2 , N 2 , CO, C0 2 , Ar, CH 4 , He and 
H 2 S. It should be noted that the experimental data for the solubility of 
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CO are “disturbed” at higher temperatures (>100°C) by chemical 
reactions in the liquid phase forming HCOOH, so the CO correlation is 
actually extrapolated low-temperature solubility data [447]. The 
solubilities of the two components NH 3 and HCN are obtained by fitting 
to experimental data. 

For the weak electrolytes (4+5), a number of reactions may take place 
in the liquid such as: 

NH,+H 2 0 = NH4+0H~ 

C0 2 +H 2 0 = HC03+H + 

h 2 o = h + +oh~ 

HCC>3=COJ~+H + (2.3) 

nh 3 +hco 3 =nh,coo +h 2 o 

HCN = H + + CN~ 

h 2 s = h + + hs~ 

The impact of these liquid phase reactions on the phase equilibrium 
properties is thus an increased solubility of NF 13 , CCT, F1 2 S and FICN 
compared with the one calculated using the ideal 1 lcnry’s constants. The 
reason for the change in solubility is that only the compounds present as 
molecules have a vapour pressure, whereas the ionic species have not. 
The change thus depends on the pFl of the mixture. The mathematical 
solution of the physical model is conveniently formulated as an 
equilibrium problem using coupled chemical reactions. For all practical 
applications the system is diluted and the liquid electrolyte solution is 
weak, so activity coefficients can be neglected. 

Data for the equilibrium constants can be found in [52] [176] [177] 
[209] [269] [324]. Calculations show that the pFl is very sensitive to the 
equilibrium constants justifying the assumption to neglect activity 
coefficients, since they are very difficult to determine accurately. 


Example 2.2 

The natural gas in the Fl 2 example (1.3) may contain 1% N 2 , part of 
which is reacted in the tubular reformer to NI l 3 . It is assumed that the 
temperature approach to equilibrium is 200°C corresponding to an 
equilibrium temperature equal to 1075°C. The chemical equilibrium 
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corresponds to 64 ppm NH 3 in the dry gas after the tubular reformer. 
When condensing the stream, all NH 3 will remain in the liquid due to 
the excess of C0 2 , and NH 3 will thus have to be removed in another 
way. If only Henry’s law had been used, nearly all NH 3 would go to the 
vapour phase after the separator. 


2.1.2 Synthesis process properties 

The methods described in the previous chapter can in addition to the 
syngas processes also be used to simulate processes for manufacturing 
SNG, hydrogen, and reducing gas and for other processes such as fuel 
cells. The requirement is that no further liquid separation is used. 
Production of pure CO uses cryogenic separation requiring accurate 
thermodynamic properties at such conditions. 

The following chapters also describe processes for manufacturing 
ammonia, methanol and derivatives such as DME and the Fischer- 
Tropsch synthesis. These processes are characterised by operation at a 
high pressure to favour chemical equilibrium, so the fugacity coefficients 
in Equation (1.8) are not unity. The product is usually separated out by 
condensation. As for a syngas preparation process, it would be preferable 
to use thermodynamically consistent and continuous models, which can 
be used not only to predict chemical equilibrium out of the reactors but 
also phase equilibrium. For reasons of continuity and consistency, 
however, and in particular since production of ammonia was one of the 
first high-pressure processes, a similar thermodynamic approach as 
described for syngas processes with separate models for the gas and 
liquid phases is used [328]. An equation of state is hence used to predict 
gas-phase properties including non-ideal chemical equilibrium, whereas 
an activity coefficient model is used to predict phase equilibrium using 
Equations (2.1) and (2.2). 

For synthesis processes it should be added that basic chemical 
equilibrium data such as the ffee energy and enthalpy of formations 
originally have been derived from experimental data using a specific 
method to correct for non-ideal gas fugacity coefficients. This must be 
taken into consideration when selecting an appropriate method. This is 
the case for methanol, where a generalised method only as a function of 
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pure component critical temperature and pressure was used to derive the 
ideal gas-phase equilibrium properties. It is also evident that accurate 
chemical equilibrium data are not easy to fmd in the literature and in 
many cases it is necessary to perform measurements. This is in particular 
the case for any by-product formation. To perform such measurements 
highly qualified personnel with experimental skills are required. 

A thermodynamic model to simulate ammonia synthesis is described 
in [117]. It includes the use of the so-called Martin-Hou equation of 
state for the gas phase, whereas a simple Van Laar model is used to 
model the phase equilibrium including the solubility of the gases. 

For methanol synthesis and its derivatives, such as DME, a 
UNIQUAC model may be used to predict phase equilibrium, but other 
models from [468] may be used as well. The key point is that parameters 
must be fitted to experimental data. 

For Fischer-Tropsch a model similar to the one used for simulating 
ordinary refmery mixtures is used, but any organic by-product must be 
taken into consideration. 

2.1.3 Process analysis 

Process energy balances are established using the first law of 
thermodynamics. It has the following form for a steady-state flow 
process where kinetic and potential energy contributions are neglected: 

AH = Q + W (2.4) 

For an adiabatic unit operation, such as an adiabatic catalytic reactor 
where transferred heat, Q, and shaft work, W, both are zero, the enthalpy 
change is thus zero, since the basis for the enthalpy is the heat of 
formation. A heat loss may be taken into consideration. 

When simulating a process, only relative enthalpies have 
significance, but when a process is evaluated, it is also necessary to relate 
the properties of a stream to the amount of energy which can be released 
or consumed when the stream is converted to a standard state. Such a 
concept is used for pricing fuels, where the usual reference state for 
syngas mixtures is the lower heating value, LHV. It is defined as: “The 
heat released when the component in its standard state at 25°C and 
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atmospheric pressure is reacted with oxygen to give CO 2 , H 2 0, S0 2 , N 2 , 
and halogens X 2 , all in their gaseous state at 25°C- and at a total pressure 
equal to 1.01325 bar abs.” 

The general reaction scheme to calculate LHV can thus be written as: 

C n c H n H S n s Nn N X nx O no +(n c +l/4n H + n s -1/2n 0 )0 2 -> 

n c C0 2 +l/2n H H 2 0 + n s S0 2 +l/2n N N 2 +l/2n x X 2 (2.5) 


LHV = n c -H» 0i +l/2n H -H° +l/2n N -H° +n s -H° +l/2n x H° 


where n, is the individual atomic amounts and H° the corresponding 
enthalpies of formation. 

A total energy balance for a syngas plant may be established using 
the LHV, but it would be better to use the higher value, HHV, to avoid 
negative LHV values for liquid water or combustion efficiencies above 
100, but this is not standard for syngas processes, where the LHV is 
used. 

For use in process evaluation, it is important to note that both heating 
values only consider the absolute enthalpy conversion without 
considering where and how energy is degraded in the process. Such an 
analysis requires the second law of thermodynamics, and the 
combination of the first and second laws introduces the concepts of the 
ideal work and lost work [148] [468]. The ideal work is the 
thermodynamic work a mixture can carry out, when it is transferred from 
one state to another. It is closely related to the Gibbs free energy of 
formation, the difference being that all heat transfer is carried out 
reversibly at the temperature of the surroundings, T s , so that the first law 
can be written as: 

W.AH-Q or 

W ld eal=AH-T s AS V 


Hence, ideal work considers not only ideal shaft work, but also the 
work that can be extracted by reversibly transferring all heat quantities to 
and from the surroundings at the temperature T s . Note that the change in 
properties caused by the reactions are automatically included, since the 
reference state for enthalpy is the enthalpy of formation. 

The lost work can be calculated as: 


W lost =W-W ideal =T s AS-Q 


(2.7) 
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In addition to the concept of lost work, it would be advantageous to 
have an absolute value of the ideal work a stream can carry out. For this 
purpose the concept of exergy (originally defined as chemical 
availability by Gibbs, see e.g. [148]) is used. Such an ‘objective’ 
thermodynamic basis will in particular provide a more rigorous basis for 
calculating overall process thermodynamic efficiencies. In analogy with 
ideal work, the exergy is defined as the ideal work that can be obtained 
from a stream when it is converted from an actual state -1 - to a standard 
state of the surroundings. Exergy is then the ideal work for the 
conversion to the standard condition, except that the sign is reversed: 

E Xl =-(AH 1 _ >s -TjAS^g) (2.8) 

The standard state for exergy is here selected as the one used for the 
HHV, which is the concentrations the components have in dry air at 
atmospheric pressure and 25°C [115] [482]. This implies that the exergy 
of dry air and liquid water at atmospheric pressure and 25°C both are 
zero. Other reference states could have been selected. This concems in 
particular the one chosen for C0 2 , where it may seem more appropriate 
to select the concentration in a characteristic flue gas, but such a choice 
requires definition of a ‘standard’ flue gas composition and this is not 
convenient, since it depends on the amount of excess air used or if 
enriched air has been used in the combustion process. The state 
corresponding to HHV is convenient, although a flue gas even at 25°C 
consequently will have a positive exergy. 

The change in exergy from state 1 to state 2 is thus the connected 
ideal work performed with the change: 

AEx,^ 2 = Ex 2 -Exj = AH-T s AS (2.9) 

The calculation of exergy is carried out in two steps: 

1. The first contribution is the Gibbs free energy of formation at 25°C 
of the mixture from the compounds in the surroundings. This is 
similar to the LHV defming Equation (2.5), considering the work 
required to transfer all components to 1.01325 bar, which is the 
standard stated for the Gibbs free energy. This term consequently 
includes the entropy of mixing for transferring compounds from 
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atmospheric pressure to the actual pressures the components have in 
air. 

2. The second contribution is the transfer of the mixture from 1.01325 
bar to the actual temperature and partial pressures in the mixture. 
This is carried out using calculated values of the residual changes in 
entropy and enthalpy, AH res and AS res . 


Example 2.3 

In the hydrogen plant, Example 1.3, the exergies of the process inlet 
and outlet streams of the tubular reformer can be used to calculate lost 
work from: 

AEx 1^2 =Ex 2 -Ex, = 525.3MW -451.6MW = 73.7MW 

The ideal work increases not only due to the temperature increase, 
but also since the free energy increases in the reaction. This exergy 
increase must, however, be delivered by heat exchange with a warmer 
fluid on the outside of the reaction space and this heat is usually 
supplied by combustion. The increase in exergy should be compared 
with the enthalpy duty which is 109 MW. 

Here, it is assumed that the fuel is pure CH 4 and it is bumed in air at 
a ratio between actual and theoretical air A,=1.15 and that the 
temperatures of both luel and air are 25°C. The resulting adiabatic flue 
gas temperature is 1825°C. The actual temperature of the resulting flue 
gas depends on how the heat is transferred to the reformer. Figure 2.2 
below shows how the combustion efficiency using either exergy or 
LFIV depends on the actual flue gas temperature after the required 
amount of heat to the process (duty) has been subtracted. The efficiency 
is defined as the ratio between the duty or exergy on the process side 
and the difference on the combustion side. 

It is seen that both efficiencies become zero at the adiabatic 
combustion temperature, since an infinite amount of luel must be used 
here, but also that the largest efficiency gain is obtained by decreasing 
the flue gas temperature in the high end. It is also seen that the increase 
in exergy efficiency is levelling off when the flue gas exit temperature 
decreases, whereas the LFIV shows an almost straight-line dependence. 
The reason is that although the heat content of the flue gas at low 
temperature appears large, the ideal work of it is small. The increase 
below 100°C is caused by condensation of water. 




84 


Concepts in Syngas Manufacture 


[V 

100 - \ 


80 


V S LHV 
S 


40 

LU 


O 


c 

0 


o 60 


20 


0 



0 


500 


1000 

Temperature (°C) 


1500 


2000 


Figure 2.2 Steam reforming. Combustion efficiency as a function of flue gas temperature. 
The efficiency may be seen as a Carnot efficiency 



where the adiabatic combustion temperature is the temperature of the 
hot reservoir, but the temperature of the cold reservoir is an (undefined) 
average temperature of the reforming system. If the flue gas 
temperature is 875°C, similar to the outlet of the tubular reformer, the 
exergy change on the combustion side is 149.45 MW and the efficiency 
49%. If this is interpreted as a Carnot efficiency, it corresponds to a 
cold reservoir temperature approximately equal to 790°C. 

It is evident that optimisation of syngas processes must concentrate 
on combustion and decrease in the flue gas temperature. Lost work 
analyses help to quantify the losses, but commercial syngas processes are 
already highly optimised processes where the amount of luel is 
minimised to the extent possible. In this case it is usually construction 
materials and catalysts that exhibit the constraints in process optimisation 
together with local conditions such as availability and price of fuel and 
cooling water. In process development exergy analysis is important and 





Syngas Applications 


85 


it may be supplemented with other tools such as pinch analysis of the 
heat exchanger networks aiming at minimising the temperature 
differences in the heat recovery part [301] [473]. Lost work analysis has 
also been extended to a detailed reactor analysis of the tubular reformer 
[335]. 

2.2 Hydrogen 

2.2.1 Routes to hydrogen 

Hydrogen is an important raw material for the chemical and the refinery 
industries, and it may play a liiture role in the energy sector. The total 
hydrogen consumption amounted to about 50 million tonnes per year 
(approximately 550 10 9 NrnVy) in 2004. The present use of 
manufactured hydrogen is primarily for the production of ammonia and 
methanol (approximately 51% in mixtures with nitrogen or carbon 
oxides) followed by hydrotreating in refineries (44% including co- 
production). Pure hydrogen is also used for a number of hydrogenation 
reactions (4% of total consumption). Other present uses (1%) of 
hydrogen are related to the food industry, the semi-conductor industry, 
and the metallurgical industry (for instance direct reduction of iron ore). 

Specifications for reformulated gasoline have meant less aromatics 
and olefins and constraints on light hydrocarbons and sulphur. New 
legislation for diesel requires deep desulphurisation to 10-50 ppm S. 
This is done by reacting the sulphur compounds with hydrogen into 
hydrogen sulphide (hydrotreating), which is removed from the 
hydrocarbon stream. The requirement for sulphur removal may be 
accompanied by a wish to remove aromatics. 

In general, these trends result in an increasing atomic ratio H/C of the 
fuels approaching two [161], while available oil resources become 
heavier with higher contents of sulphur and metals. This has created a 
large requirement for more hydrotreating (HDS, HDN, HDM) and 
hydrocracking. 

Traditionally, a major part of the hydrogen consumption in refineries 
was covered by hydrogen produced as a by-product from other refinery 
processes, mainly catalytic reforming (“plat-forming”). However, there is 
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a fast growing need for increased hydrogen production capacity in 
refmeries. This need is being met mainly by installation of steam 
reforming-based hydrogen plants. The conversion of oil sand (tar sand) 
in Canada has also resulted in large hydrogen plants based on steam 
reforming of natural gas [360]. 

Hydrogen as an “energy vector” was discussed in the wake of the 
energy crisis in the 1970s [480], Today, “hydrogen economy” is on the 
political agenda [251]. Hydrogen is claimed to replace hydrocarbons and 
to provide a clean fuel with no carbon emissions for use in stationary and 
mobile applications as well. Fuel cells may play a key role for both 
situations. Steam reforming or CPO of natural gas and liquid fuels 
(logistic fuels) may be essential to the introduction of a hydrogen 
economy including the use of hydrogen-driven fuel cells [418]. 

Hydrogen is an energy carrier, not a fuel. Hydrogen can be 
manufactured via a variety of routes [237] [251] [414]. The choice 
depends on size of production and cost of available feedstocks. The most 
important method is steam reforming of hydrocarbons followed by 
gasification of coal, oil sands (tar sands), etc. Gasification of heavy oil 
fractions may become more important as these fractions are becoming 
more available because of falling demand. Some refmeries have installed 
gasification units for power production and co-generation of hydrogen 
[349]. For small-scale production, investments are dominating and 
simple equipment may be preferred over high energy efficiency. Still 
electrolysis of water and other sources accounts for less than 5% of the 
production. 

Hydrogen production from coal was considered in the US Future Gen 
Program as co-production in ICCC power plants as illustrated in Figure 
2.3 (Section 2.6.4). Carbon dioxide is removed by sequestration (refer 
to Section 1.4.2). This is feasible only in large centralised plants. 

Plants supplying hydrogen for the build-up of a future hydrogen 
infrastructure are faced with a dilemma when based on fossil fuels [418]. 
Centralised large-scale hydrogen production is penalised by significant 
costs for compression and transportation. 

Hence, it might appear more feasible to manufacture hydrogen 
decentralised at gas stations, but CO 2 sequestration (refer to Section 
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1.4.2) appears feasible only with large-scale production. Without CO 2 
sequestration, it may be better to use natural gas directly in the car. 
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Figure 2.3 Flydrogen by air-blown refonning for CCU-free power production [414], 
Reproduced with the permission of Balzer. 


The ultimate solution for decentralised production of hydrogen 
should be based on sustainable methods such as electrolysis or steam 
reforming of biofuels. Still, the economy is not attractive [326]. 

CO 2 sequestration from hydrogen plants based on steam reforming of 
hydrocarbons suffers from high capture costs as CO 2 ends up strongly 
diluted in the flue gas. It is essential that CO 2 is captured at as high a 
pressure as possible, as CO 2 absoiption from flue gas will be very energy 
requiring (refer to Section 1.4.2). 

This is illustrated in Figure 2.3, showing a scheme for large-scale 
power production based on air-blown reforming of natural gas coupled to 
CO 2 sequestration [414], 


2.2.2 Hydrogen by steam reforming of hydrocarbons 

Steam reforming of natural gas and other hydrocarbons remains the 
cheapest route to large-scale commercial production of hydrogen [251 ] 
[414] [426], The costs are increased if CCS is included as illustrated in 
Table 2.1. 
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Table 2.1 Production costs for hydrogen with/without C0 2 capture/storage. Data from 

IEA 2005 [251], 



Large 

Large with CCS 

Small 

H 2 pressure (bar) 

78 

78 

Liq. 

340 

LHV efficiency (%) 

73.2 

61.1 

46 

46.7 

Investment (USD/GJ/y) 

9.4 

11.9 

21 

42 

H, costs (USD/GJ) 

5.5 

6.7 

9.6 

13.5 


From thermodynamics, hydrogen manufacture is favoured by high 
steam-to-carbon ratio, high exit temperature and low pressure. The 
optimum pressure is typically 25 bar. For use in typical hydrotreating 
units (30-170 bar) the hydrogen product must be further compressed. A 
high steam-to-carbon ratio means that a surplus of steam has to be heated 
in the reformer. This results in a larger reformer and high energy 
consumption. Therefore, modern hydrogen plants [414] are normally 
designed for low steam-to-carbon ratios (1.8-2.5 mol/C-atom). A low 
steam-to-carbon ratio reduces the mass flow through the plant and thus 
the size and costs of equipment. The size of the reformer can further be 
reduced by increasing the inlet temperature. This is possible by using an 
adiabatic prereformer (refer to Section 1.2.5). 

A low steam-to-carbon ratio results in a more energy efficient plant 
and thus lower operating costs. A low steam-to-carbon ratio increases the 
amount of unconverted methane from the reformer, but this is 
compensated for by increasing the reformer outlet temperature, typically 
to 900-950°C. 

The non-converted methane is recovered in a unit for pressure swing 
adsoiption (PSA) for cleaning hydrogen to a purity of 99.999% F[ 2 . The 
PSA off-gas is then used as fuel for the reformer as shown in Figure 2.4 
[414] [426]. 
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Figure 2.4 Hydrogen plant. Simplified scheme [426], Reproduced with the permission 

ofACS. 



Figure 2.5 H 2 plant based on steam reforming of natural gas. The tubular reformer is 
shown in the background with the PSA unit to the right (capacity: 39,000 Nm 3 H 2 eqv./h). 
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Table 2.2 Typical conditions for hydrogen plants using steam reforming of methane 

(100,000 Nm 3 H 2 /h). 


Design 

HnO/ 

ch 4 

P 

(bar) 

Tinlet 

(°C) 

T 

A exit 

(°C) 

h 2 

CO 

O 

O 

ch 4 

Process 
duty MW 

Previous 

4.5 

30 

500 

850 

75.19 

11.07 

10.49 

3.24 

97.8 

Modem 

1.8 

30 

650 

920 

71.08 

17.61 

4.56 

6.75 

85.4 


The operating conditions for a conventional and a modem hydrogen 
plant are shown in Table 2.2 [426], and Figure 2.5 shows a photo of a 
natural gas-based hydrogen plant. 

The transferred heat is calculated as shown in Example 1.3. It is 
evident that the reformer is significantly smaller than for the previous 
design. 

The net reaction can be written as: 

CH 4 +2H 2 0(liq)->C0 2 +4H 2 -AH[[ 98 = 25 3 kj / mol CH 4 

The basic thermodynamic data of the feed and product are shown in 
Table 2.3 below. 

It is seen in Table 2.3 that the exergy balance is fulfilled, whereas the 
LHV balance is not due to the liquid water. If the balance should be 
fulfilled, it is necessary to set the LHV of the liquid water to -88 kJ/mol 
CH 4 corresponding to the heat of evaporation. 

In Table 2.3 is shown the product value in (%) calculated as the value 
of the product divided by the total value of the feed and the required 
amount of heat added for reaction. The actual energy efficiency may be 
calculated from the LHV of the product divided by the actual energy 
consumption. It is a very large efficiency equal to 86%. A theoretical 
efficiency may be calculated by dividing the energy efficiency by the 
product value resulting in 94%. This corresponds to assuming that the 
theoretical minimum consumption is the contributions from CH 4 and 
reaction as shown in [414] [426]. Although it may be discussed which is 
the proper efficiency, it is seen that today’s processes for manufacturing 
of hydrogen are operating very close to the theoretical minimum energy 
consumption. 
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Tab le 2.3 Thermodynamic data for energy analysis of hydrogen production based on 
1 mole of CH 4 or 4 mole H 2 . The practical energy consumption corresponds to 
12.6 GJ/1000 Nm 3 H 2 [414] [426], 



LHV (kJ/molCH 4 ) 

Exergy (kJ/molCH 4 ) 

ch 4 

802 

830 

H 2 0(liq) 

0 

0 

Reaction heat (25°C) 

253 

125 

4 mole H 2 

967 

941 

O 

O 

0 

20 

H 2 - C0 2 separation 

0 

6 

Product value (%) 

92 

99 

Practical energy consumption 

1130 


Energy efficiency (%) 

86 



If hydrogen has to be supplied at higher pressure or as liquid 
hydrogen, the efficiency decreases as illustrated in Table 2.1. The 
compression of hydrogen from 1 bar into liquid hydrogen uses energy 
corresponding to 1/3 of the LHV of the hydrogen to be compressed 
[ 222 ]. 


PSA S-removal Pre- Tubular MT shift 

reformer reformer 


PSA 2 


Refinery 



Figure 2.6 Process layout of a typical multi-feedstock hydrogen plant [414], Reproduced 
with the permission of Balzer. 
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A typical process layout of a feedstock flexible hydrogen plant 
operating at 25 bar on refmery gas, natural gas and naphtha is given in 
Figure 2.6. Refmery gas containing large amounts of hydrogen is sent to 
a pressure swing adsoiption (PSA) unit where pure hydrogen is 
extracted. The off-gas from the PSA, containing non-converted methane, 
is compressed and used as feed in the hydrogen plant. In this way, low- 
grade refmery gas is used as feed to a hydrogen plant and thereby 
substituting more expensive natural gas or naphtha. 

Methanol can be added directly to the shift converter of a natural gas- 
based hydrogen plant in which the methanol is converted into hydrogen 
simultaneously with the shift reaction. This offers a cheap opportunity to 
boost the capacity of the hydrogen plant [265]. 

2.2.3 The steam export problem 

Hydrogen production often results in a by-product of steam which in 
many cases should be minimised [414]. 

In ammonia plants and other petrochemical plants, the steam 
produced in the waste heat section of the reformer can be used to drive 
the synthesis compressor, but in hydrogen plants there is little need for 
steam. Hence, many hydrogen plants have a significant export of steam. 


Example 2.4 

The value of steam depends on the requirements from the surroundings. 
The thermodynamic value can be seen from the following fable: 


Table 2.4 Thermodynamic value of steam. It is seen that the exergy of the generated 
steam is 40% of the enthalpy input. 



Enthalpy (kj/mol) 

Exergy (kj/mol) 

H 2 0(liq) 

0 

0 

H 2 0(liq) boiling at 100 bar 
(312°C) 

23.54 

7.43 

H 2 0(steam) at 100 bar (312°C) 

47.18 

19.03 
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It is possible to reduce the steam production from a hydrogen plant 
based on tubular steam reforming [208]. Introduction of a prereformer 
with reheat increases the thermal efficiency for reforming from 50% to 
about 60%. Another part of the flue gas heat content can be used for 
preheating of combustion air. 

Convective reformers result in less waste heat. The flue gas as well as 
the product gas is cooled by heat exchange with the process gas flowing 
through the catalyst beds, so that they leave the reformer at about 600°C. 
The amount of waste heat is reduced from 50% in the conventional 
design to about 20% of the fired duty in the heat exchange reformer. This 
means that the steam generated from the remaining waste heat just 
matches the steam needed for the process, so that export of steam can be 
eliminated. 



Figure 2.7 Topsøe package hydrogen plants (2 x 5,000 Nm 3 /hr) at Air Liquide, Belgium. 


However, the heat exchange is primarily by convection which 
generally leads to lower average heat fluxes (and hence bigger heat 
transfer surfaces) than in tubular reformers with radiant heat transfer 
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(refer to Section 3.3.5). This is compensated by elimination of the 
reformer fumace and a smaller waste heat section, which results in a 
more compact process unit. Convective reformers are industrially proven 
and are preferred for smaller units due to their compactness (Figure 2.7). 

Convective reforming can also improve the productivity of the fired 
reformer by utilising the hot product gas for supplementary heat input to 
the process, i.e. by “chemical recuperation” of the heat in the process gas 
instead of raising steam [426] [427]. This can be done in various ways. 
In the Topsøe Bayonet Reformer (TBR) the product gas may simply be 
passed through the reformer tube in a bayonet type arrangement, i.e. 
counter-current to the flow through the catalyst bed. In this way, the 
capacity of the reformer furnace can be increased by 25% and the steam 
export reduced by 30% [426]. 

Another approach [426] [522] is the installation of a parallel 
convective reformer heated by the hot process gas from the tubular 
reformer as illustrated in Figure 2.8. 

With this approach, it is possible to increase the capacity of a 
hydrogen plant by 30% with the same tubular reformer or reduce the 
steam export by 40%. 


Steam 



Figure 2.8 SMR: steam methane reforming. HTER: Haldor Topsøe Convective 
Refonner. Hydrogen plant with chemical recuperation [426], Reproduced with the 

pennission of ACS. 


2.2.4 Membrane reform ing 

Thermodynamics require high exit temperatures to achieve high 
conversion of methane. This is in contrast to the potential of the catalyst 
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showing activity even below 400°C (refer to Section 3.5). Steam 
reforming at low temperatures would allow the use of cheaper 
construction materials and the use of low-temperature heat to drive the 
reaction. This has led to efforts to circumvent constraints by the use of a 
selective hydrogen membrane installed in the catalyst bed with extraction 
of hydrogen though a palladium membrane [1] [273] [414] [471], thus 
pushing the reforming equilibrium to higher conversion. Reactor 
simulations and experiments [1] have shown that the reformer exit 
temperature can indeed be reduced to below 700°C while maintaining the 
same conversion. 


Steam 
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Figure 2.9 Membrane reforming. Hydrogen plant with CCF sequestration [414], 
Reproduced with the permission of Balzer. 

As shown in Figure 2.9, this results in hydrogen at lower pressure and 
CO 2 at high pressure. The latter is good for CO 2 sequestration and a low 
supply pressure may be acceptable for finel cells. 

Still, there is a need to develop stable thin Pd membranes (thickness 
of a few microns) and a reliable manifold system. 


2.2.5 Hydrogen via catalytic partial oxidation (CPO) 

Steam reforming remains the most economic and efficient technology, 
even in very small scale (50 NmVh). Flowever, other parameters may 
play a role as well for small units, such as simplicity, compactness and 
(for automotive units) short start-up time. Air-blown catalytic partial 
oxidation fulfils these requirements, in particular for fuel cell 
applications where it is normally acceptable that the hydrogen stream 
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contains nitrogen. A CPO plant has a simpler steam and heat recovery 
system than a steam reforming plant, but an air compressor is needed, 
which makes the technology less suited for high-pressure operation [408] 
[410]. 

-— 0 I 


t 



Figure 2.10 Hydrogen by CPO (20 bar). 


Figure 2.10 shows a CPO process scheme for pure hydrogen using a 
PSA unit for purification, just as for a reforming-based scheme (Figure 
2.4). The PSA off-gas has to be bumed in a heater producing export 
steam. In conclusion, a CPO plant for making hydrogen at 20 bar would 
be close to 50% more expensive. The main prospects of the CPO 
technology are linked to fuel cells (Section 2.3) and small-scale plants. 

2.3 Fuel cells 

2.3.1 Fuel processing system 

Most fiiel cells involve electrochemical oxidation of hydrogen on the 
anode. There are only few examples of direct conversion of other fuels 
on the anode. In high-temperature fuel cells, it is possible to convert the 
fuel to hydrogen inside the cell utilising the heat from the 
electrochemical reaction [411], but otherwise it is necessary to convert 
the primary fuel outside the stack into a hydrogen-rich gas which is fed 
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to the anode. A wide range of feedstocks is considered for conversion in 
fu el cells including hydrocarbons from natural gas to diesel, alcohols, 
syngas from gasification, landfill gas, etc. The coupling of fuel 
Processing with the fuel cell operation is essential to achieve high plant 
efficiencies [411]. 

The layout of the fuel processing system depends on the type of fuel 
cell as summarised in Table 2.5. 


Table 2.5 Characteristics of fuel cells. 



T 

x exit 

(°C) 

Extemal 

Refonner 

Hi purification 

Internal 

reforming 

PEMFC 

polymer membrane 

80 

+ 

50 ppm CO 

- 

PAFC 

phosphoric acid 

200 

+ 

0.05% CO 

- 

MCFC molten carbonate 

600-650 

(+) 

None 

+ 

SOFC solid oxide 

600-1000 

(+) 

None 

+ 


Fuel cells are developed for modular design mainly for small-scale 
applications (1-250 kW). A small-scale hydrogen plant of 1000 NnrVh 
would correspond to a fuel cell size of approximately 1 MW. A scale- 
down of large-scale hydrogen plant designs as described in Section 2.2 
will not be economic. It is a challenge to reduce piping and instruments 
and to develop integrated units suited for mass production. Micro- 
structured process components such as heat exchangers and new reactor 
concepts are becoming available [282]. 

For small-scale units (about 10-50 kW), for instance providing 
hydrogen for automotive fuel cells, the choice of technology is dictated 
by parameters such as simplicity and quick response to transients. 

The low-temperature fuel cells (PEMFC and PAFC) require pure 
hydrogen, as carbon monoxide is a poison to the platinum anode. A PSA 
unit as used in large-scale hydrogen plants (Figure 2.4) cannot be used at 
the small scale in question, and the final purification is made either by 
methanation (as used in ammonia plants, Section 2.5) or by preferential 
partial oxidation (PROX) of carbon monoxide to carbon dioxide over a 
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noble metal catalyst. A typical process scheme for a PEMFC unit is 
shown in Figure 2.11 with natural gas as feed [62]. The convective (heat 
exchange) reformer is followed by shift and PROX reactors. The anode 
off-gas is used as fuel for the reformer. 



Figure 2.11 PEMFC (J.B. Hansen [62]). Fuel processing system. Reproduced with the 

permission of the author. 


The catalytic process steps may appear trivial, but it is a challenge 
that most units must have simple start-up and shutdown procedures 
allowing exposure of the hot catalysts to air. This has resulted in the 
development of noble metal catalyst for most of the steps. 

The reformer is the key element of the fuel processing system. The 
special requirements have led to new concepts for steam reforming and 
partial oxidation [282] [488]. One example is micro-channel reactors 










Syngas Applications 


99 


(refer to Section 3.3.8) which use catalysed hardware on heat exchange 
surfaces [188] or split heat transfer and reforming reactions [455]. These 
types of fuel processes have been developed for a variety of fuels 
including natural gas [188], diesel [253] and methanol [61] [182], 



Figure 2.12 Efficiency and degree of combustion. Intemal refonning is represented by 
CVCFl4=0, CPO at 0.5, and total combustion by 2. 

A simple CPO process scheme (refer to Section 2.2.5) may be 
preferred due to its compactness. However, in principle the partial 
oxidation route results in smaller efficiency than the steam reforming 
route as illustrated in Figure 2.12. The reaction with oxygen results in an 
additional heat production which is highest for complete combustion and 
not existing for steam reforming. This additional heat production can 
only be converted into electricity with the Camot efficiency. 

2.3.2 Intemal reforming 

With high-temperature fuel cells (SOFC, MCFC), it is possible to 
convert the free energy of methane (or hydrogen and other fuels) directly 
into electric energy with the theoretical voltage expressed by the Faraday 
equation (AG°=-n , FE) where n is the number of electrons participating in 
the electrochemical reaction, E the voltage and f the Faraday constant. It 
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means that the ideal electric efficiency of a fuel cell, T| ide ai, is expressed 
simply by AG°/AH° for the overall combustion reaction [411]. 

The maximum useful work which can be obtained by combustion of 
natural gas is equal to the exergy of methane being 830 kJ/mol (1 bar, 
25°C), as shown in Table 2.3. The LHV is almost the same, 802 kJ/mol, 
since the entropy change is very small. This means that almost as much 
energy can be obtained as heat as would have been obtained as work if 
the process had been carried out reversibly. The subsequent conversion 
of the thermal energy to mechanical energy is limited by the Camot 
efficiency. 

Figure 2.13 shows q ide ai versus temperature for various fuels 
electrochemically converted in the cells [411]. For methane, r| idea i is close 
to 100% and independent of temperature (reflecting that the entropy of 
the combustion reaction is almost zero). r| ideal for hydrogen fuel is less 
than 100% and decreases strongly with temperature (AS°<0). 

For methanol (with AS°>0), q ldca i is above 1 and increases with 
temperature. Flowever, the advantage of using methanol is partly lost 
because methanol is manufactured from natural gas with an efficiency of 
approximately 66% (LTTV) (refer to Section 2.6). 



Figure 2.13 Ideal fuel cell efficiencies for various fuels [411], Reproduced with the 
permission of Royal Soc. Chem. 
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These ideal efficiencies show the upper limits of the practical 
efficiencies using the corresponding fuels. The ideal voltage in the cell is 
calculated from AG°, but this reversible voltage is reduced due to the 
actual activities of the reactants and products in the cell as expressed by 
the Nemst equation, and by the polarisation on the cathode and anode 
and the intemal resistance of the electrolyte when current is drawn from 
the cell. 

The advantage of converting the hydrocarbons in the fiiel cell rather 
than converting the fuel to hydrogen first is evident. If steam reforming 
of natural gas takes place in an extemally fired reformer, there is a loss in 
efficiency because of the high temperature created in the flame, which is 
not utilised fully for work because the waste heat can only be recovered 
via the Camot cycle as shown in Example 2.3. 

This is illustrated in Figure 2.14 showing the exergy changes going 
from methane to electricity directly or via hydrogen [418] [420]. With 
direct intemal reforming, high-temperature fuel cells (SOFC, MCFC) 
may achieve electric system efficiencies of 46-47% [195] [204], whereas 
hydrogen-driven PEMFC are reported to have efficiencies in the range 
28-38% [62], 


4H 2 



1.0 

Heat input by combustion 

Figure 2.14 Fuel cell conversion of methane into electric power [418] [420], 
Exergy changes at ideal conditions, 250°C. By the indirect route, 4FE represents an 
exergy of 1.13, but at the expense of the exergy of CH 4 used as feed + fuel (0.32). 
Reproduced with the permission of Taylor & Francis. 
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It is essential that the reforming reaction is coupled to the 
electrochemical reactions on the anode [123]. If the reforming reaction in 
the MCFC took place outside the anode chamber, but at the same 
temperature (650°C), complete conversion of methane would not be 
possible. The methane conversion at equilibrium would be less than 90% 
at MCFC conditions (but close to 100% at SOFC conditions). Therefore, 
for an MCFC without the coupling, either an extemal reformer with high 
exit temperature or a recycle of non-converted methane is required. 

The intemal reforming can be carried out either as anode chamber 
reforming or as stack heat integrated reforming in the cooling channels 
of the stack. The catalyst may be placed as pellets in the anode chamber 
or in cooling channels, but a more elegant solution is catalysed hardware 
where the surfaces of the anode chamber are covered with a thin layer of 
a reforming catalyst [401]. 

The internal reforming was pioneered by Baker et al. [339] and 
strongly demonstrated by the cell voltage data shown in Figure 2.15. 

The stack performance is almost identical for the operation with gas 
from extemal and intemal reforming, respectively. However, the extemal 
reforming requires fuel for the fired reformer and energy for the cooling 
of the stack by recycle of cathode air. 



Figure 2.15 Stack performance with and without internal reforming. MCFC stack. 

Paetsch et al. [339], 
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The intemal reforming means that the heat produced by the 
electrochemical reactions in the stack can be absorbed by the steam 
reforming reaction [12], This results in a strongly reduced demand for 
extemal cooling by recycling of air to the cathode [402]. 


Example 2.5 

The coupling of the catalytic steam reforming and the electrochemical 
reactions of hydrogen and oxygen at the electrodes takes place as 
follows: 


CH 4 + 2H 2 0<->C0 2 +4H 2 -Q r -AH^ 23 =—188kJ/molCH 4 (a) 

4H 2 +20 2 o4H 2 0 Q c + w e — AH <} 2 3 = 987kj/4molH 2 (b) 

CH 4 +20 2 oC0 2 +2H 2 0 -Qr+Q c +W e — AH 923 — 799 kj / mol CH 4 (c) 

Values for AH° are shown at MCFC conditions at 650°C. In the 
equations We is inserted as the electric energy, Q R as the heat of 
reaction for the steam reforming reaction, and Qc as the 
electrochemically produced heat. 

For full conversion of the reforming reaction the relation between, 
Qr, Qc and We are given by [401]: 

+ AH°(a) = Q r 
-AH°( b)-a = W E +Q C 


where a is the fuel utilisation of hydrogen corresponding to the extent 
of reaction (b). 

In order to maintain the temperature of the cell, the heat required for 
the reforming reaction must be less than the electrochemically produced 
heat: 

Q r <Q c => W E <-AH°(a)-AH°(b)-a 


The maximum fuel cell efficiency, q max , leaving enough heat for the 
reforming reaction is then obtained from: 


Umax — 


Wr 


— AH°(c) 


-AH°(a)-AH°(b)-a 
- AH°(c) 


For a=l, r| m ax = l, since reaction c is obtained by adding reactions a and 
b. For a=0.75, which is a typical design value, r| max =0.69 corresponding 
to a cell voltage of 0.95 V using Faraday’s law. This is well above 
practical MCFC cell voltages and hence, the heat balance is not a 
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limiting factor for an MCFC based on intemal reforming. With a typical 
fuel cell voltage of 0.75 V, a minimum fuel utilisation a=0.46 is 
required to maintain the temperature of the cell [401]. Similar results 
are obtained for an SOFC. 


2.3.3 Process schemes for SOFC 

A process scheme of a natural gas-based SOFC plant is shown in Figure 
2.16 [62]. The fuel processing scheme is simpler than that for the 
PEMFC shown in Figure 2.11. An adiabatic prereformer has been added 
to convert higher hydrocarbons in the natural gas, which might otherwise 
easily be cracked in the preheater (E2) or in the stack leading to coke 
deposits (refer to Chapter 5). The anode off-gas is partly recycled, partly 
combusted for providing heat for preheating. 

A comparison [62] of the PEMFC and SOFC schemes in Figure 2.11 
and Figure 2.16 shows electric efficiencies of 37% and 58%, 
respectively. The main reason for the lower efficiency of the PEMFC is 
that the electrochemical heat is removed by the cooling water. 



Figure 2.16 Process scheme foran SOFC plant (J.B. Hansen [62]). Reproduced with the 

permission of the author. 
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The prereformer is also used in schemes based on liquid 
hydrocarbons (naphtha, diesel). It may also be used for preconversion of 
feedstocks like coal gas, biogas and methanol resulting in a methane-rich 
gas. The methanation reaction provides heat for preheating and the 
methane allows a better temperature control of the stack by intemal 
reforming. For coal gas it was shown [64] that the addition of a 
methanation step results in a relative improvement of the efficiency by 
about 2%. 

2.4 CO rich gases 

2.4.1 Town gas 

Before natural gas became available in Europe in the 1970s, town gas 
was essential. It was originally made in coking ovens, sometimes 
followed by water gas shift to reduce the content of CO [77]. Later low- 
pressure steam reforming units with addition of air were used in different 
cyclic processes using butane or natural gas as feedstock (Otto-CC3P, 
Segas, O.N.I.A. -G.E.G.I, etc. [300]). The introduction of high-pressure 
steam reforming of naphtha led to the installation of a large number of 
big town gas units in the UK and continental Europe. These plants were 
based on three different principles as illustrated in Figure 2.17. 

BGC/ICI 



Figure 2.17 Different routes to town gas (LHV=450 MM BTU). 
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Two schemes (BGC [British Gas Corporation]/ICI [87] [139] and 
Lurgi Recatro [259]) used low-temperature adiabatic reformers 
(precursor for the prereforming technology, refer to Sections 1.2.5 and 
5.3.2) in parallel or in series. 

The Topsøe technology [493] used a single tubular reforming step 
operating at lower steam-to-carbon ratio and reformer exit temperature 
than the two other schemes and thus met the required gas composition 
and heating value. 

2.4.2 Oxogas 

CO-rich gases are used for a number of important petrochemical 
reactions such as oxo-synthesis converting olefins to alcohols and acetic 
acid. The CO content of the syngas is increased by decreasing the atom i c 
ratio H/C in the feed gas. This is achieved at low 1 I 2 0/C, use of naphtha 
instead of natural gas as feedstock, use of partial oxidation, and by 
addition of C0 2 to the feedgas. Most of these measures increase the 
potential for carbon formation (refer to Chapter 5). 

It is well-established that C0 2 can replace H 2 0 in the reforming 
reaction [396] [399] (refer to Section 3.5.4). C0 2 is typically added after 
the prereformer as shown in Figure 1.14. One example is described in 
Example 2.6 below. 


Example 2.6 

A naphtha to be used in a CO-rich syngas plant [510] has the following 
properties: 

PNA distribution: 89/8/3 volume % 

Initial/final boiling point: 36/146°C 
Specific gravity: 0.67 

By use of the method described in Section 1.2.1 the naphtha can be 
represented by a mixture: n-hexane/n-heptane: 30/57%; cyclohexane: 
10% and benzene: 3%. 
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At the following operating conditions: 

P=21 bar 

T exit tubular reformer 950°C 

H 2 0/C=1.8 

CO 2 /C=0.8 

the following product gas (at equilibrium) is obtained (dry vol%): 
H 2 =49.6, CO=34.8, C0 2 =14.7, CH 4 =1.0. 

The calculation is carried out by first converting all higher 
hydrocarbons to CO and H 2 and then using the methods in Example 1.1 
to calculate the mixture equilibrium composition. 


Table 2.6 shows examples of combined steam and C0 2 reforming 
demonstration in a full-size monotube pilot plant (Figure 3.6) or in 
industry [521], The CO production per fired fuel (duty) in the reformer is 
compared. 


Table 2.6 C0 2 reforming of natural gas. Demonstration tests in a full-size monotube 
reformer. Approximate duration: 400 hours [521], Rcferto Figure 2.18. 



A 

B 

C 

D 


Catalyst 

Ni cat 

Ni cat 

Noble 
metal cat 

Ni cat. S 
passivated 

Ni cat. S 
passivated 


Pilot 

Pilot 

Industry 

Pilot 

Industry 

FFO/CH 4 (mol/mol) 

1.38 

1.64 

0.93 

0.70 

0.95 

CO 2 /CFI 4 (mol/mol) 

0.24 

0.80 

0.81 

2.43 

0.65 

Cutici (bar) 

23 

23.5 

23.5 

14.5 

6.3 

T„ u tle, (°C) 

945 

945 

945 

945 

875 

Dry CFI 4 leak (vol%) 

4.8 

2.0 

4.0 

0.6 


H 2 /CO (vol/vol) 

2.6 

1.8 

1.5 

0.72 

1.8 

Relative CO prod./ fired duty 

1.00 

1.22 

1.36 

1.74 
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H/C 



Figure 2.18 Carbon limit diagram. Thermodynamics predict carbon for conditions at the 
exit of the reformer. P= 25.5 bar [403] [415], The dotted lines show combinations of 
H1O/CH4 and CO2/CH4 resulting in the indicated H 2 /CO ratios. There is thermodynamic 
potential for carbon in the equilibrated gas to the left of the curve (based on data for 
whisker carbon (250 nm), refer to Section 5.2). The points A—D refer to process 
conditions listed in Table 2.6. (D is shown irrespective of the lower pressure). 
Reproduced with the pennission of Japan Petroleum Institute. 
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The most efficient examples are those with highest potential for 
carbon formation as illustrated in Figure 2.18 (refer to Section 5.2). This 
is handled by the use of noble metal catalysts or by the sulphur 
passivated reforming process (SPARG) (refer to Section 5.4). 

C0 2 addition to the autothermal reformer was studied in pilot scale 
(100 Nm 3 NG/h). Results are summarised in Table 2.7. It is possible to 
achieve H 2 /CO=l with CO 2 /C=1.0). If more C0 2 is added, it will pass 
unconverted through the ATR reactor [399]. 


Table 2.7 Autothermal reforming tests in a pilot plant [399]. 


Test 

A 

B 

C 

D 

E 

Feed ratio(mol/mol) 

h 2 o/ch 4 

0.60 

0.90 

0.70 

0.69 

0.60 

co 2 /ch 4 

0 . 

0 . 

0.50 

0.78 

1.01 

o 2 /ch 4 

0.64 

0.62 

0.69 

0.73 

0.75 

Product Gas 

Temperature (°C) 

1065 

1000 

1018 

1030 

1028 

Pressure (bar abs) 

24.5 

24.5 

24.5 

24.5 

24.5 

H 2 /CO (mol/mol) 

2.25 

2.47 

1.49 

1.19 

0.99 

CH 4 (dry mol%) 

0.42 

0.90 

0.32 

0.11 

0.11 


The C0 2 conversions in various processes are compared in Table 2.8. 
The net C0 2 conversion is corrected for the C0 2 in the flue gas from the 
tubular reformer. 

Table 2.8 C0 2 conversion in various processes. C0 2 refonning for H 2 /CO=l [399], 


Tubular reforming 



Conventional 

Advanced 

SPARG 

Autothermal 

reforming 

h 2 o/ch 4 

2.8 

2.6 

0.9 

0.6 

co 2 /ch 4 

3.4 

3.0 

1.6 

1.0 

o 2 /ch 4 

0 

0 

0 

0.7 

P (bar abs) 

22 

22 

15 

22 

T C xi, (°C) 

850 

950 

935 

1050 

C0 2 conversion (%) 

27 

39 

60 

32 

Net C0 2 conv. (%) 

5 

12 

20 

23 
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2.4.3 Reducing gas 

Direct reduction of iron ore is an alternative to the conventional steel 
making in a blast fiimace. It involves no melting of the ore and normally 
the iron ore is reduced in gas containing hydrogen and carbon monoxide. 
The total world production by direct reduction in 2006 was 67 million 
tonnes steel [283]. Most plants for direct reduction of iron ore are based 
on natural gas with the reducing gas being manufactured by the 
reforming process. A number of processes have been introduced, which 
are characterised by extensive integration of the reformer and the 
reduction fiimace (Midrex, HYL, Nippon Steel, Purofer, etc.) [371]. This 
operation requires a nearly stoichiometric atomic ratio of oxygen to 
carbon in the reformed feed to ensure maximum reduction potential of 
the gas, which is essential for efficient utilisation of the shaft fiimace. 
For thermodynamic and stoichiometric reasons, the consumption of 
hydrogen and carbon monoxide for the reduction of haematite (F 6203 ) is 
restricted to only about half of the introduced gas. 

Note 

The reduction of iron ore (haematite) proceeds via wiistite [495]: 

Fe 2 0 3 +0.895H 2 <->2.105Fe 0 . 95 O + 0.895H 2 O -AH? 27 = 184.2 kj/mol Fe (2 10) 

Fe 0 . 95 O + H 2 0.95Fe + H 2 O -AH 727 =10kJ/molFe 

The conversion to iron is determined by the thermodynamics of the 
reduction of wiistite. At the temperature of industrial interest, this 
means a H 2 /H 2 0 ratio of at least 2. Below this ratio, metallic iron 
cannot be formed. 

For stoichiometric reasons, the hydrogen consumption for the 
reduction of haematite into wiistite is only about half of the hydrogen 
used for reduction of the wiistite into metallic iron. As a consequence of 
these thermodynamic and stoichiometric restraints, only roughly 50% 
of the hydrogen (1/3+1/2- l/3=l/2) introduced at the bottom of the shaft 
fumace is used for the reduction process, whereas the rest is found - 
diluted with steam - in the top gas [495]. 


In practice, the gas utilisation amounts to 30-40% and this situation 
makes the effective use of the unconverted gas in the effluent (top gas) 
from the shaft fumace decisive for the process economy. Two different 
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principles have been applied to solve the problem (Figure 2.19). The top 
gas is either recycled to the shaft fiimace inlet after removal of product 
water and carbon dioxide or the gas is recycled to the reformer inlet. For 
both Solutions, part of the top gas is used as fiiel for the reformer. 

In the Midrex process (Figure 2.19a) [389] [490], the feed gas is 
converted into a reducing gas at approximately 950°C containing less 
than 5% of the oxidising components, steam and carbon dioxide. The hot 
gas is passed to the shaft fiimace and after passing this, the cooled and 
dust-scrubbed top gas contains 18-20% carbon dioxide. One third of the 
top gas is used with natural gas as fuel in the reformer, whereas the 
remaining two thirds are passed to the reformer inlet after saturation with 
water. The hot flue gas from the reformer is utilised for preheating of 
feed gas and of combustion air. With this scheme, the overall 
consumption of natural gas amounts to less than 11 GJ per tonne of 
sponge iron. Similar energy consumptions are achieved in process 
schemes with recycle of C 02 -scrubbed top gas to the shaft fumace inlet 
[495] (Figure 2.19b). 

(a) (b) 

Topgas Steam 




Figures 2.19a+b Process schemes for direct reduction of iron ore. 

The most economical Solutions avoid condensation of excess water in 
the reformer effluent gas. This operation requires a nearly stoichiometric 
atomic ratio of oxygen to carbon to attain a minimum value (<10%) of 
the so-called oxidation degree, r|. 
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n= 


CO,+H 2 

co + h 2 + co 2 + h 2 o 


■ 100 % 


( 2 . 11 ) 


This requires that the steam reformer is operating at a ratio 
(H 2 0 +C 02 )/CH 4 close to one, which means high risk of carbon 
formation (refer to Section 5.2). One solution is the use of sulphur 
passivated reforming allowing both schemes in Figure 2.19 to operate 
close to or beyond thermodynamic carbon limits (refer to Section 5.5). 

There may be a risk in designing plants too highly integrated. The 
improved economy is paid for by higher sensitivity towards upsets. 
Operating problems in one part of the plant can result in serious 
consequences for the rest of the plant. Reformer autonomy cannot be 
achieved in a flow scheme such as Figure 2.19a, since any disturbance in 
the shaft fumace operation is transferred to the reformer. Today direct 
reduction plants may be based on an efficient hydrogen plant. The energy 
consumption may be higher, but the plant is much simpler (and cheaper). 


2.5 Ammonia 


For ammonia, the natural gas consumption is decisive for the production 
costs. The energy consumption of ammonia production has decreased 
over the years. A first significant step was the introduction of high- 
pressure steam reforming at 30-40 bar [87], which meant less work for 
compression of the syngas to the synthesis pressure (150-250 bar). The 
energy consumption was decreased by integration of the steam turbine 
cycle and by the application of hetter catalysts [494]. This resulted in an 
increase in the energy efficiency as shown in Figure 2.20. Still, the 
synthesis catalyst is not far from the promoted iron catalyst optimised by 
Mittasch for the Haber-Bosch synthesis [320], although several attempts 
[256] have been made to fmd a catalyst closer to the optimum activity 
predicted by density functional theory (DFT) analysis [255]. 

Today, the energy consumption for a natural gas-based plant is close 
to 28 GJ/t NH 3 liq. Energy consumption as low as 27.2 GJ/t NH 3 liq. has 
been reported [169], Typical capacities for a new plant may be in the 
range of 2000-3500 MTPD. 
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1960 1980 2000 


Year 

Figure 2.20 Energy efficiency for ammonia synthesis. 
A typical ammonia plant is shown in Figure 2.21. 



Figure 2.21 Typical natural gas-based ammonia plant. Two lines of 1000 t/d 

(Thal, India). 
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The process involves eight catalytic steps including desulphurisation 
of the feed as illustrated in Figure 2.22. 


Desulphurisation Reforming Shift 


Process steam 



Figure 2.22 Flow sheet of typical natural gas-based ammonia plant. 


Synthesis gas for (H 2 /N2=3) [169] is manufactured by adding nitrogen 
with air in a second reforming step in which oxygen reacts with non- 
converted methane from the primary reformer. The secondary reformer 
resembles the ATR reactor (Section 1.3.2), but operates at milder 
conditions. 

Carbon monoxide is converted in high-temperature shift and low- 
temperature shift reactions, and after removal of CO 2 by wash and 
remaining CO and C0 2 by methanation, the syngas is fed to the ammonia 
synthesis loop. The ammonia is recovered as liquid ammonia in a chiller 
system driven by ammonia. The C0 2 is often utilised for reaction with 
ammonia to urea. 

A prereformer (refer to Section 1.2.5) may be added to reduce the 
load on the tubular reformer. Fligh preheat temperatures are used in such 
a way that the heat available in the waste heat section of the primary 
reformer is recovered down to a low temperature for preheat of natural 
gas, reformer feed, process air, and combustion air. Fleat downstream of 
the reforming section and the shift section is recovered for production of 
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high-pressure steam. All heat down to temperatures less than 100°C - 
except for the heat used in the reboiler in the C0 2 -removal unit - is used 
for high-pressure steam production [395]. Table 2.9 shows typical 
operating parameters for the catalytic reactors. 


Table 2.9 Natural gas for syngas-based ammonia synthesis. Typical operating parameters 

for catalytic reactors. 



Catalyst 

P 

A exit 

(bar) 

T 

A exit 

(°C) 

H,0/C 

Air/C 

Dry exit gas 

HDS 

Ni(Co)/Mo/Al 2 0 3 


400 




ZnO 

ZnO 


385 



<10 ppb H 2 S 

Prim. reform. 

Ni/support 


810 

3.0 


12% CH 4 

Sec. refonner 

Ni/support 

37 

1000 


1.4 

0.4% CH 4 

HTS 

Fe/Cr/Al 


430 



3.2% CO 

LTS 

Cu/Zn/Al 


225 



0.2% CO 

Methanation 

Ni/support 


320 



<10 ppm CO 
+ C0 2 

NH 3 synthesis 

Fe. K. Ca, Al 

190 

460 



19.6% NH 3 


The high efficiency of an ammonia plant is paid for by a large 
exchange of energy in the steam reformer and heat recovery units with 
large heat-exchange surfaces. This is evident from an exergy analysis 
(Section 2.1.3). Table 2.10 shows the principal main exergy losses from 
an ammonia plant compared with the enthalpy changes [169]. 

Generally, the sizes of the enthalpy and exergy are comparable to 
each other, but the reformer shows a large loss of exergy because of the 
creation of hot flue gas in the combustion process. This is compensated 
for by very low losses in the turbines and compressors using the high- 
pressure steam recovered from the waste heat. 

An ammonia plant is optimised for maximum use of the waste heat, 
but this is linked to the application of steam turbines and based on the 
assumption of autonomy of the plant. 
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Table 2.10 Enthalpy and exergy analysis of an ammonia plant. I. Dybkjær [169]. 



Enthalpy (kj/kg NH 3 liq) 

Exergy (kj/kg NH 3 liq) 

Total consumption (feed + fuel) 

29.4 

30.7 

Losses: 



Reforming 

0.4 

4.9 

Steam generation 

0.3 

2.4 

Turbines/compressors 

6.5 

0.5 

Other process steps 

9.9 

2.3 

Energy in NH 3 product 

17.1 

20.1 

Total losses 

27.6 

32.4 

Efficiency (%) 

58 

66 


A typical conventional ammonia plant (1500 t/d) has steam turbines 
with a power output of 35 MW. The syngas compressor and the 
ammonia compressor in the chiller system are the largest consumers. 
There is a flat minimum of compressor power at a synthesis pressure of 
approximately 150 bar [169]. 

The steam turbines typically operate at an efficiency of the steam 
cycle slightly above 30%. One might consider taking advantage of the 
higher efficiency (45-48%) of modem air derivative gas turbines by 
integrating the ammonia plant with a power plant operating with steam 
turbines [406]. However, there is rarely a need for more electric power at 
locations where cheap natural gas is available. 

In view of the loss of exergy from the combustion in the reformer 
fiimace, it is tempting to utilise the heat of the process gas from the 
secondary reformer as heat source for the primary reforming step in a 
convective reformer [395]. The amount of heat available downstream of 
the secondary reformer at temperatures above 450°C corresponds to 
about 60% of the duty required for primary reforming. If convective 
reforming is introduced in parallel with the tubular reformer without any 
changes in operating parameters on the process side, the size of the 
tubular reformer can be reduced to about 40%. However, the introduction 
of a convective reformer will cause less production of high-pressure 
steam. If the secondary reformer is operated with an excess of process air 
(about 50% above the stoichiometric amount), or if the process air is 
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enriched to an O 2 content of about 30%, then the sensible heat in the 
product gas from the secondary reformer is sufficient for the primary 
conversion of natural gas in a convective reformer [395], meaning that 
the fired reformer can be eliminated. Such schemes require, however, 
extra installations, either for production of enriched air or for removal of 
excess N 2 from the synthesis gas, and they suffer of course also from the 
reduced efficiency of the steam production described above. 

2.6 Methanol and synfuels 

2.6.1 Methanol as intermediate 

Methanol is a key intermediate for a number of important petrochemicals 
and synthesis fuels as illustrated in Figure 2.23. 

CO - 


MeOH 


Acetic acid 
(Dimethyl carbonate) 
Formaldehyde 

DME 

Olefins 

Gasoline 

Biodiesel 

MTBE 


iC 4 fatty oils 


Figure 2.23 Methanol is a key intermediate. 
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Methanol as an energy carrier and motor fuel has been discussed for 
decades [144] [194] [420], lately as fuel for fuel cells. Methanol may 
play an increasing role for synfuels alone, via dimethylether directly or 
via zeolites to gasoline or as an agent for trans-esterfication of fatty oils 
into biodiesel. 

So far, methanol has been used primarily for petrochemical purposes 
giving a higher A P (rcfcr to Section 1.1). Methanol is converted directly 
into formaldehyde. It is used as a reactant with CO for acetic acid and 
potentially for methyl formate and dimethyl carbonate [338], which 
might be used as a gasoline additive. Methanol is also an active 
alkylation agent in reactions with aromatics. It is one of the reactants for 
MTBE banned in many countries. 

Dimethylether (DME) can easily be made from methanol by 
dehydration [527] [529] or in an integrated methanoEDME synthesis 
[170] (see below) (refer to Section 2.6.4) and it may play a role in the 
energy sector as a replacement for LNG for gas turbines or for LPG as 
domestic fuel. DME can also be used as a pollution-ffee diesel substitute 
in existing diesel engines. This would, however, require a special 
infrastructure for supply of DME. 

Gasoline can be made via DME in the MTG process [531] or in an 
integrated methanol/DME/gasoline loop in the TIGAS process [492] 
(refer to Section 2.6.4). 

The methanol-based routes are made feasible by low methanol costs. 
Again, the economy of scale and low gas prices are decisive factors as 
illustrated in Figure 1.23. Today, natural gas-based plants are running at 
capacities of 5000 t/d and being designed for capacities of 10000 t/d [3]. 

If such units are built, there may be potential for an integration with 
GTL plants. 

2.6.2 Methanol plant 

Since 1970 the methanol synthesis has been based almost exclusively on 
a Cu/Zn 02 /Al 2 03 catalyst [65]. A natural gas-based methanol plant 
consists of three parts: syngas preparation, synthesis and distillation. The 
syngas part typically represents about 60% of the investments. 
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The synthesis gas for methanol should ideally have the same 
stoichiometry as the final product. This is expressed by the module 
M=(H2-C0 2 )/(C0+C0 2 ) which should be close to 2 as shown in Table 
1 . 6 . 


Note 

The expression for M is derived from simple stoichiometric 
calculations. 

CO + 2H, =CH 3 OH 

C0 2 +H 2 =C0 + H 2 0 (2.12) 

b c a 


With initial amounts: a, b, and c, for CO, C0 2 and H 2 , respectively. 
The amounts of CO and H 2 after full reverse shift are a+b and c-b, 
respectively, so that the final ratio H 2 /CO is: 


M = 


h 2 -co 2 

co+co 2 


(2.13) 


M>2 means too much, whereas M<2 means too little hydrogen in the 
syngas. It is preferred to operate the synthesis slightly above 2 as a 
module slightly below 2 easily results in side products (higher alcohols). 
Steam reforming of natural gas results in M close to 3 resulting in a 
surplus of hydrogen, which is recycled to the tubular reformer as fuel. 

Combined steam and C0 2 reforming can meet the correct 
stoichiometry. The reaction 

0.75CH 4 +0.25CO 2 +0.5H 2 O <-»CO + 2H 2 - 0 CH 3 OH (2.14) 

forms the basis for a 3,000 MTPD methanol plant in Iran [240]. Liquid 
hydrocarbons have a lower H/C ratio than CH 4 , meaning that less C0 2 is 
needed to meet the module M=2. The feasibility of C0 2 reforming 
depends strongly on the price (and pressure) of the C0 2 source. Many 
natural gas resources as well as biogas contain large quantities of C0 2 . 

Figure 2.24 shows the H 2 /CO ratio and the module M obtained from 
lean natural gas by autothermal reforming (ATR) as a function of the 
steam-to-carbon ratio (S/C) and the exit temperature. Although certain 
adjustments are possible, direct production by ATR of a gas with a 
module M=2 is impossible. Such gases are best produced by a 
combination of steam reforming and oxygen fired autothermal reforming 
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or, for very large capacities, by ATR followed by adjustment of the gas 
composition by addition of H 2 and/or removal of C0 2 . 



Figure 2.24 Module M and H 2 /CO in raw gas from ATR. T.S. Christensen et al. [111]. 

Reproduced with the permission of the author and Elsevier. 

For natural gas-based plants, the choice of technology depends on the 
scale of operation (refer to Section 1.3.5). For the present world-scale 
plants (3-5000 t/d), a hybrid solution, two-step reforming, is the most 
economic solution. 


Note 

This may be implemented in two ways [4], as shown in Figure 2.25, 
with the tubular reformer and the ATR either in series or in parallel. In 
both schemes, the conditions can be selected so the gas has a module M 
of about 2. For the same overall conditions, the gas compositions and 
temperature exit the ATR reactor should be identical. The main role for 
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the fired tubular reformer is to provide heat to the process streams. 
From thermodynamic considerations, the heat input and hence the size 
of the tubular reformers will be the same in the two cases independent 
of the flows. However, for the series scheme, it means a lower reformer 
exit temperature (and tube-wall temperatures). In the parallel scheme, 
the lower flow through the reformer means a higher exit temperature 
and a more expensive reformer. The mixing of the hot exit gas and cold 
by-pass gas may create problems. 


h 2 o/ch 4 



o 2 



Figure 2.25 Two-step reforming. 


A two-step reforming plant is shown in Figure 2.26 and typical 
conditions for two-step reforming methanol plants are shown in Table 
2 . 11 . 


Table 2.11 Natural gas-based methanol plant. Two-step reforming (series). Typical 
conditions for catalytic reaction. 



Cat 

Pexit(bar) 

T exi t(°C) 

h 2 o/c 

o 2 /c 

Exit gas, dry 

HDS/ZnO 

Co/Mo/ 

A1 i():/ll( ) 


360 




Prerefonner 

Ni/Support 


460 

1 .5-2.0 


70-80% CH 4 

Tubular 

refonner 

Ni/Support 


700-750 

1 .5-2.0 


25-40% CH 4 

ATR 

refonner 

Ni/Support 

25-35 

1000 


0.35-0.5 

0.6-1.0%CH 4 

Synthesis 

Cu/Zn/Al 

75-90 

240-260 



M=2.05 (in) 
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Figure 2.26 Synthesis gas plant of a 2,500 MTPD methanol plant with two-step 
reforming + prereforming, Statoil, Tjeldbergodden. The prereformer vessel is shown to 
the right. The ATR refonner is to the left of the reformer fumace. 


As discussed for ammonia (Section 2.5), the fired steam reformer in 
the two-step process might be replaced by a convective reformer heated 
by the hot syngas from the autothermal (secondary) reformer. In contrast 
to what is the case for ammonia plants, the heat of the ATR exit gas 
matches the heat required for the primary reforming [395] [479]. 

In the future very large (10000 t/d) methanol plants may be based on 
ATR alone. The ATR route is compared with the two-step reforming 
process in Table 2.12 [4]. 


Table 2.12 Comparison of two-step refonning and ATR [4], 


Technology 

Two-step 

ATR 

Single line capacity (rei.) 

75 

100 

Oxygen consumption (rei.) 

76 

100 

Reforming and preheat duty* (rei.) 

264 

100 

Loop carbon efficiency (%) 

95.0 

90.5 

Loop hydrogen efficiency (%) 

81.7 

92.2 


* including preheat and refonner tubes 
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The maximum single line capacity is largest for ATR, whereas the 
oxygen consumption is lower for the two-step route. The ATR route 
yields a more reactive syngas with a higher C0/C0 2 at a lower overall 
steam-to-carbon ratio [4], 

The maximum size of a single line natural gas-based methanol plant 
is limited by the volumetric flow exit the autothermal reformer [4], 
Therefore, the ATR should operate at a low steam-to-carbon ratio, which 
results in lower flow and higher C0/C0 2 ratio. This means a more 
reactive syngas resulting in less recycling in the methanol synthesis. A 
high C0/C0 2 ratio may result in higher yields of by-products, which 
makes the distillation section more expensive. This is of less importance 
for fuel methanol. 

2.6.3 Methanol via gasification 

A high C0/C0 2 ratio is also characteristic of the syngas for methanol 
plants based on gasification of coal (petcoke, biomass, etc.) as illustrated 
in Table 2.13. 


Table 2.13 Typical syngas characteristics of a methanol plant. 


Feedstock 

Technology 

M 

co/co 2 

Natural gas 

Steam refonning 

3.0 

2.8 

Natural gas 

Two-step reforming 

2.05 

3.6 

Natural gas 

ATR 

2.00 

15.5 

Coal 

Gasification 

2.05 

10.1 

Biomass 

Gasification 

1.9 

6.1 



Figure 2.27 Process diagram for a coal-based MeOH plant. 
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The syngas is made by gasification and gas treatment adjusting to 
M=2 as shown in Figure 2.27. In order to split H 2 S and C0 2 removal, a 
physical wash system (Rectisol, Selexol) is preferred (refer to Section 
1.5.3). 

2.6.4 Combined syntheses and co-production 

Instead of using methanol as an intermediate, it can be advantageous to 
combine methanol synthesis with synthesis of the final product in a 
single process loop. One example is the methanol to gasoline process 
(MTG). In the MTG process, the conversion of syngas to gasoline is 
carried out in two separate steps with condensation and reevaporation of 
methanol [531] (Figure 2.28). Each process step requires a recycle 
stream: the methanol synthesis because of thermodynamic limitations, 
and the MTG process to control the temperature rise. 

MTG 



TIGAS 




^ 3 - 



Topsøe 



gasoline 

Synthesis 

process 


Raw 

methanol 

Purge 


gas 


Gasoline 


Water 


Water 


Figure 2.28 MTG and TIGAS, process diagrams. 


In the TIGAS process [492] [261] the two loops are combined (Figure 
2.28), resulting in a simpler and cheaper process layout. The two process 
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steps are carried out at the same pressure. By using a combined 
MeOH/DME synthesis, the thermodynamics is more favourable, which 
can be utilised to achieve a given syngas conversion at lower pressure. 
This effect is more pronounced when using syngas from coal [491]. As 
DME is the intermediate for gasoline, the H 2 /CO ratio can be pushed to 1 
according to the reactions in Table 2.14: 


Table 2.14 Reactions to DME. 


Reaction 


A TJO ^ 

AhL 2 98 

mol 

R35 

3CO + 3H 2 (CH 3 ) 2 O + C0 2 

246 

R36 

2CO + 4H 2 •o2CH 3 OH 

181 

R37 

2CH 3 OH (CH 3 ), O + H 2 0 

23 



Figure 2.29 DME from syngas. Thermodynamic equilibrium and EE/CO. 
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Reaction R36 in Table 2.14 requires steam addition to adjust to 
H 2 /CO=2 with a resulting energy loss by condensation of steam. The 
adjustment of H 2 /CO=l for the TIGAS process can be achieved by 
adding steam directly to the MeOH/DME synthesis. As shown in Figure 
2.29, H 2 /CO=l (Reaction R35 in Table 2.14) represents the optimum for 
DME production thermodynamically. 

Similar considerations can be made for an integrated synthesis for 
DME production [170] and for integrated synthesis of acetic acid [406]. 
The cost savings in the synthesis loops should be compared with 
increased costs for separation of the products in a diluted product gas. 

Methanol can be produced as co-product in the ammonia synthesis 
[239] [406]. The CO and C0 2 for the methanol synthesis is obtained by a 
partial bypass of the shift converters and the C0 2 wash. The methanol 
synthesis takes place in an adiabatic reactor or a simple once-through 
boiling water reactor and the unconverted syngas is passed through a 
methanator back to the ammonia synthesis loop. 

This principle of cheap bypass production of methanol (and other 
products) in once-through synthesis is being considered for IGCC power 
plants as illustrated in Figure 2.30 [297] [318] [397] [428]. 



Synfuels MeOH Power Hydrogen SNG 

(F-T diesel) DME 


Figure 2.30 Co-production power/chemicals. 
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When using once-through synthesis and buming the non-converted 
gas in the gas turbine, it is possible to save the energy consumption used 
to recycle non-converted syngas in a conventional methanol plant. The 
key parameter is the conversion per pass which, as outlined above, can 
be increased with the combined MeOH/DME synthesis, by a condensing 
methanol synthesis [60], or by gasoline production via the TIGAS 
process [428]. The co-production can be balanced with the load of the 
power production, thus leaving the coal gasifiers operating at constant 
load. 

The combined methanol/dimethylether synthesis pushes the 
equilibrium to higher once-through conversion as illustrated in Tab le 
2.15. 


Table 2.15 IGCC and once-through synthesis. (Shell gasifier) [418], 



Gas composition (vol%) 




h 2 

O 

o 

o 

o 

H 2 0 

Inerts 

Pressure (bar g) 33 

29.7 

56.4 1.4 

7.0 

5.5 

Pressure (bar g) 58 

28.0 

53.3 1.5 

8.0 

10.2 



Conversion of CO + H 2 % 




33 (bar g) 

58 (bar g) 


Methanol 


18.6 

31.6 


Methanol/DME 


69.0 

76.0 


Gasoline/TIGAS 


69.0 

76.0 



2.6.5 Fischer-Tropsch synthesis 

The manufacture of synfuels via syngas was applied in Germany during 
World War II with nine plants based on Fischer-Tropsch synthesis with 
a total capacity amounting to 700,000 tonnes per year (approximately 
7000 bpd) [165]. The syngas was made by coal gasification. The original 
FT units in South Africa were also based on coal gasification using Lurgi 
dry ash gasifiers because of the high ash content of the coal. The Sasol 
plants mainly apply the high-temperature FT synthesis meaning that the 
syngas is converted to a wide spectrum of Chemicals and fuels. The 
methane from the gasifier (refer to Table 1.17) and from the FT synthesis 
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is converted to more syngas by autothermal reforming. The optimum 
syngas composition for the high-temperature FT synthesis is as for the 
methanol synthesis using a module M=2. 

The low-temperature FT synthesis over promoted cobalt catalyst 
leads to the formation of paraffmic wax, which is converted into high 
quality diesel by mild hydrocracking as shown in the simplified process 
diagram in Figure 2.31 [257]. Today, there is an interest in building 
large-scale FT units based on conversion of natural gas to liquid products 
(GTL). This offers a solution for validation of “stranded natural gas”, as 
the liquid fuels can be moved readily around the world to the markets 
where they are most needed [193]. As an alternative, projects involving 
liquified natural gas (LNG) may be more competitive if large quantities 
of gas are available. 


Flue gas 

f Tail gas recycle 



Off-gas for fuel 

Figure 2.31 Flow scheme for natural gas- based low-temperature 
Fischer—Tropsch synthesis [409], Reproduced with the permission of ACS. 


Figure 2.32 shows a 34,000 bpd FT plant in Qatar, where an even 
larger plant (120,000 bpd) is being built by Shell [91]. 

Figure 2.33 shows a photo of the ATR reactor in one of the process 
lines of the GTL plant shown in Figure 2.32. 
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Figure 2.32 Oryx GTL plant in Qatar, 34,000 bpd FT diesel. Oxygen plant: Air Products; 
Syngas: Topsøe; FT synthesis: Sasol; Hydrocracking: Chevron. The plant is designed in 
two lines (17,000 bpd). Reproduced with the permission of Oryx GTL. 



Figure 2.33 ATR reformer for a 17,000 bpd FT line (Oryx plant, Qatar) [332]. The 
reactor to the left is the prerefonner. Reproduced with the permission of BC Insight. 
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A GTL unit based on natural gas consists of three parts as shown in 
Figure 2.31: syngas preparation, FT synthesis and product upgrading 
(hydrocracking of wax). Oxygen blown autothermal reforming (ATR) is 
the preferred choice for the syngas manufacture [34], which amounts to 
approximately 2/3 of the plant investments, with the air separation unit 
responsible for approximately 50% [172]. This means that the oxygen 
consumption (tonnes CF/tonne FT product) is a key parameter. 

The size of the syngas plant is directly related to the carbon efficiency 
of the FT synthesis. Non-converted syngas and light synthesis products 
may be recycled to the syngas unit or used as fuel as illustrated in Figure 
2.31. Both situations mean a larger syngas unit per tonne of FT product. 
Flence, it is important that the syngas composition is tuned (adjusted) for 
maximum conversion per pass in the FT synthesis. The desirable 
composition of the syngas for the low-temperature Fischer-Tropsch 
corresponds to a ratio of H 2 /CO~2. 

CO is the only reactant for the low-temperature FT synthesis for wax 
and diesel and the cobalt catalyst is not active for shift reaction. It means 
that the syngas should have a minimum content of CO 2 , which remains 
inert in the FT synthesis and hence represents a carbon (oxygen) loss. 
This is different from the high-temperature FT synthesis and the 
methanol synthesis for which the catalyst is active for shift reaction. CO 2 
is normally retumed to the syngas plant as shown in Figure 2.31. 

Direct production of a gas with Ff>/CO=2 is achieved by ATR only at 
very low FFO/C ratio and high exit temperature (this may involve a risk 
of soot formation) as illustrated in Figure 2.24. At higher 1FO/C ratio, 
the value of 2 is best obtained by partial recycle of C0 2 or C 02 -rich tail 
gas (Figure 2.31). It may be combined with removal of FF from the 
syngas. This could be an attractive way of producing FF for the 
hydrocracking of FT wax to diesel. The POX processes result in a H 2 /CO 
below that of ATR and hence a separate hydrogen steam reforming plant 
is added to meet the FF/CO ratio [233]. 

A process diagram for an ATR-based syngas unit for a natural gas- 
based FT plant is shown in Figure 2.34. The process heat is recovered in 
boilers resulting in surplus steam in the plant. By replacing the boilers 
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with a convective reformer as shown in Figure 2.35, the process heat of 
the exit gas from the autothermal reformer is used for steam reforming 
(chemical recuperation) and for preheating the feed gas to the 
autothermal reactor [34] [427]. This saves large fired preheaters and 
reduces the oxygen consumption. The convective reformer (F1TER) can 
be in series or in parallel to the autothermal reformer [34]. The data in 
Figure 2.35 show that a parallel convective reformer results in higher 
capacity for less oxygen consumption and steam export [34] [427]. The 
use of this principle of “chemical recuperation” [427] may involve 
cooling down of the process gas through a temperature range with 
potential for carbon formation from CO and attack from metal dusting 
corrosion (refer to Section 5.2.2). 

S-Removal Fired Autothermal Steam 

Pre- heater reformer production 



Figure 2.34 Syngas for GTL. Natural gas is desulphurised and after addition of steam, the 
process gas is passed through an adiabatic prereformer (converting higher hydrocarbons) 
and a fired preheater. Oxygen is added to the burner of the autothennal reformer and the 
process heat is recovered in a boiler producing steam. Bakkerud et al. [34], Reproduced 
with the permission of Elsevier. 

Figure 2.36 shows a convective reformer being installed in an FT 
plant in South Africa. 
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Before 

inst. of HTER 
CH 4 rich gas 


After 

inst. of HTER 


CH 4 rich gas 




CH 4 rich gas: 100 
Productgas: 100 

02-consump.: 100 

Steam product: 100 


CH 4 rich gas: 
Product gas: 
02-consump.: 
Steam product: 


133 

134 
80 
54 


Figure 2.35 Syngas for GTL. Gas heated reforming (HTER) in combination with 
autothermal reforming. Bakkeud et al. [34]. Reproduced with the permission of Elsevier. 



Figure 2.36 Installation of a convective reformer at an FT plant. 
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At present, FT units are built with a carbon yield to CT products of 
~75% [477] corresponding to a CO 2 emission of 1.1 tonnes/tonne C 5 + 
product and a thermal efficiency of approximately 65% [193]. The diesel 
product is sulphur-free and has a high cetane number (70+). This makes 
the GTL plant economically feasible at oil prices above 25-40 USD/b 
depending on location and gas price. There may be room for 
improvement of the thermal efficiency, for instance by adding gas heated 
reforming for heat recovery as illustrated in Figure 2.35. 

The methanol synthesis has a higher thermal efficiency 
(approximately 72%) [420] than the FT synthesis. CO 2 is a reactant in the 
synthesis which gives room for a high carbon efficiency and less 
constraints on the syngas unit. 


Oxygen 

Steam 


Wood, chips 



Figure 2.37 Biomass to Fischer—Tropsch synthesis. Adapted from K. Salso, Andritz. 

[437], 
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It may be argued that energy efficiency is of less importance when 
natural gas is cheap, but high energy efficiency means small feed pretreat 
units and reduced requirements for Utilities and hence less investments. 
Moreover, high efficiency means less CO 2 production. Therefore, it is 
important that the syngas composition is tuned (or adjusted for maximum 
conversion per pass) in the FT synthesis. 

There is an increasing interest in coupling gasification of biomass to 
the FT synthesis. One example is the process diagram shown in Figure 
2.37. The tar is removed by reforming before gas cleaning, water gas 
shift and CO 2 /H 2 S wash in a coal-based plant. 

2.6.6 SNG 

Synthetic natural gas or substitute natural gas (SNG) can be 
manufactured by the methanation reaction [219] [423]. Reactions are 
seen in Table 2.16. 


Table 2.16 Methanation reactions. 


Reaction 


-ah^ 98 

kJ 

mol 

R38 

CO + 3H, <->CH 4 + H,0 

206 


R39 

C0 2 + 4H, <-»CH 4 + 2H,0 

165 


R40 

2CO + 2H 2 <-> CH 4 +C0 2 

247 



For many years, methanation has been used as the final clean-up step 
in preparing synthesis gas for the ammonia synthesis (Section 2.5) and 
lately as one solution for cleaning hydrogen for PEM fuel cells. 

During the energy crisis in the 1970s, methanation of synthesis gas 
from naphtha [84] and later from coal [219] [448] was considered for 
manufacture of SNG. Only a few industrial plants were built because 
energy prices stabilised at a relatively low level during the 1980s. Today, 
coal conversion is in focus in the light of the limited oil resources and the 
wish for security of energy supply. At locations with diminishing 
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resources of natural gas, the manufacture of SNG from coal or biomass 
may become feasible [504]. 

The methanation reactions are the reverse of the reactions for steam 
reforming. Nickel and other Group VIII metals are active. Both CO 2 and 
CO are converted, meaning that the syngas should have a module M=3 
(refer to Table 1.6). 

The heat of Reaction R38 in Table 2.16 is high and amounts to 20% 
of the heating value of the syngas (H 2 /CO=3) and much larger 
temperature increases are observed in SNG processes than during 
methanation for clean-up purposes. Consequently, the heat recovery is a 
key element of an industrial process. It is a challenge to achieve 
equilibration of the exothermic process at low temperature, while the 
heat is recovered at high temperature to provide useful energy 
(superheated steam). In thermodynamic terms, this means minimising the 
exergy loss. 

A syngas of H 2 /CO=3 at 30 bar would result in an adiabatic 
temperature increase to 923°C with an inlet temperature of 300°C [219]. 
However, the high temperatures will require expensive construction 
materials for reactors and heat exchangers followed by a series of 
reactors for final methanation. Moreover, at typical conditions, there is 
thermodynamic potential for carbon formation at high temperatures. 

Another solution is to dilute the syngas by recycling product gas, thus 
reducing the temperature increase to what can be handled by a 
methanation catalyst [219] [423]. The higher the temperature increase, 
the lower the recycle ratio and sizes of equipment and compressor. 

This formed the basis for a high-temperature methanation process 
(TREMP) [423], which was studied extensively in the ADAM-EVA 
project around 1980. The reaction heat was recovered as superheated 
steam. Figure 2.38 shows a process diagram of typical temperature 
profiles. The temperature increased from 300 to approximately 650°C 
over the first reactor followed by two clean-up reactors. 

The operation means catalyst sintering at high temperatures and 
exposure to high partial pressures of carbon monoxides at low 
temperatures. It is evident that the catalyst must maintain activity at low 
temperature after having been exposed to high temperatures. 
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Figure 2.38 TREMP process for SNG. Process diagram with three methanation reactors 
and corresponding temperature profiles [219], 


The high heat of reaction means that high conversions are achieved 
even at pressures around 10 bar in contrast to ammonia and methanol 
synthesis. Figure 2.39 shows the isothermal conversion to methane, 
DME and methanol at pressures equal to 10 and 50 bar. In all cases the 
conversion decreases strongly with temperature, but at usual reactor 
outlet temperatures the conversion to methane is still large. This may be 
an advantage for once-through conversion in co-production schemes for 
IGCC plants (refer to Section 2.6.4) and for low-pressure gasifiers for 
biomass. 

As for the combined MeOFl/DME synthesis, it is possible to carry out 
the methanation reaction at FE/CO=l according to Reaction R40 in Table 
2.16. This is not possible over a nickel (or other Group VIII metals) 
because of a big potential for carbon formation (refer to Chapter 5). 
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However, it has been demonstrated on sulphide catalysts [236] [467], 
which are related to sour shift catalysts (refer to Section 1.5.2). 



Figure 2.39 Equilibrium conversion to methanol, DME and methane as a function of 
temperature and discrete values of pressures: 10 and 50 bar. Feed: methanation: 
H 2 /CO=3, methanol and methanol/DME: H 2 /CO=2. 



Syngas —► H 2 


A4ethanat' 0 ° 

Figure 2.40 The synfuel cycle [426], Reproduced with the permission of Elsevier. 
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The reforming and gasification reactions described in Chapter 1 and 
the synfuel syntheses described in Section 2.6.5 are interlinked in what 
can be termed the synfuel cycle [413] [415] illustrated in Figure 2.40. 
Depending on the economic situation, various routes have been feasible. 
This demonstrates the flexibility created by syngas. 

2.7 Chemical recuperation 

Chemical recuperation of high-temperature heat is an alternative to 
raising steam [427]. In ammonia plants the steam is used to drive the 
syngas compressor (refer to Section 2.5), but as discussed for hydrogen 
plants (refer to Section 2.2) and GTL plants at remote locations (refer to 
Section 2.6.5) there may be no need for the steam, and recuperation of 
the heat of the hot process gas in a heat exchange reformer may be an 
option (as illustrated in Figure 2.35 and Figure 2.36). 

Process schemes have been developed to utilise high-temperature 
heat for energy transport systems (Chemical Energy Transmission 
Systems - CETS). The steam reforming reaction fulfils the criteria of 
reversibility, high heat of reaction, and temperature level of the forward 
and backward reaction (methanation, refer to Section 2.6.6). This was the 
basis for the German ADAM-EVA system [189] [285], in which the hot 
helium (950°C, 40 bar) from a high-temperature nuclear reactor was used 
as heating source for a convective reformer (EVA) converting methane 
(natural gas) into syngas. The syngas was meant to be transported over 
long distances and converted into superheated high-pressure steam by 
high-temperature methanation (ADAM) as demonstrated by the TREMP 
process (refer to Section 2.6.6). 

Similar schemes are being considered for transport of energy from 
concentrated solar energy plants [44] [155]. It is possible to achieve solar 
fluxes at 1000 kW/m 2 at 1000°C, which is far above the fluxes in 
conventional tubular reformers of 100 kW/m 2 (refer to Sections 1.2.2 and 
3.2.2). One solution has been to separate the reforming reaction from the 
solar receiver by having a separate loop of a heat transfer media (as 
helium for the nuclear reactor). This was studied at first in a sodium heat 
pipe reformer [363]. However, reactors for direct absoiption of the solar 
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heat have since been developed [154] [234] [524], The use of CO 2 
reforming may represent an advantage [368] by avoiding a steam cycle 
and condensation of steam in the pipelines during load variations. CO 2 
reforming may be carried out with noble metal catalysts [368] (refer to 
Sections 2.4.2 and 3.5.4), but in a closed C02-reforming/methanation 
loop the addition of steam may be required to eliminate carbon formation 
in the methanation step (refer to Chapter 5), which results in reduced 
efficiency of the loop [185]. To overcome some of the potential 
difficulties when applying CO 2 or steam reforming loops for the very 
transient operation of a solar plant, other attempts have dealt with using 
ammonia decomposition/synthesis [306]. However, the heat of reaction 
is smaller and there appears to be an inherent loss of energy via the 
condensation and re-evaporation of ammonia. 

Schemes have been developed for chemical recuperation of the 
exhaust heat from gas turbines for large-scale power production [318] 
[402]. The combustion temperature for gas turbines is normally 
controlled by operating with surplus air, but dilution represents an exergy 
loss or a decrease in the maximum achievable efficiency. One way of 
solving the problem [402] is to use the exhaust heat from the gas turbine 
to convert the methane feed by the steam reforming reaction in a heat 
exchange reformer to a fuel gas with less heating value per volume, thus 
decreasing the demand for dilution. Still, at a turbine inlet temperature of 
1350°C the benefits of chemical recuperation remains marginal, because 
only 18% of the natural gas is converted into syngas due to 
thermodynamic constraints. At luture turbine inlet temperatures of 
1500°C, the higher exhaust temperature from the second turbine creates 
more useful heat for heat exchange reforming and it means that more 
than 1/3 of the natural gas can be converted, resulting in a similar gain in 
efficiency. A similar increase in efficiency can, however, be achieved by 
steam injection without reforming reaction. 

The thermodynamic constraint is eliminated when integrating a gas 
turbine cycle with a high-temperature fuel cell (SOFC) with intemal 
reforming as illustrated in Figure 2.41 [415] [454]. 

The exhaust gas from an SOFC fuel cell provides a hydrogen 
containing clean fuel gas mixture for the combustion chamber of the gas 
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turbine allowing a more efficient control of the maximum temperature 
than is achievable by adding the surplus air. Such schemes are claimed to 
have electric efficiencies close to 70% [454]. 



Figure 2.41 SOFC and gas turbine cycle [415], Reproduced with the permission of 

Elsevier. 


As a thermochemical cycle chemical recuperation is a heat engine 
converting high-temperature heat into chemical energy. Like a steam 
cycle resulting in mechanical energy the efficiency depends on the 
operating temperature and the irreversibilities of the individual process 
steps [156], 
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Technology of Steam Reforming 


3.1 Early developments 

The steam reforming reaction was introduced to industry more than 
75 years ago, although the reaction had not been subject to many 
scientific studies [381] [389]. Early work in the 19th century included 
reactions of hydrocarbons and steam over calcium oxide [487] and a 
cyclic process using nickel [543]. 

Laboratory studies on the reforming reaction were published in the 
1920s [327] showing that product gases close to thermodynamic 
equilibrium were obtained over nickel catalysts. Fischer and Tropsch 
[192] observed no significant differences when steam was replaced by 
carbon dioxide [18]. It is surprising that Sabatier did not report any 
studies on steam reforming as he studied numerous reactions on nickel 
catalysts. Among these was the methanation reaction reported as early as 
1902 [432]. 

The reforming process was adopted mainly in the US where natural 
gas was easily available as feedstock, whereas reformers in Europe were 
initially reduced to operate on propane and LPG. 

The first patent on a tubular reformer using supported nickel catalysts 
was obtained by BASF in 1912 [348] [544]. A later patent (1928) dealt 
with a heated tubular reactor [546]. A license was given to Standard Oil, 
New Jersey, and the first industrial reformer was started in Baton Rouge 
in 1930 [93]. Six years later, the first ICI reformer was commissioned at 
Billingham [203]. 

The industrial breakthrough of the steam reforming technology came 
in 1962, when ICI succeeded in starting two tubular reformers operating 
at pressure (15 bar) and using naphtha as feedstock [87]. The first 
reformer designed by Topsøe was started in 1956 and the first naphtha 
reformer in 1965, followed by a hydrogen plant in 1966 operating at 
42 bar [381] [413]. 
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The introduction of high-pressure reforming meant that the energy 
consumption of the ammonia synthesis could be decreased significantly 
(refer to Section 2.5) As a result, a number of natural gas-based ammonia 
plants were built in the US, primarily by M.W. Kellogg in the mid-1960s 
[224] [312]. 



Figure 3.1 MWK ammonia plant, Texas City (1960s) [312], Reproduced with the 
permission of PenWell. 


At the same time in Europe, steam reforming of naphtha became the 
key technology in the build-up of the UK town gas. Apart from the 
tubular reforming technology provided by ICI [87] and Topsøe [493], 
low-temperature steam reforming of naphtha in an adiabatic reactor was 
used to produce methane-rich gas. This process was pioneered by British 
Gas, originally using methanol as fuel (refer to Section 1.4.1) [126] [139] 
[150]. It formed the basis for later developments for SNG (refer to 
Section 2.6.6) and prereforming (refer to Section 1.2.5) [126] [139]. 

The Topsøe reforming technology was pioneered in a full-size 
monotube pilot plant during the 1960s as shown in Figure 3.2. The plant 
was running on naphtha. 
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Figure 3.2 Pilot Plant. Frederikssund, Denmark (around 1966). 

The steam reforming process became the preferred technology for 
synthesis gas for methanol and other petrochemicals, oxo-alcohols, acetic 
acid, etc. [88], [425]. 

The steam reforming process may appear straightforward from an 
overall consideration as the product composition is determined by simple 
thermodynamics, but in reality it is a complex coupling of catalysis, heat 
transfer and mechanical design. 

The progress in steam reforming technology has resulted in less 
costly plants, in part because of hetter materials for reformer tubes, hetter 
control of carbon limits, and hetter catalysts and process concepts with 
high feedstock flexibility. This progress has been accompanied by a 
hetter understanding of the reaction mechanism, the mechanisms of 
carbon formation and sulphur poisoning, and the reasons for tube failure. 
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3.2 Steam reforming reactors 

Steam reforming reactors are conveniently divided into: 

- direct fired steam reformers, where the reactor is a fumace with 
burners supplying the endothermic heat of reaction directly to the 
catalyst in heated tubes as in a tubular reformer; 

- indirectly heated reformers, where the catalyst is placed in an 
adiabatic bed. The reaction heat is either supplied by preheating the 
feed as for an adiabatic prereformer or the heat is supplied by 
internal combustion in a bumer as in an autothermal reformer; 

- convective reformers with internal heat exchange. A convective 
reformer may also be fired directly; and 

- steam reformers with mechanical integration of catalyst and reactor 
as in micro-scale reactors. 

3.2.1 Role of catalyst 

In all reactor types, the desired conversion takes place on the catalyst. 
Side-reactions, such as carbon formation (refer to Chapter 5), are 
eliminated by use of the proper catalyst types, controlled catalyst bed 
inlet temperatures and a given 1 bO/C ratio depending on the type of 
feed. The role of the catalyst is in all cases to achieve equilibrium 
conversion and maintain low pressure drop and in tubular and convective 
reformers to keep low tube metal temperatures, too. 

The space velocity Nm 3 Ci/m 3 catalyst/h has conventionally been 
used to determine the necessary catalyst volume for a given amount of 
feed, but this parameter gives no information about pressure drop, heat 
transfer or risk of unwanted side-reactions, so advanced rigorous models 
are necessary to evaluate a design (refer to Section 3.3). 

The catalyst must also ensure equal distribution of flow between the 
tubes in a tubular reformer and across the catalyst bed in an adiabatic 
reformer. Mal-distribution may cause local overheating or channelling 
and hence shorter life of the reactor. It means that the pressure drop 
should be carefully monitored during catalyst loading. The steam 
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reformer is also one of the first reactors in a syngas process and it is 
exposed to impurities remaining in the feed and the steam, in particular 
sulphur (refer to Chapters 4 and 5). 

The catalyst should be mechanically stable under all process 
conditions as well as conditions during start-up and shutdown of the 
reformer. In particular, resistance to conditions during upsets may 
become critical. Breakdown of catalyst pellets may cause partial or total 
blockage of some tubes resulting in “hot spots”, “hot bands” or totally 
hot tubes [389] in tubular or convective reformers. The formation of 
carbon may result in the same problems. 

The shape of the catalyst pellet should be optimised to achieve 
maximum activity with minimum increase in pressure drop. The pressure 
drop depends strongly on the void fraction of the packed bed and 
decreases with increasing particle size (refer to Section 3.3.4). Similarly 
the effective catalyst activity per volume is roughly proportional to the 
surface-to-volume ratio of the catalyst pellet due to the low catalyst 
effectiveness factor (typically below 0.1 for a tubular reformer) (refer to 
Section 3.4). 
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Figure 3.3 The catalyst shape is a compromise between catalyst activity and pressure 
drop. The particles shown have an extemal diameter of 16 mm [425], Reproduced with 

the pennission of Wiley. 


In order to fulfil the above-mentioned requirements to the catalyst, 
the particles are usually made of ceramic material of cylindrical shape 
with one or more intemal hoies as seen in Figure 3.3. Solutions based on 




148 


Concepts in Syngas Manufacture 


the use of ceramic foam as catalyst support have also been considered 
[365] together with other shapes such as monoliths and even catalysed 
hardware [397]. The use of such catalyst formulations are often 
developed together with new reactor concepts taking advantage of a 
higher effectiveness factor than achievable in conventional steam 
reformers (refer to Section 3.3.8). 

Simplified equations to estimate relative catalyst activity and bed 
pressure drop are shown in Figure 3.3 below: 


Example 3.1 

Compare the relative catalyst activity and pressure drop of catalyst 
fillings with cylinders of size 10x10 mm, and rings of size 16/8x10 mm. 
The outer diameters are 10 and 16 mm, respectively, and the particle 
height is 10 mm in both cases. The inner diameter of the ring is 8 mm. 
The bed void fraction is calculated as a sum of two parts. The first part 
is the void fraction of the catalyst bed when considering the particles as 
full cylinders. This part, e cy i is assumed to be 40%. The second part is 
the contribution from the hoies so that the actual bed void fraction of 
the ring is calculated from: 

S = 8 cyl+ (1-S cyl /^1 
outer ) 

In both cases we need the volume equivalent particle diameter, d p , 
which is the diameter of a sphere having the same volume as the actual 
particle (see Equation 3.29). 

Application of the formulas in Figure 3.3 gives the following results: 



Cy linder 

Ring 

Outer diameter (mm) 

10 

16 

Height (mm) 

10 

10 

Inner hoie diameter (mm) 

0 

8 

Equivalent volume particle 
diameter, d p (mm) 

11.4 

14.2 

Void fraction 

0.40 

0.55 

Relative pressure drop 

0.82 

0.19 

Relative catalyst activity 

0.0053 

0.0032 
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It is seen that the ring represents the optimum, since the loss in 
activity is of minor importance due to the low effectiveness factor, 
compared with the large decrease in pressure drop. 


In indirectly heated reformers operating conditions may vary 
considerably, but the requirements to the catalyst are similar to those in 
the tubular reformer. The catalyst activity must be larger for low- 
temperature adiabatic prereformers, where catalyst effectiveness factors 
will be outside the strongly diffiision-controlled regime. This implies that 
a simplified activity expression as in Figure 3.3 is not valid for a 
prereformer. In an autothermal reformer the requirements to the catalyst 
includes high temperature stability properties and a good distribution 
over the catalyst bed of the partly converted gas from the bumer. In 
micro-scale reactors catalyst stability is a major issue. 

3.2.2 The tubular reformer 

In the tubular reformer, the catalyst is placed in a number of high-alloy 
reforming tubes placed in a fumace. The outer diameter of the tubes 
ranges typically from 100 to 200 mm and the tube length from 10 to 
13 m (Figure 1.13). Typical inlet temperatures to the catalyst bed are 
450-650°C, and product gas leaves the reformer at 700-950°C 
depending on the application. The average heat flux from the bumers 
may be as large as 150 kW/m 2 based on m 2 of inner tube surface. 

Tubular reformers operate at high mass velocities corresponding to 
Reynold numbers larger than 5000. Today such reformers are built for 
capacities up to 300,000 Nm 3 /h of H 2 or syngas. 


Example 3.2 

Estimate the number of tubes in the hydrogen reformer from Example 
1.3. The average heat flux is 90 kW/m 2 , the inner tube diameter is 100 
mm and the tube length 13 m. Calculate the space velocity and the 
actual inlet superficial velocity assuming ideal gas. 

The total heat transferred is 108 MW (see Example 1.3), so the 
required heat transfer area is 1200 m 2 . Each tube has an internal surface 
area equal to 4.08 m 2 , so the number of tubes is estimated as 294. 
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The total catalyst volume will be 30 m’ and since the feed flow of 
CH 4 is 500 mol/s, the space velocity is 1345 Nm 3 Ci/m 3 catalyst/h. The 
gas velocity based on empty tube at the inlet conditions is around 1.5 
m/s and the gas mass velocity is 13 kg/m 2 /s. 


The tubular reforming fumace is a radiant box including bumers and 
a convection section to recover the waste heat of the flue gases leaving 
the radiant section. Industrial-size sidewall-fired refonners are seen in 
Figure 1.12 and Figure 1.13. The thennal efficiency of the tubular 
reformer and waste heat recovery section approaches 95%, although only 
50-60% of the heat is transferred to the process through the tubes. The 
remaining part is recovered from the flue gas. This heat is used for 
preheating of the refonner feed, combustion air, and for steam 
production. 

Bumers may be located on the walls, in the top, on the bottom or a 
combination of these [389] as illustrated in Figure 3.4 below: 





Bottom-fired 




U^tJ 
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Figure 3.4 Reformer furnace configurations [389], Reproduced with the permission of 

Springer. 


In top- and bottom-fired box type fumaces, tubes are arranged in a 
number of parallel rows with the burners between the tube rows either in 
the top or bottom. The flue gas is taken out in the bottom of the top-fired 
and in the top of the bottom-fired reformer. These types have fewer 
bumers. 
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Sidewall-fired and terrace wall-fired fumaces are long fiimace 
chambers with the tubes arranged along the centre line and a matrix of 
bumers located on the two opposing fumace walls. The flue gas leaves 
the fumace in the top for transfer to the waste heat channel. The advantage 
of these fumace types is that the process gas and flue gas outlet 
temperatures can be controlled individually by varying firing intensity on 
bottom and top bumer rows, respectively. Although the total number of 
bumers is larger than for the top- and bottom-fired types, each row of 
bumers can be controlled so it is not necessary to control bumers 
individually. 

Schematic temperature and heat flux profiles for a top-fired and a 
sidewall-fired reformer for identical process outlet conditions are seen in 
Figure 3.5 below. The top-fired fumace has a high heat flux at the inlet, 
whereas the sidewall-fired fumace has a more equally distributed heat 
flux profile. The top-fired fumace has an almost flat tube temperature 
profile, whereas in a sidewall-fired fumace the tube-wall temperatures 
increase down the reformer. The terrace-wall fired reformer has profiles 
similar to the sidewall-fired reformer, whereas the bottom-fired reformer 
has a larger heat flux in the lower part of the reformer. 
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Figure 3.5 Schematic temperature and heat flux profiles in a top-fired and sidewall-fired 
furnace. Top: Top-fired; Side: Sidewall-fired. 
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The combustion of natural gas with air is accompanied by formation 
of nitrogen oxides. This becomes significant above 1400-1500°C, which 
is easily surpassed in normal diffusion flames. The problem is solved by 
use of low NOx bumers and further reduction can be obtained by 
cleaning the flue gas using selective catalytic reduction (SCR) with 
ammonia [510]. Low NOx bumers have longer flames in order to limit 
the maximum temperatures, but this has a significant impact on the heat 
flux and temperature profiles in the reformer, since it tends to make the 
flux profiles wider. The bumer type must be taken into consideration in 
the design. 

The reformer tubes are exposed to high temperatures and pressures 
and are made of high alloy steels (for example HP-BST, a 25/35 Cr/Ni 
Nb Ti alloy). The tubes are supported in the top or bottom with 
mechanical flexibility in the opposite end to absorb thermal expansions. 
The high alloy tubes are expensive and account for a major part of the 
total cost. The reliability of the tubes is important since tube failure can 
result in long down-periods for retubing and hence loss of production. 
The mechanical tube design depends not only on the maximum metal 
temperature, but also on the maximum temperature gradient across the 
tube wall and the number of scheduled (and unscheduled) start-ups and 
shutdowns. The latter is in particular important where the steam reformer 
is considered as a utility, such as in a refinery. The method to calculate 
the tube-wall thickness is based on mechanical creep-rupture strength as 
a function of temperature, age and number of cycles. Such data must be 
obtained from the tube manufacturer. At high operating temperature the 
tube metal creeps under stress. The creep rate, which is almost constant 
over time, increases almost linearly with applied stress and exponentially 
with temperature [389]. The creep eventually results in rupture along the 
grain boundaries of the metal. This means that for a given tube its life is 
very sensitive to small changes in the maximum tube-wall temperature. 

The constraints in designing tubular and convective reformers are 
hence primarily the mechanical material properties. The catalyst volume 
may then be considered a derived property. However, high catalyst 
activity is essential to ensure low tube-wall temperature. A higher 
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catalyst activity can be utilised to absorb the same reaction heat at a 
lower temperature [389] (refer to Example 3.4). 

3.2.3 Scale-up of steam reforming technology> 

In addition to construction material properties, scale-up of reforming 
technology to industrial size requires reaction engineering knowledge 
conceming catalyst, heat transfer, pressure drop and flow under the often 
severe conditions in a steam reformer. Some of these properties can be 
found in laboratory and bench-scale experiments and some can be found 
by conventional chemical engineering tools and CFD modelling, but still 
a direct scale-up to an industrial plant of a new steam reforming reactor 
type may be too risky and an intermediate verification will be necessary. 
For this purpose a pilot plant can be used to perform measurements and 
evaluations to ensure a safe scale-up to an industrial unit. 

For heated and convective reformers a scale-up requires at least one 
full-size tube due to the interaction between complicated heat transfer, 
catalyst and in particular mechanical design. For an adiabatic reactor 
scale-up can in principle be carried out using the reactor diameter, but 
the basic experiments must be truly adiabatic and at industrial mass 
velocities, so also in this case a pilot plant can be used (refer to Section 
3.5.1). For other equipment items, such as bumers, scale-up will usually 
require a combination of flow experiments, CFD modelling and full- 
scale tests. 

Figure 3.6 shows a full size mono-tube tubular reformer pilot plant. 
Convective reformers of various configurations have been tested at the 
same pilot site (refer to Figure 3.11). 

The fumace - with the exhaust chimney on the top - has radiant wall 
bumers in six levels on two opposite walls to supply the heat of reaction 
to a single full-size tube located in the centre. Such a configuration is 
appropriate since it allows simulation of almost any outer tube-wall 
temperature profile by variation of the bumer firing pattem. 
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Figure 3.6 Topsøe reforming pilot plant in Houston, Texas. 


Although carefully designed experiments have been carried out in 
laboratory, bench-scale and pilot plants, the final verification also 
requires feedback from an industrial plant, although inevitably the 
number of measurements here is significantly smaller. It is, however, 
important that the same tools and principles for measurements and 
simulation are used in the scale-up process to provide the necessary 
knowledge for verification. 

3.2.4 Plant measurements 

In addition to intemal reactor measurements, plant measurements must 
include flows, pressures and temperatures around the reactors, and gas 
analyses. Flows, temperatures and pressures can be followed 
dynamically from the control system, whereas complete gas analyses are 
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only available off-line. Tools to investigate a process dynamically are 
important for plant operation and on-line optimisation [82] [92] [309], 
whereas model evaluation and validation is performed off-line using 
steady-state measurements. Collecting and retrieving the necessary 
measurements (including tube-wall temperatures) for a rigorous 
evaluation of a syngas plant with a tubular reformer may take several 
days. 

Before the validation of steady-state models, it must be realised that 
all experimental measurements have errors. 


Example 3.3 

In syngas plants only dry gas analyses are available and as a 
consequence, the concentration of water in the outlet gas from a steam 
reformer must either be determined by measuring the steam-to-dry gas 
ratio or it must be calculated using redundant measurements. Usually 
the last method is preferred due to large experimental uncertainties in 
the steam/dry gas measurement, where just 3% deviation in the 
measurement will correspond to about 10°C in temperature approach to 
the methane reforming reaction. 


Consistent values for the process variables around the reactors must 
be known and for this purpose data reconciliation [72] [118] [351] is 
used to fmd a set of process variables, y satisfying the basic mass and 
heat balances f not only around each individual process unit, but also 
around the plant: 

f(y)=0 (3.1) 

In data reconciliation a mathematical method varies a set of 
independent variables x till the total sum of squares over all plant 
measurements, SQ, attains a minimum: 

(3.2) 

Here, y mea s is the measured value, y rec the reconciled value, and o is 
the standard deviation for the measurement. The latter can be obtained by 
statistical methods for each instrument, but gross errors may be present 
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in the measurements, implying that methods must be available to judge if 
a deviation results from a gross error or a random error [228] [536]. 

The independent variables x include a subset of the process and key 
reaction characterisation variables, such as conversions and temperature 
approaches. Relative catalyst activities and heat transfer coefficients can 
also be used as independent variables in data reconciliation. The choice 
is hence between: 

A: Use the same equilibrium type reactor models as in the process 
simulation using conversion and temperature approaches to characterise 
the reactions. 

B: Use a rigorous reactor model, such as the two-dimensional model 
described in Section 3.3. 

In A the specific reactor parameters must then be found in a 
subsequent step. From a mathematical point of view, however, it would 
be more correct to include the rigorous reactor model in B directly, thus 
eliminating step A so that consistent process data and reactor parameters 
are found simultaneously. However, due to experimental uncertainties in 
the measurements - even from a very well-controlled pilot plant - 
apparent model limitations, limited amount of data, and/or model 
deficiencies, such an approach will seldom be able to give a reliable 
representation of all measured properties of the reactor and will result in 
wrong parameters. It is therefore preferable to execute the reconciliation 
as a two-step procedure, where the conversion and equilibrium reactor 
models of type A are used in the first step followed by the rigorous 
reactor model B in the second step to fmd the reactor parameters, but 
using the reconciled measurements from the first calculation. This is a 
permissible split for the syngas processes where conversions and 
temperature approaches are sufficient to characterise the reactions. 

The model equations in method A are identical to those used in 
process simulation (refer to Section 2.1), and the independent variables 
are selected as feed flows and compositions, outlet temperatures, and 
conversions or temperature approaches to equilibrium. The solution 
requires a robust method to solve the minimisation problem, such as the 
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successive quadratic programming method [72] [173] with bounds on the 
independent variables. 

Usually a proper statistical discrimination between different reactor 
models cannot be based on experiments alone, since too few 
measurements are available. The discrimination is then done by 
“proposing” a model and testing both the reliability of the model and 
whether the found parameters are within acceptable physical boundaries. 

3.2.5 Reformer temperature measurements 

Temperature measurements at high temperatures need special 
considerations, in particular when the purpose is to determine heat 
transfer parameters. 

Reliable catalyst temperatures inside the bed can be measured by 
thermocouples loaded individually to avoid disturbing the flow pattem as 
would be the case if a central thermopocket is used. Radial temperatures 
can be measured using thermocouples placed on a bracket pointing 
directly against the flow direction to avoid disturbance from false heat 
conduction. 

In fired reformers, outside tube-wall temperatures must be measured 
carefully [19] [131]. Apart from their impact on tube life, they are key 
variables in the evaluation of heat transfer coefficients. Measurements 
may be carried out using commercial IR cameras with different 
wavelengths, but in a pilot plant such measurements are best carried out 
using Pt/Rh thermocouples attached on the cold side of the tubes. In an 
industrial plant thermocouples must be embedded, but a gold cup 
pyrometer [131] can be used locally to obtain accurate measurements. 

Note 

A tool to measure tube-wall temperatures is the IR camera. It interprets 
the radiation emitted from a tube surface as coming from a black body 
and converts it to a temperature. Provided the tube is clean, it typically 
has an emissivity in the order of 0.8-0.9 and it will hence reflect some 
of the radiation coming from the warmer fumace walls and flames. The 
instrument will consequently interpret a measured temperature higher 
than it actually is. The IR camera has filters so that only radiation at a 
certain wavelength p L is measured and the equation to correct the 
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measured temperature T pyrome ter to the true temperature T tube can then be 
written as: 

1 s t F pt (1 s t ) , 3 

14388 14388 14388 ' ' ' 

q '^pyrometer _ | M l ^mhe _| g Ml "Tiimace _ ] 

F pt is a view factor, which can here be set to unity, since the 
measured temperature is the one on the front. The fumace temperature 
varies significantly on the fumace wall, so an average value recorded 
by the IR camera is used. In a pilot plant the correction is small if the 
measurements are made on the cold side of the tube, whereas in an 
industrial reformer the measured temperatures are those on the hot side 
along the fumace and larger corrections result. 

The correction is largest in the top since the temperature difference 
between fumace wall (or flame) and catalyst tube wall is largest here, 
whereas it decreases towards the bottom of the tube. 

For a further description of IR cameras, reference is given to 
commercial literature. 


The tubes are always fired from two sides. This implies that the cold 
sides away from the flames are partly in shadow from the other tubes 
when seen from the bumers and the front side towards the bumers are 
warmer. This results in an uneven heat flux distribution around the tube 
periphery, which must be taken into consideration in the design. 

From a radiation point of view, the heat flux distribution is a function 
of the tube spacing given as the ratio between the centre-to-centre 
distance C t and the tube diameter d t , so that the ratio of maximum heat 
flux at the front face to the average heat flux - used on the catalyst side - 
is as expressed by Hottel [244]: 

Tså!L = e —+1 z£l| (3.4) 

q av \2 • C t ■ F PX e t j 

The view factor F PT can be expressed by the ratio C t /d t , but a 
correction for multiple radiation and in particular circumferential heat 
conductance in the tube wall must also be taken into consideration for a 
full-size tubular reformer [244], For a mono-tube pilot plant, the tube 
spacing has no meaning, so a value fitted to proper measurements on the 
hot and cold sides must be used to evaluate the reactor models. 
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Fumace gas temperatures are measured using an exhaust pyrometer 
(refer to Figure 3.16), where a small amount of flue gas is sucked 
through a pipe with a protected thermocouple. 

3.3 Modelling of steam reforming reactors 

Reactor modelling is an essential step in a scale-up of new steam 
reforming reactors. Fixed-bed modelling has always been a challenge to 
chemical engineers and it is one of the first applications where computers 
have been used extensively for the tedious property calculation in the 
numerical solution. An early example by Kjaer is shown in [274], and 
later in [275]. Modelling of steam reformers is widely used and among 
the early ones are Flyman [250] from 1968 and an early Topsøe 
publication [493]. 

The tools for fixed-bed reactor modelling are well described in 
textbooks on reaction engineering, e.g. by Aris [24], and Froment and 
Bischoff [199]. The mathematical model consists of a set of coupled 
ordinary or partial differential equations, which - at least in cylindrical 
geometry - can be solved with a standard numerical technique along the 
length of the reactor. Such conventional modelling of catalytic reactors 
has reached maturity and reactor modelling now incoiporates fluid 
dynamics to investigate flow pattems in industrial reactors and their 
impact on performance. The use of micro-scale integrated non- 
cylindrical reactors and catalyst shapes or reactors with a flame- 
controlled reaction are all future challenges in reaction engineering, 
where computational fluid dynamics (CFD) must be used to solve the 
problems [159]. A key concem, as described by Dudukovic [166], is, 
however, that many kinetic and transport correlations are not only old 
(often more than 50 years), but have also been developed and correlated 
for the conventional models. Scale-up thus requires a critical evaluation 
of all transport correlations, before they can be applied in CFD models. 
In addition CFD models are time-consuming and with a requirement of 
maybe several hundred reactor simulations per day, the conventional 
reaction engineering models are still widely used, although their 
shortcomings are obvious. 
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The required correlations are: 

- Kinetics of the reactions and their dependence on operating 
conditions; 

- Mass transport of components and heat transport to and from the 
catalyst surface and through the pore system; 

- Transport of heat to and from the catalytic reactor; and 

- Pressure drop. 

Applied and fundamental research can give adequate descriptions of 
these phenomena, but usually scale-up requires experimental work due to 
the shortcomings of the correlations. Steam reforming reactor 
experiments at pilot scale are costly, so parameter identification is 
usually combined with other key points such as durability of a specific 
catalyst system or construction material. 

Conventional modelling of the catalyst side distinguishes the 
significance of the catalyst particle itself for the reactor performance and 
how heat transfer is taken into consideration. The following modelling 
concepts are generally accepted [199]: 

Homogeneous: gas and catalyst in the bed is a continuum so that 
temperature, pressure, and concentrations do not distinguish whether 
they are inside the catalyst or in the gas phase. The kinetic rate 
expressions are so-called “effective” or “pellet kinetic” rates, where the 
catalyst effectiveness factors have been included in the reaction rate 
expressions. 

Heterogeneous : intra and extemal gradients are included and catalyst 
effectiveness factors are calculated continuously during the integration. 
The kinetic rate expressions are intrinsic rates. This is definitely the 
preferred model, but rigorous modelling of transport processes is tedious 
for all catalyst sizes and shapes in syngas processes. 

One-dimensional : only the variation of the average temperature in the 
catalyst bed in the flow direction is considered. 

Two-dimensionak also gradients in the radial direction are 
considered. The model is called two-dimensional since rotational 
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cylindrical geometry is assumed; if this is not the case, rigorous CFD 
modelling is necessary. 

In a tubular or convective steam reformer with heat transfer to the 
catalyst bed, radial temperature gradients of temperature and conversion 
will develop in addition to the axial gradients so the two-dimensional 
model must be used. This model represents the heat transfer mode and 
aims at modelling the heat transfer in the catalyst bed firstly as heat 
transfer through the catalyst bed and secondly as heat transfer through an 
additional (artificial) film resistance between the catalyst at the wall and 
the wall itself. Although the sizes of the radial gradients in a reformer are 
small compared with the gradients at the wall, they must be known when 
predicting risk of carbon formation, usually originating on the catalyst 
closest to the tube wall (refer to Section 5.2.4 and Figure 3.8). 

Intemal combustion must be modelled in a separate step due to the 
different heat transfer modes as considered in Sections 3.3.5 and 3.3.6. 
Similarly modelling of the intemal combustion in an ATR must also be 
carried out in a separate step. 

In an adiabatic reformer no heat transfer takes place and the one- 
dimensional model is sufficient, but the two-dimensional model can also 
be used in this case since it simplifies to the one-dimensional model. 

The heterogeneous model is preferred in both cases, but due to the 
low effectiveness factors, the homogeneous model may be used in 
practice since results will be almost identical. 

Axial dispersion is usually not taken into consideration when 
simulating industrial syngas reactors, mainly due to the large mass 
velocities, but even if steep gradients are present, axial dispersion is only 
relevant in a small section of the industrial reactor, so the error 
introduced by neglecting axial dispersion is small. In dynamic modelling 
and in laboratory reactors axial dispersion should be included in the 
evaluation. 

Other model considerations are necessary for simulating bench-scale, 
laboratory reactors and micro-scale reactors with integrated catalyst and 
reactor. Flow regimes are at different gas velocities and catalyst particle 
sizes are smaller than in an industrial reactor or the catalyst is integrated 
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with the wall. In this case a rigorous CFD model is required, which 
includes entry phenomena and heat transfer to confming walls along the 
flow direction and heat conduction through construction materials and 
thermocouples. Laboratory and bench-scale reactors will be discussed in 
Section 3.5.1 and micro-scale reactor concepts in Section 3.3.8. 

Traditionally a one-dimensional homogeneous model has been used 
for the steam reforming catalyst bed, such as in [250] [381] [493], 
whereas a one-dimensional heterogeneous model has been used in [143] 
[181] [201] [525]. A two-dimensional homogeneous model has been 
used in [389] [395], whereas the corresponding heterogeneous model has 
been used in [142] [342] [415], however, without significant difference 
between that and the one-dimensional model. Only when carbon 
formation is considered, the two-dimensional model is necessary, refer to 
Section 5.2.4. Below is described the two-dimensional heterogeneous 
reactor model, since all the other models may be derived from it. 


3.3.1 Two-dimensional reactor model 


The two-dimensional model must be able to simulate the industrial 
reactor types described in Chapter 1. A generalised configuration is 
shown in Figure 3.7, where the catalyst bed is confmed between outer 
and inner channels. A centre tube may also be present. 

The conversion, temperature, and pressure drop in the reactor are 
calculated by simultaneous integration of the balances for mass, heat, and 
momentum as formulated by Froment and Bischoff [199]: 
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The mass balance is for a formation of component A and j is the 
reaction index. 
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In the derivation, the effective radial diffusivity, D r , eff is assumed 
identical for all components, and both D r ef f, and the effective thermal 
conductivity in the bed, A, r e ff are assumed independent of radial distance. 
The gas flow is assumed to be plug flow. That is not correct since a 
velocity profile develops, the form of which depends on the catalyst 
shape, the ratio between tube and particle diameter, and the radial 
variation of the void fraction. The local gas velocity is large close to the 
wall, then decreases about one particle diameter from the wall and levels 
off towards the centre as shown in [136] [294] [514], Simulation of such 
a velocity profile requires CFD [484], but since the shape of the velocity 
profile does not change fundamentally for a given catalyst type, the plug- 
flow assumption is acceptable. Lerou and Froment [294] correlated 
experimental data using both a plug flow and a velocity profile and could 
correlate the radial effective thermal conductivity using almost the same 
equation. The wall coefficient is more difficult to correlate due to the 
large variation in velocity profile close to the wall. Heat transfer 
formulas (refer to Section 3.3.2) found using the plug-flow assumption 
should consequently be used with great caution in CFD calculations. 
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It is seen that in order to obtain the equations for the one-dimensional 
model, the two radial dispersion terms must be removed. This results in 
the proper mass balance equation, whereas the flux boundary condition 
at the tube wall must be included in the heat balance equation to obtain 
the conventional one-dimensional model. The equation for the pressure 
drop is in both cases an ordinary first-order differential equation which 
will be discussed in Section 3.3.4. 

Rate equations will be discussed in Section 3.5, but in the mass 
balance equation (3.5), the reaction rate refers to the production of 
component A and one equation must formally be solved for each 
component. A typical feed may, however, contain more than 
25 components and since the conversions of some of them are bounded 
by stoichiometry, it is more convenient to transform the mass balance 
equations so that only one equation must be solved for each independent 
reaction instead of one reaction for each component. Rj is the effective 
rate defined as the rate in mol/s/kg eat formed of a component with 
stoichiometric coefficient +1 and appearing in reaction j only. The 
reaction rate is based on mass of catalyst, whereas Equation (3.5) is per 
m 3 bed. This is the reason for including the bulk catalyst density p bu ik 
calculated from the void ffaction s and the catalyst pellet density as: 
Pbuik (l“l>)Pp* 

The relation between the formation rate of component A and the 
general rates is found using the stoichiometric coefficients for 
component A as: 


Ra=2>aj- r j (3-8) 

j 

In the heterogeneous model, the concept of the effectiveness factor is 
used. It is defined as: 

R int,average,j , n , 

T lj = —- (3.9) 

tt-int, bulk.j 

where R int is the intrinsic rate of reaction. The effective rate based on 
bulk properties to be used in (3.5) is then: 

R j = Uj R i nti bulk,j 


(3.10) 
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since the intrinsic rate is evaluated at the bulk conditions. To include the 
conversions of all components in the reactions, it is convenient to 
introduce the fractional conversion, in reaction j, as the amount in 
mol/s formed via reaction j per unit feed mixture of a component with 
stoichiometric coefficient +1 appearing in reaction j only. f thus 
corresponds to the general rate Rj and it has the same defmition as used 
for solving chemical equilibrium (refer to Example 1.1). 

If the fractional conversions are known, the mole fraction of 
component i, y b can be determined by use of the stoichiometric 
coefficients vy from the following equation: 


yoi+Z v ij'^ 


y; = 


1+ Z^2>kj 

j k 


(3.11) 


where y 0l is the mole fraction at the inlet and k is a component index. 

Concentration can be converted to mole fraction from the gas law and 
after combining the resulting equation with Equation (3.11) for a single 
hypothetical component A appearing in reaction j only, the result can be 
combined with Equation (3.5). The mass velocity G=u-p, which is 
independent of conversion, can be inserted to obtain the final equation 
for reaction j: 


dz 


A L.I.A (r .5i } - 

Pe M r Si 8i 


M w ,0 

G 


■Rj-Pbulk 


(3.12) 


where the so-called Peclet number for radial mass transfer is: 


PeM — 


dp 'G 


(3.13) 


P' D r ,eff 

The boundary and initial conditions for the mass balance equations 


are: 


8i 

=0 at z = 0 


(3.14) 


This is the final form of the mass balance equation for the catalyst 
bed. 
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PeM is evaluated in analogy with heat transfer through the bed, since 
the same molecular mechanism is used for the transport due to the highly 
turbulent flow and the parabolic temperature profile. 

The heat balance equation (3.6) can be rewritten as: 


5T _ d p 1 a 
8z Pe H r dr 



+ „ r ' Yj r J ' p bulk ' (^ AH j) 
U ' L P j 


(3.15) 


where the summation is over all independent reactions, and the effective 
radial heat transfer is described by the radial Peclet number for heat 
transfer: 


Pe H 


dp-G-C p 

^ r.eff 


(3.16) 


The boundary condition reflects the basic assumptions in the two- 
dimensional model for a cylindrical tube, where the heat is transferred 
from an outer wall to the catalyst bed: 


i ST 

^r.eff ‘ ^ r=r , a wall,outer 

dr outer ’ 


•(t 


wall,outer 


-T 

A r: 


(3.17) 


The temperature difference on the outer side is across the 
(hypothetical) film between the wall, T wa n, and the outermost layer of the 
catalyst bed, T cat , (refer to Figure 3.7) with the heat transfer coefficient 
given as a wa n, 0ll ter. The equation thus reflects the observation that the 
effective thermal conductivity decreases strongly close to the wall, but 
instead of letting it be a function of the radial distance, it is interpreted as 
a parameter a wa n, 0 uter, as discussed in Section 3.3.2. 

In the general case with two surrounding channels to the catalyst bed, 
the boundary conditions for the heat transfer from the two channels with 
temperatures T inner and T ou t e r are: 

T 

A cat,inner 

^r.eff ’ -v lr=r . — ~ ^outer * v^outer — ^cat,outer / — —touter 

OT outer v ’ ' 

The actual sign for the heat flux is determined by the flow direction in 
the channel relative to the flow direction in the catalyst bed. If a channel 
is absent, the corresponding gradient is zero. 


)= 


= ±qn 


(3.18) 


1 5T 
~ K r.eff “^r'r=r ini 


= ±U in 


(t 
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In convective reformers, the flow in the heat exchange channel(s) 
may be co-current or counter-current to the flow in the catalyst bed. In 
the counter-current case, iteration is performed on the outlet temperature 
and pressure of the channel until balance at the outlet of the catalyst bed. 

The heat transfer coefficient U is calculated as the sum of the 
resistances from the catalyst bed to the corresponding channel including 
the wall (assuming they are all referred to the same heat transfer area): 


.ln 


F outer U wa jj outer h outer 


'-wall 


(3.19) 


The heat flux boundary condition at the wall of the catalyst bed is 
used when heat is exchanged with an extemal channel, where the heat 
transfer is described using a flux profile. This is the case for an adiabatic 
catalyst bed as in a prereformer or an autothermal reformer where the 
heat flux is zero so that the heat transfer equations simplify to a one- 
dimensional model. The heat flux boundary condition is also used when 
the tubular reformer is coupled with a fumace type model (refer to 
Section 3.3.6). 

The initial condition for the temperature is simply: 

T = T inlet at z = 0 (3.20) 


For a tube with no inner channels the boundary conditions for 
conversion and temperature simplifies to the gradients being zero at the 
centre. In the general case with heat exchange to inside and outside 
channels, this feature is not valid, and the following dimensionless 
variable is introduced: 


1 outer 1 inner 


(3.21) 


If inner and/or outer channels are present, one heat transfer and one 
pressure drop equation are set up for each of such channels, since the 
mass balance is trivial. For the outer channel, the two equations are: 


f r 

A outer 

dPputer _ 
dz 


dT„ 


dz 

AP 


Az 


•(t 


outer ^cat,outer J 


(3.22) 
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Note 

The final two-dimensional mathematical model thus consists of one 
partial parabolic differential mass balance equation (3.12) with 
boundary and initial conditions in (3.14) for each of the j reactions and 
one partial parabolic differential heat transfer equation (3.15) with 
boundary conditions in (3.17), (3.18) and initial conditions in (3.20). 
Simultaneously the pressure drop ordinary differential equation (3.7) 
and the differential equations for the temperature and pressure in each 
of the surrounding channels in (3.22) must be integrated. Catalyst 
effectiveness factors in the catalyst bed must be available in all axial 
and radial integration points using the methods in Section 3.4. 

The equations for the catalyst bed combined with the boundary 
conditions can be solved using modem methods such as those available 
in CFD. A fast method uses discretisation in the radial direction by the 
orthogonal collocation method by Villadsen and Michelsen, where the 
dependent variable is only considered in the so-called collocation points 
[512]. This method reduces each partial differential equation to a 
corresponding number of coupled ordinary first-order differential 
equations with the axial distance as independent variable. The selected 
number of collocation points depends on the stiffness of the actual 
problem. Only with very steep gradients are more than five collocation 
points necessary to predict the extrapolated properties close to the 
reactor wall with sufficient accuracy to predict the risk of carbon 
formation. 

Combustion in a channel is represented by a heat flux profde, and 
iterations must be carried out until convergence of the heat flux and 
temperature profiles by use of the boundary condition at the wall, 
Equation (3.18). If the heat flux is given in one reactor part, the 
resulting tube-wall temperature may be used in the other reactor part to 
calculate a new heat flux profde. The solution method is successive 
iteration with controlled step sizes. 


3.3.2 Heat transfer in the two-dimensional model 

The heat transfer parameters in the two-dimensional model are the 
effective radial conductivity A r-e rr and the wall heat transfer coefficient 
Owaii.. Reviews of the correlations using the plug-flow assumption can be 
foundin [159] [199] [274] [288]. 
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Correlations of the effective radial conductivity usually have the 
following form: 


^r,eff 



7-r,stag + Rc Pl' 
^ g Pe turb 


Re = 


Gd p 


P 



(3.23) 


The first term is the stagnant term, which depends on particle and gas 
thermal conductivity, particle to particle heat transfer and radiation, as 
shown in the literature [43] [199]. At the high mass velocities in tubular 
reforming, the turbulent term is dominating, so the stagnant part cannot 
be evaluated from industrial measurements, whereas it is important for 
bench-scale experiments. Pe tur b is the limiting turbulent value of the 
radial Peclet number. Expressions depend on the tube-to-particle 
diameter ratio [199]. The following equation is seen in [43]: 

Pe turb 4- 


1 — 


2dp 

d t 


(3-24) 


The tube-to-particle diameter ratio is usually larger than 5 to assure 
an appropriate packing at industrial conditions. Values around 3.3 have 
been used in the pilot plant in Figure 3.6, but such small values require 
very careful loading. The length parameter in the Re number in Equation 
(3.23) depends on particle shapes and has also been measured for rings, 
where a length effect has been found [42]. 

The wall coefficient is usually correlated as a Nusselt number 
equation, i.e. 


Nu Nu sta g + Nu lur i, + Nu ra( [ 

^ T a wall * 4 p 

Nu =-— 

N Uturb = A Re a Pr b 


(3.25) 


Both the stagnant and the particle to wall radiation parts are small 
compared with the turbulent part at industrial syngas conditions even at 
the high temperatures. For the turbulent part different values of the 
parameters A, a, and b can be found in the literature [199] [274], 
depending on particle type, size, and tube-to-particle diameter ratio. 
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In bench-scale units detailed measurements can be used to determine 
the two terms individually, but if only a central thermowell is used, the 
overall heat transfer coefficient must be fitted to the one-dimensional 
model. The relation between the two models can be found by comparing 
the two models assuming that the temperature profile is parabolic in fully 
developed turbulent flow and that the main resistance is at the wall [296] 
(refer to Figure 3.8): 



U one-dimensional wall.outer ^ ’ I- r,eff 


(3.26) 


The constant “8” in the last term changes with the relative values of 
the two resistances, but it is evident that the two parameters are cross- 
correlated as expressed by the Biot number: 

Bi= «wall,outer-d t (3.27) 

^r.eff-2 


Theoretically it may be better to correlate the data using the Biot 
number [157] as a function of Reynolds number, but at the high 
Reynolds numbers in industrial reformers the two formulations become 
similar. 

The power of the Prandtl number, b, is usually 0.33, and in general of 
no concem in the literature, but it should be noted that it may change 
significantly in the reactor from inlet to outlet. This is not only caused by 
the temperature, but also by changes in gas composition, since steam and 
hydrogen have different thermal conductivities. 

The power of the Reynolds number at high superficial velocities has 
values between 0.5 and 1 in the literature. Many references use 0.75. 
This has also been found in the pilot plant in Figure 3.6, but the power 
decreases at very high loads [119]. The reason is probably a combined 
impact of the superficial mass velocity on the radial effective 
conductivity and the heat transfer coefficient at the tube wall 
emphasising the need for a fundamental description using CFD. Results 
shown by Dixon et al. in [160] [484] for steam reforming in narrow tubes 
are promising. 

In tubular reformers the catalyst particles are usually cylindrical and 
the tube-to-particle diameter is larger than 5-10. Smaller particles 
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increase pressure drop, whereas the use of larger particles requires 
considerable skill during loading. To limit tube and operating costs, this 
ratio is decreasing. Dixon [158] measured heat transfer for spheres, 
cylinders and rings of various sizes with ratios less than 4 and found that 
the wall heat transfer decreased significantly for ratios below 2, whereas 
above 2 the impact was weaker for cylinders and rings compared with 
spheres. 


Example 3.4 

By use of the expression for the one-dimensional heat transfer 
coefficient in Equation (3.26) it is now possible to establish the heat 
transfer balance for the one-dimensional model for a tubular reformer 
tube considering only steam reforming of methane. The equation is 
established from the two-dimensional model in Equation (3.15), the 
boundary condition in Equation (3.17) and the derived heat transfer 
coefficient for the one-dimensional model in Equation (3.26) as: 


dT 4 

^ ' T p “ — ~ U on e-dimensional (Twall.outer — fral) I" It rc f ■ p | 1Ll |k * ( — AH re f ) 


The left-hand side and the heat transfer coefficient are primarily 
determined by the operating conditions in the fumace and the tube. This 
implies that the difference between the outer tube wall and the catalyst 
temperatures is inverse proportional to the catalyst activity. An active 
catalyst is consequently necessary to limit the outer tube-wall 
temperature. 


3.3.3 Heat transfer parameters in syngas units 

Absolute values of the heat transfer parameters that can be used for 
scale-up are difficult to determine in bench-scale units due to the very 
high gas velocities and heat fluxes in industrial units. Attempts to 
determine them in pilot plants operating at industrial conditions but 
without reaction are also highly uncertain due to small driving forces. 
The steam reforming reaction is, however, strongly endothermic and 
limited by chemical equilibrium. This implies that for a new catalyst, the 
reaction will be close to chemical equilibrium in the major part of the 
tube, so variation in catalyst activities will only have a small impact on 
the temperature profile (refer to Section 3.3.7). If, however, heat transfer 
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is increased, a corresponding amount of heat will be absorbed resulting 
in a higher equilibrium conversion and a higher catalyst temperature. The 
heat transfer coefficients can hence, as a good approximation, be 
considered independent of kinetics, when evaluating heat transfer data 
from measurements including reaction, as long as the catalyst is highly 
active. This is in contrast to an exothermic reaction, where catalyst 
activity and heat transfer are strongly coupled and works in opposite 
directions so an independent determination of the two parameters in the 
same experiment will be highly uncertain. 



Figure 3.8 Reducing gas experiments (refer to Section 2.4.3). Low FEO/C. Radial and 
axial temperature measurements. Measurements as points - calculated values as lines 
[393]. Reproduced with the pennission of Elsevier. 


Recorded temperature profiles from the monotube pilot plant in 
Figure 3.6 are shown in Figure 3.8 [393]. The simulation uses the two- 
dimensional homogeneous model using the outer tube-wall temperature 
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profile as a representation of the firing. The heat transfer parameters are 
correlated using the methods in the previous chapter. 

Figure 3.8 shows that extrapolation of the measured radial 
temperature profile to the wall is straightforward, but in reality it may be 
discussed if the catalyst particle having contact with the wall has a 
temperature between the inside catalyst bed and the actual wall 
temperature. This has, however, not been observed when the catalyst is 
fully active [119]. If, however, catalyst deactivation takes place, the 
temperature of the outermost catalyst layer and hence the outer tube-wall 
tempearure will of course increase rapidly. 

It is also seen in Figure 3.8 that an error equal to 10% in the wall heat 
transfer coefficient corresponds to more than 10°C on the outer tube-wall 
temperature and this has a significant impact on the mechanical design. 

The actual catalyst shape influences the heat transfer coefficient 
through its actual size and shape. Void may enter some correlations, e.g. 
in [296] using equations for pressure drop (refer to Section 3.3.4), but 
they do not distinguish between extemal and intemal void. CFD 
simulation in [160] shows a minor impact of intemal void on the radial 
temperature profiles. 

Below results from experiments in the monotube pilot plant in Figure 
3.6 are discussed. The process was operating at ordinary syngas 
conditions for an ammonia plant. The load varied between half and tull 
load, and catalyst particles with different hoie fractions but identical 
outer dimensions were used [119]. The particles have the same length as 
diameter and relatively small hoie fractions. The particle sizes are shown 
in Table 3.1 below: 


Tab le 3.1 Particle sizes in heat transfer test in a tube with an inner diameter of 84 mm. 
Mass flow: 7-14 kg/m 2 /s Average heat flux: 46-93 kW/m 2 . 



Cy linder 

Ring 

7-hole 

development type 

Outer diameter (mm) 

16.1 

16.7 

16.2 

Height (mm) 

15.6 

16.5 

16.2 

Inner hoie diameter (mm) 

0.0 

7.8 

3.0 

Equivalent volume particle 
diameter, d p (mm) 

18.3 

17.6 

16.9 
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The measured axial temperature profiles for the three different shapes 
are similar to those in Figure 3.8, but little difference between the 
recorded temperature profiles on the outer tube wall and in the catalyst 
bed could be seen between those three particles having almost identical 
outer dimensions. Detailed evaluation further revealed that the calculated 
heat transfer coefficients at the same operating conditions differed by 
only a few per cent in spite of a significant impact on the pressure drop. 

Similar results have also been obtained for different commercial and 
development cylindrical type catalysts with one or more hoies in a 
70 mm tube, where the tube-to-particle diameter ratio ranged from 3.4 to 
5, but at identical operating conditions [120]. The average heat flux was 
as large as 160 kW/m 2 . It should be added that the pressure drop varied 
with more than a factor 2 between the individual experiments. The small 
overall particle size dependence on the heat transfer coefficient in 
Equation (3.25) where the d p is raised to the power a-1 appears thus to be 
correct. 

Nearly all measurements in the literature to determine heat transfer 
parameters are without reaction as discussed in [11] [520]. The latter 
reference concludes that fundamentally there is no reason for any impact 
of the reaction itself, but the catalyst has, of course, a major impact on 
the temperature within the tube and on the tube wall, since a highly 
active catalyst will give significantly lower temperatures compared with 
a catalyst with low activity (refer to Example 3.4). But this does not 
prove that the reaction itself has an impact on the heat transfer rate, and it 
is usually not included in the modelling. 

Since a major ffaction of the heat added in a tubular reformer is used 
for reaction, heat fluxes are significantly higher in the tubular reformer 
with reaction compared with bench-scale measurements without reaction. 
Parameter identification in measurements without reaction is highly 
uncertain in a tubular reformer due to the small temperature differences, 
but experiments with reactions under very different operating conditions 
can be used to check if the reaction has any impact on the heat transfer 
rate. 

Table 3.2 below shows basic parameters for two runs, A and B, 
carried out in the pilot in Figure 3.6 with almost identical superficial 
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mass velocity and operating conditions. The major difference was the 
FFO/C and the average heat flux [120]. If the reaction had an impact, 
larger heat transfer coefficients would be expected for operating 
conditions with a larger reaction duty as seen in run B. 

Table 3.2 Impact of reaction on heat transfer coefficients. Comparison of data sets at 
different operating conditions. Pilot plant in Figure 3.6. 



Run A 

Run B 

Superficial mass flow (kg/m 2 /s) 

19.8 

20.9 

Average heat flux (kW/ nr) 

109. 

133. 

Relative flow of CH 4 (%) 

100. 

150. 

h 2 o/c 

2.45 

1.46 

Conversion of CH 4 (%) 

71 

58 

Reaction/heating (%) 

77/23 

78/22 


The corresponding temperature profiles recorded are seen in Figure 
3.9. 

It is seen that Run B with the high reaction duty and the low FFO/C 
requires higher tube-wall temperatures to transfer the 22% larger duty. 
The distribution between reaction and heating of the transferred duty is 
almost identical in the two runs, so the reaction duty is also 22% larger in 
RunB. 

The superficial mass velocity is slightly higher in Run B compared 
with Run A, but Reynolds numbers are almost identical due to 
differences in viscosity. After taking the differences in transport 
properties due to the smaller water concentration in Run B into 
consideration, the calculated difference between correction factors to the 
heat transfer coefficient is less than 1% to simulate the temperature 
profiles in the catalyst bed properly. It is hence concluded that the 
conventional Nu-Re number formulation in Equation (3.25) using the 
superficial mass velocity as key parameter is sufficiently accurate and 
that the reaction itself only has a negligible impact on the size of the heat 
transfer coefficient. This observation is in agreement with [520]. 
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Axial distance (m) 

Figure 3.9 Experimental temperature profiles for runs A and B in Table 3.2. Catalyst 
temperature profiles are similar in the two runs. 


3.3.4 Pressure drop 

To calculate pressure drop in a fixed bed, the Leva equation or the Ergun 
equation [199] is usually used. The two equations are shown below. 

The functional form of Equation (3.28) of both equations has been 
derived by assuming that the void volume can be converted to an 
equivalent tube. Both equations are valid in the laminar and turbulent 
regions. The Leva equation depends on the values of the friction factor f m 
and N, which for turbulent flows are 0.7 and 2, respectively, and the first 
term in the Ergun equation diminishes in the turbulent region. The two 
functional terms are consequently almost identical in the turbulent region 
- Re>1000 - except for a constant. This correction constant must, 




Technology of Steam Reforming 


177 


however, always be determined by experimental measurements since the 
pressure drop depends strongly on the surface smoothness of the particle. 
Leva: 


AP _ 2-fm-G 2 (l-s) (3 ~ N) 

Az P s 3 -d p 'i|/ (3 - N) 
Turbulent regime: 
fm “0.7 
N«2 


(3.28) 


Ergun: 

AP 150-p-G (1-s) 2 1,75-G 2 1-e 

Az p-v|/ 2 -d p 2 s 3 P' ¥' d p g 3 

The particle size enters the equations through the volume equivalent 
particle diameter, d p , and so-called surface shape factor, \|/, defined as 

deq = ^Vp ^ = ~ d eq= d p'¥ (3-29) 

where V p is the actual particle volume and S x its surface area [440]. The 
equivalent particle diameter, d eq , is identical to the one used in 
calculation of the catalyst effectiveness factor. 

The shape factor is valid for a full cylinder and for similar particles. 
For particles with one or more hoies, the usual shape factor concept 
predicts too large pressure drops [119]. It appears that the flow through 
the inner hoies is not just a function of void for all particle shapes. 

A key variable in Equation (3.28) is its dependence of the void 
fraction, s, and the dependence shown above is the background for the 
simplified relative pressure drop equation in Figure 3.3. 

Flow pattems in a narrow fixed bed are complex, so experimental 
measurements at industrial superficial gas velocities are necessary to 
determine pressure drops for new catalyst shapes. Such experiments need 
not include a reaction. 
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3.3.5 Convective reform ers 

In a tubular reformer the product gas exits the reformer at temperatures 
around 700-95 0°C and the flue gas exits at temperatures around 900- 
1100°C. This implies that significant intemal temperature differences in a 
tubular reformer are found, and that heat recovery is important to limit 
the amount of lost thermodynamic work in the process (refer to Figure 
2.2 and Section 2.1.3). 

In a convective reformer, however, flue gas and product gas are 
further cooled by heat exchange with the catalyst bed through inner or 
outer channels as shown schematically in Figure 3.7. The intemal 
temperature differences are decreased, thus limiting the lost work, but 
due to the smaller temperature differences higher metal temperatures 
may be found so the design constraint has focus on finding appropriate 
construction materials allowing convective heat exchange at high 
temperatures. 

Cooling of the product gas can be carried out by “adding” a bayonet 
tube in the catalyst bed (refer to the Topsøe TBR reformer mentioned in 
Section 2.2.3) [20]. If the fuel is natural gas combusted with a 
stoichiometric amount of air, the adiabatic flame temperature is above 
2000°C. The object of a convective reformer will then be to recover the 
heat from this stream until the outlet temperature is as close as possible 
to the process inlet temperature. In a fired tubular reformer, heat is 
mainly transferred by radiation allowing an almost stoichiometric 
combustion. Gas radiation emissivity decreases strongly below 1000°C, 
so the low-temperature heat must be transferred by convection. In 
practice this transition between radiation and convection is the major 
design challenge for convective reformers, as convection gives higher 
material temperatures due to the improved heat transfer. 

The convective reformer is compact, but has larger heat transfer areas 
compared with a tubular reformer due to the smaller heat transfer 
coefficients in the cold end. A fair comparison should thus include the 
heat exchange areas in the waste heat section in the tubular reformer, but 
still the fired tubular reformer remains the most economical solution for 
large-scale reforming. The economy of scale is more advantageous for a 
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tubular reformer, whereas a convective reformer has an upper size for 
each module so many modules are needed for large plant sizes. 

In practice a fired convective reformer is feasible only in processes 
where fuels with small heating values are available or when heating can 
be provided from other sources such as He from a nuclear reactor in the 
ADAM-EVA process (refer to Section 2.7) [464]. Fuels with small 
heating values are present as off-gases from product purification, e.g. the 
off-gas from a PSA unit in a hydrogen plant (refer to Section 2.2.2) or 
the anode exit stream in a fiiel cell plant (refer to Section 2.3.1). In 
particular the emerging interest in large fuel cell plants (>1MW) has 
resulted in many new convective steam reformer designs. 

Other applications of convective reforming are associated with 
recovery of the process gas heat in ammonia and methanol plants [395] 
[479] and lately also in ATR-based syngas units for GTL plants as 
discussed in Chapter 2. Design and simulation of such a reformer is 
shown in [519], where the two-dimensional heterogeneous model has 
been applied using the kinetics in [525]. A homogeneous model has also 
been used, and almost identical temperature profiles have been found. 



Flue gas inlet (1200°C) 

Figure 3.10 A Topsøe convective reformer. Broman et al. [89]. 
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The principle in the Topsøe convective reformer from the plant 
shown in Figure 2.7 is shown in Figure 3.10 above. 

The reformer in Figure 3.10 is applied in a hydrogen plant where the 
flue gas has an adiabatic inlet temperature close to 1200°C. It is cooled 
by counter-current heat transfer with the catalyst bed in a system where 
the flue gas in the bottom is added gradually. The product gas is cooled 
in a bayonet tube. 

Another convective reformer is shown in Figures 3.11 and 3.12. It 
was developed for use in low-pressure systems where a diluted fuel is 
available as off-gas from a fuel cell [475]. The reformer has two parallel 
catalyst beds. The bumer is located in the centre and the flue gas is added 
between the two beds where the catalytic reaction can absorb the heat to 
limit wall temperatures. By use of this mechanical configuration, the flue 
gas has co-current flow in the second bed and counter-current flow in the 
first bed to extract as much heat as possible. Results are shown in [114] 
[502], 



Figure 3.11 Topsøe convective steam reforming pilot, Houston, Texas. Capacity 

1000 Nm 3 H,/h. 
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Figure 3.12 A convective reformer concept. Udengaard el al. [502], A bumer in the 
centre tube and flue gas are cooled by two concentric catalyst beds with internal heat 
exchange to cool the product gas. 


3.3.6 Tubular reformer furnace chamber 

The purpose of the fumace in the tubular reformer is to provide the heat 
of reaction as energy efficient as possible. The fumace is often the 
largest single equipment item in a syngas process and it contributes a 
major part both of the exergy losses and the total cost. 

The model for the tubular reformer fumace must provide: 

- Outer tube-wall temperatures; 

- Catalyst tube heat flux profiles; and 

- Flue gas exit temperature. 

All these properties depend on the fumace configuration (refer to 
Figure 3.4), bumers, fuel type and how the firing is carried out. The 
major part of the energy is transferred by radiation, so the fumace acts as 
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the “source”, whereas the “sink” is a tube side reactor model such as the 
two-dimensional model shown in Section 3.3.1. 

A proper optimisation of a steam reformer must always be based on a 
fumace model, since the delivered heat flux profile is bounded by the 
fumace configuration and the flexibility of the bumers. Seen from an 
exergy point of view outer tube-wall temperature and heat flux profiles 
may decrease the exergy losses [335], but it should be checked if they 
can be provided by a fumace. 

Figure 3.13 below shows on the left the sidewall-fired tubular 
reformer seen from the end wall. The right figure shows ignited bumers 
on the wall to the left and catalyst tubes on the right side. 
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The “source” model for the fiimace is a radiation type model using 
the radiation behaviour in the fiimace as defined in Hottel and Sarofim 
[243]. Earlier examples are a single gas - single grey zone model [305], 
and a single gas - speckled surface fumace model [463] for the sidewall- 
fired fiimace. Both models assume a well-stirred fumace and constant 
properties on the flame side. These models use a single gas temperature 
and cannot predict the impact of a change in firing pattem. Similar 
considerations can be used for the terrace wall-fired reformer, whereas 
the top-fired reformers have large gradients so modelling requires the 
flame to be taken into consideration. 

A rigorous fumace model requires CFD and is intimately connected 
to the functioning of the individual bumers. Originally bumers were of a 
premix type with no preheat of combustion air, but in order to increase 
firing efficiency, combustion air preheat is now common, but this 
increases NOx formation. New bumer design decreases NOx formation 
by delayed mixing of fuel and combustion air streams to limit maximum 
temperatures in the flame. Modelling of such bumers requires full CFD, 
but for the daily work it may be sufficient to use a model with lumped 
parameters for given bumer types to determine flame lengths and 
combustion heat release. Rao et al. [358] and Plehiers and Froment [352] 
have considered the bumers as point sources of radiative heat transfer in 
a sidewall-fired fumace. A model for a top-fired fumace is shown in 
[325]. 

In the multi-zone radiation model [243] the furnace is divided into a 
number of gas, bumer, furnace and tube wall zones and the radiation 
exchange between them is established. The flue gas flow is specified as 
net plug flow. In the top-fired fumace there is a net down-flow, whereas 
the sidewall-fired and the terrace wall-fired reformer fumaces both have a 
net upward plug flow of flue gas. In both cases a significant recirculation of 
combustion gases takes place, so it is allowed to assume that a zone size 
with homogeneous properties similar to a stirred-tank reactor can be 
selected. The method requires evaluation of a large number of radiation 
direct exchange areas, but to simplify the model, the following is 
assumed: 
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- The furnace is symmetrical around the tube plane; 

- The temperature along the length of a tube row is constant at a 
certain axial distance from the top so that the exchange areas can be 
summed up to one area; 

- The tubes are modelled as a grey plane with an average emissivity 
depending on spacing and actual tube emissivity; 

- The combustion gas is mixed completely with the flue gas in the 
burner gas zones; 

- The flue gas can be modelled as a one-clear + three-grey gas 
radiation model with parameters depending on the ratio H 2 O/CO 2 ; 
and 

- The burner combustion profile and flame length must be decided. 
This requires CFD to create simplified models. 


The furnace is divided into zones. By use of the methods in [243] 
[362], the direct exchange areas are calculated using simplified 
geometrical approaches or they may be calculated using a Monte-Carlo 
technique [352]. The direct exchange areas are then converted to total 
exchange areas and finally to directed flux areas, which are the ones 
used in the balance equations by the methods in [243]. 

Each gas volume zone, i, has a gas temperature T g-i and each surface 
zone has a surface temperature T Sji . 

The balance for a surface zone, i, expresses that the incoming 
radiation flux from all other surface, k, and gas zones, 1, minus the 
outgoing radiation flux plus the heat flux delivered by convection from 
the adjacent gas zone minus the heat flux through the zone surface is 
equal to zero. A surface equation is then: 


Zs k s ; ■ <r■ T s 4 k +ZGA ■ a■ Tgj - Z S kSi +Z°l S i U-Tsti + 
k 1 [ k 1 J 

Uj -A Sji • (T g ; -T si )-q s ,i ' A s,i =0 


(3.30) 


Note that the heat is only transferred by convection from the adjacent 
gas zone to either the tube using U t or the furnace wall using Uf. The heat 
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flux q is either going to the tube or is a heat loss through the fumace 
wall. 

For volume zone, i, the balance equation expresses that the incoming 
radiation flux from the other volume, 1, and surface zones, k, minus the 
adiation flux to the other gas and surface zones plus the net heat release 
is equal to zero. The net heat release in the zone includes the heat of 
combustion plus heating of the flue gas and minus heat delivered by 
convection to the adjacent surface zones. A volume equation is then: 


ZGTi ' CT 'Tgj +Z S kGi ' CT 'T s 4 k - X G l°i + X S k G i 'O-Tg,; - 


TJt,i ' A t,i '(Tg.i _T t,i)“U fii -A f ; -(T g>i — T s i ) + Q combi i -0. 


(3.31) 


The convection heat transfer from the gas volume has of course only 
contributions from the two neighbouring tube and fumace wall zones. 
The heat release in a volume zone Q CO mb is from the combustion. For a 
sidewall-fired reformer it can be calculated considering the bumer as a 
point source [352] [358] or simply as a duty heat release in the nearby 
gas volume assuming a well-stirred combustion. For a top-fired fumace 
an appropriate duty heat release model must be used. 

The advantage of the formulation described above in the zone model 
is that once the models for the flue gas and the furnace geometry have 
been selected, the cumbersome evaluation of the direct exchange areas 
need only be carried out once for a particular geometry. 

The final zone model results in a number of coupled non-linear 
equations as shown above. The combination with the catalyst tube model 
is carried out by converging the heat flux profiles in the two models. 

Verification of the furnace model requires data from industrial 
fumaces, but such units can by nature only operate at pre-determined 
operating conditions. Good agreements are shown in [352] [525]. 

The simplified fumace model described above has also been verified 
against detailed measurements on the pilot reformer in Figure 3.6. Figure 
3.14 below shows a comparison between measured and calculated outlet 
catalyst temperatures and flue gas temperatures for a number of different 
operating conditions [120] and it is seen that good agreement is obtained. 
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Figure 3.14 Verification of furnace model - significant variation of operating conditions. 
Loads from 50-200%. Measurements as points - trend line is shown. 


For the sidewall-fired furnace changing the firing profile may be 
necessary. A comparison between the measured and calculated flue gas 
temperatures when closing bumers from the top in the same runs is seen 
in Figure 3.15 [120]. 
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Figure 3.15 Verification of furnace model - reducing bumer loads. S/C=2.5, T out =850°C, 
q av =109 kW/m 2 . Burners counted from bottom of furnace. Measurements and calculated 

values as points. 
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Recording of measurements is seen in Figure 3.16. 
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Figure 3.16 Verification of modelling. One of the authors (LJC) measures flue gas 
temperatures using an exhaust pyrometer. 


In spite of good results using a simplified bumer model it is evident 
that CFD is the proper tool to model a fumace, but a simplified realistic 
model is necessary in the daily work. A comparison between a full CFD 
model and the simplified burner model is shown in [330], where CFD 
has been used to calculate exact flow and temperature fields in the 
sidewall-fired fumace using appropriate bumer models. It is evident that 
modelling of flue gas exit flows in the top of a sidewall-fired furnace and 
also the flow distribution in a top-fired fumace along the walls requires 
CFD. 

3.3.7 Tubular reforming limits of operation 

The limit of operation of a tubular steam reformer is often requested. 
One such limit is the maximum metal temperatures on the catalyst tubes 
(refer to Section 3.2.2), but it must also be known how this limit is 
influenced by variations in the catalyst activity and heat transfer. 

This can easily be calculated by extrapolating the models shown 
above, but a check has also been carried out on the pilot in Figure 3.6. 
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Three individual runs were performed, where the firing profile was 
changed as dramatically as possible. A survey of the runs is shown in 
Table 3.3 [120]. 


Tab le 3.3 Determination of the operating limit by changing the firing profile. Load of 
CH 4 , 120%, H 2 0/C=3.3, T out =820°C, q av =132 kW/m 2 . 


Run A 

Run B 

Run C 

Equal firing in 5 rows 

No firing in bottom row. Equal 
firing in the other 4 rows. 

Only firing in the 2 bottom 
rows. 


The temperature profile in Run A corresponds to an ordinary 
sidewall-fired furnace. The temperature profiles in Run B allow 
establishment of reforming equilibrium at the outlet due to the reduced 
firing in the bottom. The profile in Run C simulates maximum heat flux 
at the very bottom similar to a bottom-fired reformer. It is evident that 
such changes can only be performed in a pilot plant. 



Figure 3.17 Operating limit. Temperature profiles for runs A, B and C in Table 3.3. Axial 
distance from top of tube. Measurements as points. Lines are connecting points. 
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The recorded temperature profiles are shown in Figure 3.17 and it is 
seen that the difference between the tube-wall temperatures in the bottom 
was up to 100°C. 

The simulations can be used to calculate the approach to chemical 
equilibrium for the reaction in the tube. Figure 3.18 shows the measured 
temperature approach to equilibrium at the very bottom of the reformer 
as a function of the calculated local heat flux. 



Figure 3.18 Measured temperature approach to the methane reforming reaction at the 
outlet of the reformer as a function of local heat flux for the three runs, A, B, and C. 

It is seen that the relationship is almost linear as will be further 
discussed in the example in Section 3.5.1. 

It is evident that a high activity catalyst is able to absorb even very 
high local heat fluxes and maintain a condition close to chemical 
equilibrium. 

3.3.8 Micro-scale steam reforming reactors 

Micro-scale plate-type reformers and multi-channel reformers are being 
developed for compact units for small-scale operation [188] [282] [319] 
[488] - for instance for the use in cars. A hetter catalyst utilisation 
(larger catalyst effectiveness factor) can be achieved by catalysing the 
heat transfer surfaces (catalysed hardware) and by leaving the tubular 
constraint [166] (refer to Section 1.2.4). Some designs involve a 
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reforming catalyst on one side of the metal wall and a combustion 
catalyst on the other side [252] [476] [488] [511] as illustrated in Figure 
3.19 below. 


Next module 



Reforming catalyst 


Oxidation catalyst 


Figure 3.19 Principle of methane reforming micro-scale reactor with coupling to the 

combustion side. 


This implies that the heat needed for the reforming reaction is provided 
by conduction, but still the heat transfer over the gas film determines the 
heating up of the process gas. The multi-channel reformer designs are 
compact with estimated hourly productivities in the order of 1000 
Nm 3 Ffr/m 3 reactor/h [319] [488]. The multi-channel reformers may 
result in fast heating up of the feed stream within milliseconds [313], 
hence with a possibility to avoid coke from thermal cracking in 
preheaters and over deactivated catalyst. 

Fligh heat fluxes (100 kW/m 2 ) can be obtained in spite of the mainly 
laminar flow in the multi-channel systems, where the Nusselt number is 
constant. This is mainly due to the short distance for heat transfer and 
temperature driving forces around 100°C as described by Flaynes [223]. 

The micro-channel reformers used show high heat transfer rates and 
the design achieves a high productivity per volume [295]. Flowever, 
there is little economy of scale and the feasibility is limited to small- to 
medium-size capacities. 

Rigorous modelling must take the selected geometry into 
consideration and this usually requires CFD. It must, in addition to heat 
transfer across the wall and film mass and heat transfer between the 
gases and catalysts, also include axial heat conduction in the metals due 
to steep temperature profiles. In addition transient behaviour and 
interaction between the steep temperature profiles must be understood 
for a proper design, especially when a reasonable catalyst deactivation is 
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assumed. Scale-up is formally simple since it includes adding modules 
on the top of each other, but a scale-up must in addition to proper 
manifolding and gas distribution also consider the possibility of leaks, so 
in practice full-scale experiments will be necessary, in particular to 
investigate the long-term behaviour [166]. 

3.4 Modelling of the catalyst particle 

The heterogeneous reactor model requires catalyst effectiveness factors. 
They are found by solving the coupled mass and heat transfer model for 
a catalyst particle. For simple rate expressions and particle geometries, 
such as spherical and long cylinders, analytical Solutions are available in 
Froment and Bischoff [199] and Aris [24], The effectiveness factor can 
in this case be calculated from the Thiele modulus, <)>, which is 
proportional to the characteristic particle diameter, d eq . For large values 
of the Thiele modulus, the effectiveness factor becomes reverse 
proportional to the Thiele modulus and hence the equivalent particle 
diameter as shown in Figure 3.3. For industrial catalyst particles - such 
as those shown in Figure 3.3 - it is formally necessary to use 3- 
dimensional CFD, as done by Dixon et al. in the steam reforming model 
for narrow tubes [484]. For the catalyst particles with hoies CFD was 
used by Alberton et al. [14] using the kinetic expressions by Xu and 
Froment [525]. They found that the effectiveness factor varied linearly 
with surface-to-volume ratio or the reverse d eq as seen in Equation (3.29) 
confirming the limiting value of the effectiveness factor as the reverse 
ordinary Thiele modulus, but significant variations depending on kinetics 
and operating temperatures were found. In [310] similar considerations 
could also be simplified to a linear model. 

Below is shown the derivation using spherical geometry based on 
[113]. The spherical geometry is seldom used in steam reforming, but 
conversion to other particle shapes can be carried out using the 
equivalent particle diameter as described by Aris [24]. 
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3.4.1 Catalyst particle model 


The basic steady-state diffusion mass transport balance equation for 
formation of component A in a particle in spherical geometry is: 


D 


eff,A 


d C 


a + 2 dc A | 


dr z 


dr 


f It ini. A ' Pp D 


(3.32) 


It is assumed that the effective diffusion coefficient is independent of 
the radial distance in the pellet. This is discussed further in the next 
chapter. 

The boundary conditions in the centre and at the surface are: 


^A = 0 at r = 0 
dr 

C A =C 


(3.33) 


surf,A r fp 


where C SU rf,A is the surface concentration of component A. 

The differential equation describing heat transport in a spherical 
catalyst particle is: 

tl 

dr 2 


X rlT3- + 7V( + S R int,j<-AH j )- Pp = 0 


(3.34) 


The summation is over all independent reactions. The boundary 
conditions are: 


dT 

— = 0 at r = 0 
dr 


(3.35) 


T = T, 


surf 


at 


where T sur f is the surface temperature of the particle. 

In addition to the particle equations for the inside of the particle, it is 
necessary to describe the equations for the surface conditions in order to 
combine them with the bulk conditions. 

The basic equations for mass transfer of a component A and heat 
transfer through the gas film are: 

N surf, A — k surf, A '(y surf, A — Ybulk.A) 

9surf = hsurf '(Tsurf _T bulk ) 

Correlations for the catalyst surface mass transfer coefficient k surf and 
the heat transfer coefficient h surf are seen in [199] [440]. They are usually 


(3.36) 
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only valid for spheres or full cylinders, but extrapolations to other 
particle shapes can be carried out by use of the equivalent diameter and 
the shape factor defmition in Equation (3.29). Using these simplified 
surface transfer equations in CFD calculations should be checked 
carefully. 

The last equation needed is the defmition of the catalyst effectiveness 
factor for reaction j: 


14-7t-r 2 ■ R int j -p p -dr 


—-Tl-Tp ' R int.bulk,j * P p 


(3.37) 


A mixture is thus described by one mass balance for each component 
as shown in Equation (3.32) and one heat balance as shown in Equation 
(3.34). 

Similar to the two-dimensional reactor model, the particle model can 
also be reduced to the solution of one differential equation for each of the 
independent reactions [113]. This is carried out by use of the key 
component concept. A key component is an active component in each of 
the independent chemical reactions not participating in other reactions. 
Usually the limiting reactant for a reaction is chosen as a key component. 

The reduction of the number of differential equations in the solution 
of the catalyst effectiveness factor problem is performed using the 
stoichiometric coefficients v LJ . The rate of production of component A 
from all R reactions is given in Equation (3.8) and a similar equation can 
be written for the production of key component k: 


R intkey,k -X V k,j R int,j (3.38) 

j 

If Rint,ke y ,k is known, R int j can be calculated from a similar equation: 

Rint,j ~ y , v i.k 'Rjnt.kfiv.k (3.39) 

k 

where v" 1 is defined as the inverted stoichiometric matrix for the key 
components. The dimension of the matrix is the number of independent 
reactions and it is calculated from a sub-matrix of Vij containing the 
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stoichiometric coefficients of the key components. In order to use this 
concept, the matrix must not be singular, which implies that the 
effectiveness factor can only be solved for independent reactions. 

The rate of production of each component to be used in (3.32) can 
now be calculated from the rate of productions of the key components as: 

R int,i = X V tj ' X V j,k R int.key.k (3.40) 

j k 

This equation also gives a relationship between the mass balance 
equations for each component (3.32) and the heat balance in (3.34) 
allowing an analytical solution after insertion of the boundary conditions 
(3.33) and (3.35) [113]. This allows calculations of temperatures and 
concentrations in the interior of a catalyst particle from the key 
component concentrations in the particle and the temperature and 
concentration at the surface. The next step is to combine this solution 
with the surface heat and mass flux equations (3.36) and the equation 
defming the effectiveness factor in Equation (3.37) by use of the surface 
mass flux relations for the key components [113]. The final equation is: 

k I rp 

- (f surf, k - C bulk,k) = —Jr 2 R i„ t ,k • Pp ' dr (3.41) 

k-tot r- Q 

This equation is used as an integral boundary condition at r=r p , where 
the surface concentration C sur i;k is the unknown function. 


Note 

The final model hence includes one ordinary second-order differential 
equation (3.32) with an integral boundary condition at the surface 
(3.41) for each of the reactions. The numerical solution of the catalyst 
effectiveness factor can be carried out using the orthogonal collocation 
method by Villadsen and Michelsen [512]. The steam reforming 
reaction takes place mainly in the outer shell of the catalyst particle, 
since large particles are used to limit pressure drop. In this case it is 
advantageous to divide the catalyst pellet into two sections, an inner 
section and an outer section, divided by a spline point and with an 
appropriate coupling between the two sections. The spline collocation 
method has been used by [525] and [181]. A description of the method, 
spline collocation, can be found in [512], 
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3.4.2 Effective diffusion coefficients 

Effective diffusion coefficients in catalyst particles are calculated as 
functions of bulk gas diffusion coefficients, pore volume distribution 
specified as particle porosity, s p , as a function of pore radius and the so- 
called tortuosity factor, x, which describes the actual “road” a molecule 
must travel. The use of different effective diffusion models is discussed 
in the literature [199] [436] and performance of measurements in [221]. 
Below is shown the basic parallel pore model, where the effective 
diffusion coefficient, D e ff, is calculated from the particle porosity, the 
tortuosity factor, and the diffusion coefficient in the bulk and the 
Knudsen diffusion coefficient, D bu ik and D K [199] [389] [440] as: 

Deff ~~~~' . 1 . (3-42) 

T 1 1 

- 1 - 

Dbuik D k 

The contribution from each pore segment is considered to be parallel 
so the individual contributions are simply added. 



Figure 3.20 Pore volume distribution of typical reforming catalyst [389]. Reproduced 
with the permission of Springer. 
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Dbuik decreases proportionally with pressure, whereas D K is 
independent of pressure and proportional to the pore radius, R p . Pore 
volume distributions for typical reforming catalysts are shown in Figure 
3.20 [389]. Catalyst A represents a typical high-temperature ceramic 
catalyst with low surface area, whereas higher surface areas have been 
obtained in catalysts B and C. 

The effective diffusion coefficients of molecules in catalyst pores at 
the high pressures of industrial reformers are dominated by the bulk 
diffusion coefficient, whereas the Knudsen diffusion has significant 
influence at atmospheric pressure. This is illustrated in Figure 3.21. 
Consequently, low-pressure laboratory tests of large catalyst particles 
can be misleading for evaluation of the activity of reforming catalysts 
and they must aim at determination of the intrinsic activity with 
relatively fine catalyst powders. 



Figure 3.21 Effective diffusion coefficients of typical reforming catalyst [389]. 
Reproduced with the pemiission of Springer. 
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3.4.3 Simulation of a hydrogen plant reformer 

Simulation of tubular steam reformers and a comparison with industrial 
data are shown in many references, such as [250]. In most cases the 
simulations are based on measured outer tube-wall temperatures. In [ 181 ] 
a basic fumace model is used, whereas in [525] a radiation model similar 
to the one in Section 3.3.6 is used. In both cases catalyst effectiveness 
factor profiles are shown. Similar simulations using the combined two- 
dimensional fixed-bed reactor, and the furnace and catalyst particle 
models described in the previous chapters are shown below using the 
operating conditions and geometry for the simple steam reforming 
fumace in the hydrogen plant, Examples 1.3, 2.1 and 3.2. Similar to 
[181] and [525], the intrinsic kinetic expressions used are the Xu and 
Froment expressions [525] from Section 3.5.2, but with the parameters 
from [541]. 

The resulting temperature profile on the outer tube wall, the average 
catalyst temperature and the concentration of CH 4 down the tube are 
shown in Figure 3.22. 



Figure 3.22 Flydrogen plant. Temperature and CFFi concentration profiles. 
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The temperature approaches to methane reforming are shown in 
Figure 3.23 as well as the catalyst effectiveness factors for the reforming 
and shift reactions. 
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Figure 3.23 Hydrogen plant. Temperature approach to equilibrium and catalyst 
effectiveness factors. 


Similar to the results in [181] and [525] it is seen that the reactions 
are close to equilibrium in the major part of the tube and that the 
effectiveness factors for both reactions are correspondingly low. Note 
also that the effectiveness factor for the shift reaction is positive in the 
top, crosses a line with zero effectiveness factor, and is negative in the 
bottom. The reason is that the shift reaction should not be regarded as 
independent, but it simply follows the methane reforming reaction inside 
the particle where it may go in the opposite direction than in the bulk 
phase. In [525] it is shown that the effectiveness factor profile for the 
shift reaction has a vertical deflection tangent where the effectiveness 
factor changes sign. This shows that the effectiveness factor concept is 
valid for the limiting reaction only. 
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3.5 Re action kinetics 

3.5.1 Industrial rates and the scale-down problem 

Most of the catalyst volume of the tubular reformer will operate close to 
equilibrium (refer to Figure 3.23), and the primary driving force for 
reaction is the change of methane concentration at equilibrium with the 
increasing catalyst temperature. This will be illustrated in the example 
below. 


Example 3.5 

In the catalyst particle, the steam reforming reaction approaches 
chemical equilibrium, where all reactions become first order in their 
limiting component. This implies that a simplified intrinsic rate 
equation may be written as the following function of the distance to 
equilibrium [389]: 

R int,CH 4 =kint(V CH4 ~P C H 4 ,equil) 

It is convenient to insert the ratio [3 between the reaction quotient, Q r , 
and equilibrium constant as an approximation for the ratio between the 
equilibrium and actual CH 4 concentrations: 

p Q r PCQ-Ph, _ P C H 4 ,equil 
K eq PCH 4 'Ph.O ' K eq P C h 4 

At equilibrium [3 is exactly equal to unity. The rate equation can then 
be written as: 

R int,CH 4 =k int ’PCH 4 (1 _ P) 

[3 is also related to the temperature approach to equilibrium. This can 
be seen when approximating the equilibrium constant by ln(K eq )=A- 
B/T eq and similarly ln(Q r )»A-B/T (B is positive). The resulting 
equations can be written as: 

1 B = 1 ~ T - Teq = AT ref 

^eq 

If Equation (3.5) is simplified to the one-dimensional model by 
neglecting the radial concentration gradient and a constant gas density 
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is assumed, the mass balance equation for the one-dimensional model 
can be written after insertion of the intrinsic rate equation for CH 4 as: 

4p ch 4 

~~ u —J-= 0 CH 4 ' R int,CH 4 ■ P bulk ~ AT ref 


The equation can be further simplified after multiplication with 
dT/dT and assuming that the temperature gradient of the methane 
concentration is equivalent to the equilibrium concentration temperature 
gradient. The equation can now be rewritten as: 


AT ref 


dp CH„ dT dp CH 4 ,equil dT 

u-s-u- 

dT dz dT dz 


This implies that increasing load or temperature gradient will result 
in a larger approach to equilibrium. This was discussed in Section 3.3.7, 
Figure 3.18. In an adiabatic reactor (prereformer), dT/dz approaches 
zero as the reactor approaches equilibrium, meaning a small reaction 
rate in most of the reactor. 


A low effectiveness factor - see Figure 3.23 - implies that the 
effectiveness factor and thus the effective rate for the steam reforming of 
methane is inversely proportional to the Thiele modulus [199] and hence 
the equivalent particle diameter assuming that the particle is isotherm. 
For a first-order equilibrium rate expression, a general effectiveness 
factor can be evaluated as shown in [199] [389]. For a large equilibrium 
constant, this equation can be simplified to: 

R C H 4 ~~ —'k intjV0 i ' p ch 4 (1 P) (3-43) 

deq 

The rate constant must be measured in gas volume per particle 
volume for a proper conversion, so the conversion from the mass particle 
based k int requires the molar volume of the gas. In addition it is also 
assumed that the particle is isothermal so in practice conversion of 
intrinsic rate to effective rate requires fitting of the rate constant. Most 
important is, however, that the effective energy of activation is half the 
intrinsic value and that the rate is inversely proportional to the equivalent 
particle diameter. At reactor conditions the catalyst bulk density must be 
used for a comparison of the activity of different catalyst particles as 
shown in Figure 3.3. 
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If such an effective rate equation is used in the hydrogen reformer 
example in Section 3.4.3 instead of the intrinsic one from Section 3.5.2, 
no apparent difference between the temperature and concentration 
profiles in Figure 3.22 can be observed, which confirms that the 
effectiveness factor in a high-temperature tubular reformer is low. At 
lower temperatures, such as those relevant for a prereformer, the 
simplifications in the conversion are not correct and intrinsic kinetics 
must be used. 

As for many industrial reactions, the high reaction rate means strong 
transport restrictions and the reaction is also characterised by a high, 
negative heat of reaction. Consequently, the reforming process is subject 
to significant mass and heat transport restrictions having the potential of 
making it difficult to investigate the reaction fundamentally at laboratory 
scale; laboratory results can thus easily be misleading. 

The scale-down to laboratory reactors involves a change of a number 
of reaction conditions [415] [393]. Industrial reactors operate at high 
superficial gas velocity and Reynolds numbers (Re= 1000-10000), but 
laboratory reactors typically operate at much lower Reynolds numbers, 
implying that the resistance to convective heat and mass transfer around 
each particle is significantly larger. It is evident that neither heat fluxes 
nor mass flows can be reproduced in laboratory bench-scale units. 

In laboratory experiments, the resistance to transport in the gas phase 
near the catalyst particle may be so large that the gas at the extemal 
surface of the catalyst pellet will be very close to equilibrium. 
Consequently, in investigations of reforming of higher hydrocarbons, 
there will hardly be any higher hydrocarbons left at the catalyst surface. 
This can easily lead to fallacious results, for instance, in 
thermogravimetric analysis (TGA) experiments with low gas velocities 
[390]. It is essential to know the catalyst temperature or to be able to 
estimate it. Even in investigations of small catalyst particles designed for 
measurements of intrinsic rates, temperature gradients can be substantial, 
as shown in Figure 3.24 [403] [415]. Evidently it is difficult to achieve 
gradientless reactor performance at temperatures above 600°C with 
normal industrial catalysts. The temperature gradients may easily lead to 
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the measurement of apparent activation energies that are lower than the 
actual values. 

At the high gas velocities required for measuring intrinsic rates at low 
conversions away from equilibrium, the lack of back-diffusion of product 
gases may lead to oxidation of the nickel catalyst, as methane behaves as 
an inert in the Ni/NiO equilibrium (refer to Section 4.1). The problem is 
solved by addition of hydrogen to the feed. Axial dispersion also plays a 
significant role in detennining the stability of Carbide catalysts (refer to 
Section 4.1). 



Figure 3.24 Temperature gradients in steam reforming gradient-less micro-reactors 
[403] [415], H 2 0/CH 4 =4; FFO/F^IO, P=1 bar abs. The calculations were made for a 
heterogeneous one-dimensional reactor model for various catalyst particle diameters, d p . 
Xu and Froment kinetics [525] were used. ATf llm represents the temperature drop from the 
bulk gas phase to the surface of the catalyst particle. 
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An alternative to kinetic measurements in gradientless reactors is to 
measure pellet kinetics by using industrial-size pellets in intemal recycle 
reactors, which at high recycle rates approach the character of a perfectly 
mixed continuously stirred tank reactor (CSTR). By varying the feed 
rate, it is possible to determine the kinetics at the high conversions 
encountered in large-scale refonners. However, the mass velocity in the 
reactor is still one order of magnitude lower than that in an industrial 
reformer [393]. Therefore, temperature gradients caused by the 
reforming reaction cannot be eliminated, and it is necessary to measure 
the catalyst pellet temperature in addition to the gas temperature. For this 
purpose, a thin thermocouple may be fitted in a drilled hoie in one of the 
pellets. Figure 3.25 shows the basis for measurements [393] as calculated 
by the method in Section 3.4. 




Figure 3.25 Steam refomiing of methane. Berty CSTR reactor [393], Temperature and 
concentration gradient. Reproduced with the pennission of Elsevier. 












204 


Concepts in Syngas Manufacture 


3.5.2 Intrinsic kinetics. Steam reforming of methane 


Various approaches have been applied to establish intrinsic kinetics of 
steam reforming of hydrocarbons [415]. 

The first kinetic studies of the steam reforming reactions were 
strongly influenced by diffusion restrictions [13] and it was not before 
the Temkin group [58] studied the reaction on nickel foils in the 1960s 
that more precise information was achieved [58] [271]. 

Early work on the kinetics of the steam reforming of methane [59] 
was based on the assumption that the methane adsorption was rate- 
determining, in agreement with the general assumption of a first-order 
dependence on methane concentration. Later work by Khomenko et al. 
[271] avoided the discussion of a rate-determining step; instead, the 
researchers inserted the quasi steady-state approximation in terms of the 
Te mk in identity [75], and the following rate expression was obtained for 
the temperature range of 470—700°C: 


R 


k'PcH, ‘Ph,o(1 - P) 


int,CH 4 


f (PH,O.PH,) 


1 + K, 


Ph 2 o 

Ph, 


(3.44) 


where f(p Hi 0 ,p H ,) is a polynomial in f(p H 2 o>PH 2 )- Equation (3.44) 
contains five temperature-dependent constants. 

Although attempts have been made to establish kinetics for steam 
reforming on the basis of a micro-kinetic approach [23] and lately on 
first principles [264], most work is based on empirical kinetics, which 
has been sufficient to develop highly sophisticated models for tubular 
reformers. 

There is a general agreement [58] [379] [516] that the reaction is 
first-order with respect to methane and that the activation energy is in the 
range of 100-120 kJ/mol. 

The comprehensive work by Xu and Froment [525] established a 
complex Langmuir-Hinshelwood expression, using a classic approach, 
on the basis of 280 measurements made with a Ni/MgAl 2 0 4 catalyst, but 
it is restricted to a narrow range of parameters: temperatures of 500- 
575°C, pressures of 3-15 bar and molar H 2 O/CH 4 ratios of 3-5. A 



Technology of Steam Reforming 


205 


number of rate equations were established on the basis of a mechanism 
involving 13 steps, assuming one of the steps to be rate-determining. 

It was shown that CO 2 is produced not only by the shift reaction, but 
also by steam reforming. Hence, rates for the three reactions were found 
to give the best agreement with the measurement: 


1: CHj + H,0 CO+3H, 
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2 : CO + H ,0 <-> CO, +H 9 
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3: CH , +2H,0 oCO, + 4H- 
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The denominator is: 


P H O 

Z = 1 + K a co -p co + K aH , -ph, +K a,CH 4 'Pch 4 +K a,H,o -~ (3.45d) 

Ph, 

Because the three reactions are not independent as required by the 
model for the effectiveness factor in Section 3.4.1, it is necessary to 
combine the three rates into two, one for the conversion of CH 4 and one 
for the production of CCT. 

P irU.CIl 4 “ R int.l ^ P int,3 ^ 46) 

R int,CO, = R int,2 + R mt,3 

These two expressions include five temperature-dependent constants. 
They show a small negative reaction order of the overall pressure, in 
agreement with the data of Figure 3.26. 
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Figure 3.26 Steam reforming of CFLi [415], Plug-flow reactor H 2 0/CH 4 =4, H 2 O/H 2 =10, 
and 0.2 g of Ni/MgAl 2 0 4 catalyst (with particle diameters in the range of 0.16-0.3 mm); 
space velocity=1.7 10 6 (vol. total feedgas/vol. cat. bed/h). Reproduced with the 
pennission of Elsevier. 

The negative reaction order was confirmed by measurements with 
industrial-size catalyst pellets in an intemal recycle reactor (CSTR, Berty 
reactor), as shown in Figure 3.27. 



Figure 3.27 Steam reforming of CF1 4 at various pressures [415], Data were obtained in a 
Berty reactor; T gas =600°C, FEO/CFf 4 =3, Fl 2 0/H2=5, mass of catalyst=20 g, catalyst pellet: 
cylinder with 7 hoies (diam./height/holes: 16/8/7x3 mm), space velocity=10 6 vol total 
feed/vol cat.bed/h. Reproduced with the pennission of Elsevier. 
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Table 3.4 Reforming kinetics. Parameters for Equation (3.45). Rate constants and 
activation energies [415], 


Parameter in rate 
equation 

Xu and Froment [525] 

Avetisov et al. [541] 

A 

(mol/g/h) 

E 

(kj/mol) 

A 

(mol/g/h) 

E 

(kj/mol) 

ki 

4.225-10 15 

-240.1 

1.97-10 16 

-248.9 

k 2 

1.995-10 6 

-67.13 

2.43-10 5 

-54.7 

k 3 

1.020-10 15 

-243.1 

3.99-10 1S 

-278.5 

K a ,CO 

8.23 TO' 5 

70.65 

3.35-10' 4 

65.5 

K a ,H 2 

6.12-10 -9 

82.90 

2.06-10' 9 

58.5 

K a ,CH 4 

6.65-10' 4 

38.28 

6.74-10' 3 

34.1 

K a .H,0 

1.77-10 5 

-88.68 

9.48-10 4 

-74.9 


Ni/MgAl 2 C >4 catalyst, Ni surface area estimated to be 3 nr/g. 


An alternative analysis of the data by Xu and Froment was carried out 
by Avetisov et al. [28] [541] involving more data and resulting in better 
agreement with calculated and measured values of partial pressures of 
CO. The kinetics constants are compared in Table 3.4 [415]. 

The model by Xu and Froment includes an unlikely negative heat of 
adsorption of steam which implies an increase in the coverage of oxygen 
atoms with temperature. Furthermore, the model includes a significant 
surface coverage by methane. Flowever, as discussed in Chapter 6, 
surface science studies show that methane dissociation does not proceed 
via an adsorbed precursor state. This inconsistency may be a result of the 
narrow range of the 1 I 2 0/CI l 4 ratio and the temperature applied in the 
investigation by Xu and Froment and, further, because the mechanism of 
the steam reforming reactions apparently cannot be represented by a 
single rate-determining step over a wide range of conditions. An 
alternative approach is to assume that the reaction is controlled by two 
steps. This was supported in early work [379] [389] and has been 
supported by recent fundamental studies [264] (refer to Chapter 6). 


Example 3.6 

When using Boudarfs approach for two-step kinetics [73] and the 
following simplified sequence with two irreversible steps [389] 
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CH 4+ n*^CH x —* n+ i^H 2 



CH X -* n +OH-*^CO + ^-!-H 2 +(n+l)* 

(3.47) 

h 2 o+*«oh-*+‘/ 2 h 2 

H 2 +2* 2H — * 



the following expression can be derived, assuming OF1-* 
abundant reaction intermediate (mari): 

as the most 

R int,CH 4 “ 

k 'Pch 4 


(3.48) 

1 + K H -Jph 2 +K w 

L ph w J 

n 


The support is probably involved in the reforming reaction by 
influencing the activation of steam. This phenomenon is reflected by the 
terms K a , H 2 o or K w or cxh 20 in power-law kinetics [379] [389] and by the 
overall pressure dependency of the reforming rate, as shown in Figure 
3.27. 


T °C 

750 650 550 450 



Figure 3.28 Steam reforming of ethane. Ni, MgO catalyst, temperature dependence of 
reaction order for water a H , 0 in a power-law kinetic expression [381], 
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Studies of steam reforming of ethane (1 bar, 500°C) [379] [381] 
showed that the reaction order with respect to steam varies with 
composition of the catalyst with presence of alkali resulting in large 
negative reaction orders. The retarding effect of water decreases with 
temperature as illustrated in Figure 3.28, thus avoiding the inconsistency 
with expressions (3.45). 

The work by Wei and Iglesia [516] confirmed the first-order kinetics 
with respect to methane (Figure 3.29), but with no impact on the rate of 
other reactants. 



Figure 3.29 Reaction kinetics. Steam reforming of methane. Ni cat. 600°C. Wei et al. 
[516], Reproduced with the permission of the authors and Elsevier. 


The work gives strong evidence that activation of methane is the rate- 
determining step. Isotope exchange studies on Ni/MgO catalysts of 
600°C with CH 4 /CD 4 showed no formation of mixed isotopes, which 
would have been the case if the methane adsoiption step was at 
equilibrium. Furthermore, Wei and Iglesia found no impact on the rate of 
other reactants. 

Similar results were obtained on a number of group VIII metals 
(Ni, Pt,Pd, Ru,Rh, Ir) [517]. The activity of the metals is discussed in 
Chapter 6 . 
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The results of Wei and Iglesia are in contrast to an overall pressure 
dependency being slightly negative as described above. The discrepancy 
might be related to the fact that the studies by Wei and Iglesia were 
carried out at high temperatures (580—730°C). From Figure 3.29 it may 
be deducted that the negative reaction order a H 2 o increases from -0.6 at 
500°C to an almost insignificant value above 600°C. A similar change to 
first-order kinetics at temperatures above 600°C was also observed by 
Avetisov et al. [28]. 

3.5.3 Steam reforming of higher hydrocarbons 

The steam reforming of higher hydrocarbons shows reaction orders with 
respect to hydrocarbons less than one [389] [497] as shown in Table 3.5. 
This reflects a stronger adsoiption of the higher hydrocarbons than of 
methane. 

Table 3.5 Steam reforming of higher hydrocarbons. Ni/MgO catalyst. 1 bar abs, 500°C. 
Intrinsic rates. Power-law kinetic expression in partial pressure (atm.abs) [389] [497]. 



Specific rate 
mol/nrNi/h 

E 

kJ/mol 

Kinetic order: 


C„H m 

h 2 o 

H 2 

methane 

0.061 

110 

1 . 

- 

- 

ethane 

0.12 

76 

0.54 

-0.33 

0.2 

n-butane 

0.138 

78 

- 

- 

- 

n-heptane 

0.16 

68 

0.2 

- 0.2 

0.4 


*) 500°C, 1 bar abs, H 2 0/C n H m =4, H,O/H 2 =10. 


The conversion of higher hydrocarbons on nickel takes place by 
irreversible adsoiption with only Ci components leaving the surface 
[389]. The first reaction step is probably related to hydrogenolysis: 

T 2 H 6 + H 2 <-> 2CH 4 -AH? 98 =65kJ/mol (3.49) 

The hydrogenolysis at low temperatures of hydrocarbons higher than 
ethane shows that nickel attacks selectively the ends of the chains [308] 
[389] by successive a-scission, in contrast to, for instance, platinum. This 
means that methane is the main product on nickel. 
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Hydrocarbons show different reactivities for the steam reforming 
reaction. Literature [346] [389] reports different sequences of reactivities 
depending on temperature and the active metal. 

Results in Table 3.5 show that methane has a lower reactivity than the 
higher hydrocarbons. The apparent activation energy is higher for 
methane than for ethane and n-butane, the two latter showing nearly 
identical activation energies. On a molar basis and at a given steam-to- 
carbon ratio, butane is less reactive than ethane, whereas the reactivities 
remain similar on a carbon atom basis. 

Other reforming studies [379] on pure hydrocarbons at 500°C and 
30 bar (representative of the inlet of a tubular reformer) showed that 
apart from benzene, most hydrocarbons present in normal naphthas are 
more reactive than methane. The molar reactivity decreased with 
increasing molecular weight for a given steam-to-carbon ratio, 
confirming the trend in Table 3.5. Accordingly, the reactivity of full 
range naphtha is less than that of light naphtha. This is illustrated in 
Figure 3.30 [386] [389], which also shows significant effect of benzene 
on the reactivity. 

The limitations in converting heavy feedstocks in tubular reforming 
appear to be related to the desulphurisation step rather than to boiling- 
point temperature range. When sufficiently desulphurised, light gas oil 
and diesel could be completely converted into Ci components. In 
practice, pore condensation in the desulphurisation catalyst dictates the 
feedstock limitation. 

Analysis of higher hydrocarbons in the reactor effluents during tests 
on pure hydrocarbons showed compositions very close to the one of the 
feedstocks [381]. Benzene represented an exception to this picture. 

For adiabatic prereformers it was demonstrated [347] that the axial 
temperature profile could be calculated simply from the fractional 
conversion of the higher hydrocarbons (naphtha), assuming all other 
components at equilibrium. 



212 


Concepts in Syngas Manufacture 



Naphtha, FBP 383K 
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Figure 3.30 Steam reforming of various hydrocarbon feedstocks, Ni/MgO catalyst, 

4.5x4.5 mm cylinders. H 2 0/C=4. [386], 

3.5.4 CO 2 reforming 

There is general agreement that CCF reforming on nickel can be 
described by the same kinetics as steam reforming [59] [81] [396] [516] 
[538], 

The change in mechanism in operation with carbon dioxide instead of 
steam would have little practical impact on reforming, because steam 
will be present not far from the inlet, but also in the centre of the catalyst 
particle as a consequence of the low effectiveness factors of catalysts in 
industrial reformers. CO 2 reforming results in lower atomic ratio of H/C 
which means a higher risk of carbon formation (refer to Section 5.2.4). 

It was found that for other metals than nickel, CO 2 reforming at 
500°C was slower than steam reforming [28] [396]. This was explained 
by different heats of adsorption of CO [396], This was not observed in 
the studies by Wei and Iglesia [516] [517] - probably due to higher 
temperatures applied. 


There are few studies of CO 2 reforming of higher hydrocarbons 
[357] [472], 



4 Catalyst Properties and Activity 


4.1 Catalyst structure and stability 

4.1.1 Reactions with the support 

The industrial catalyst is exposed to severe conditions in a tubular 
reformer involving steam partial pressures close to 30 bar and 
temperatures well above 800°C. The support should be able to withstand 
these conditions without loosing strength. Furthermore, it should not 
contain volatile components. Some of the support reactions are listed in 
Table 4.1. The conditions in prereformers are less demanding. 


Table4.1 Support reactions. 


Reaction 

R41 

Si0 2 +2H 2 <-»SiH 4 (gas) + 2H 2 0 

R42 

Si0 2 +2H 2 0 <-» Si(OH) 4 (gas) 

R43 

A1 2 0 3 +H 2 0 O-2A10(0H) 

R44 

A1 2 0 3 + KOH <-» 2KA10 2 +H 2 0 

R45 

MgO + H 2 0 <-> Mg(OH) 2 


High area supports such as y-alumina, chromia, etc. can be used for 
catalysts for low-temperature adiabatic reforming, but these supports 
suffer from substantial sintering and weakening at temperatures above 
500°C. The deterioration is strongly accelerated by the high steam partial 
pressure and stability tests at atmospheric pressure can therefore be 
misleading. Stabilisation methods applied in, for instance, auto-exhaust 
catalysts may become ineffective. 
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Catalysts stabilised with a cement may show shrinkagc and decrease 
in strength after exposure to high temperatures. Therefore, there has been 
a trend towards a greater use of ceramics-based catalysts. 

Because silica is volatile (Si(OH) 4 from Reaction R42 in Table 4.1) at 
high temperatures in high-pressure steam, it is now excluded from 
catalysts for steam reforming [85] [389], unless it is combined with 
alkali. For the same reason, silica-free materials are applied for the brick- 
lined exit gas collector and in autothermal reformers. Silica would be 
slowly removed from the catalyst (or brickwork) and deposited in 
boilers, heat exchangers and catalytic reactors downstream of the 
reformer. 

Alkali used as promoter to eliminate carbon formation may escape 
slowly from the catalyst. The alkali loss is enhanced by high temperature 
but may to some extent be controlled by addition of acidic components 
(refer to Section 5.3.3). The volatised alkali may deposit in colder parts 
of the plant where the resulting hydroxyl ions will strongly promote 
stress corrosion in stainless steel. Moreover, alkali may react with some 
catalyst support materials such as alumina-forming the weak p-alumina 
(refer to Reaction R44 in Table 4.1), resulting in a decrease in the 
mechanical strength. 

While resistant to high temperature, catalysts based on magnesia are 
sensitive to steaming at low temperatures because of the risk of hydration 
(refer to Reaction R45 in Table 4.1) The reaction may result in 
breakdown of the catalyst because it involves an expansion of the 
molecular volume. The equilibrium constant for the reaction is plotted in 
Figure 4.1 [381]. It is seen that at the pressures typical of tubular 
reformers, hydration cannot take place at temperatures above 
approximately 350°C. Kinetic studies of the hydration reaction have 
shown that magnesia reacts via liquid phase reaction in which water 
condenses in the pores. Therefore, the rate depends on the relative 
humidity of the atmosphere, and in practice hydration is a problem only 
when the magnesia-based catalyst is exposed to liquid water or is 
operated close to the condensation temperature [381]. Hydration is 
eliminated for carriers where magnesia has reacted with alumina to form 
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magnesium aluminium spinel (MgA^CU). The spinel support is robust 
and can withstand high operating temperatures. 


T/K 

900 700 600 500 400 



Figure 4.1 Equilibrium steam pressure for Mg(OH) 2 =MgO+FI 2 C> [381], 
Typical reactions between nickel and support are listed in Table 4.2. 


Table 4.2 Nickel reactions with support. 


Reaction 


atto kJ 

-AH 298 - ~ 

mol 

R46 

NiO + Al,0 3 <-» NiAl 2 0 4 

5.6 for a-Al 2 0 3 

R47 

xNiO + (l-x)MgO <-> Ni x Mg!_ x O 


R48 

NiO + H 2 <-> Ni + H 2 0 

1.2 






216 


Concepts in Syngas Manufacture 


At steaming conditions at high temperature formation of the blue 
nickel aluminium spinel (Reaction R46 in Table 4.2) may start at 
temperatures above about 700°C [389], but a less well-defined 
interaction between nickel oxide and r|- or y-alumina is apparent already 
at lower temperatures. It is possible to form a “surface spinel” below 
600°C, which may hardly be identified by X-ray methods alone. 

A similar trend is observed for the reaction between nickel and 
magnesium oxide [389] (refer to Reaction R47 in Table 4.2). High 
temperatures favour the formation of the green, nearly ideal, solid 
solution of nickel and magnesium oxide, whereas less well-crystalised 
structures are found at low temperatures. Other reactions may lead to the 
formation of mixed spinels. 

4.1.2 Activation and nickel surface area 

The catalyst in industrial plants can be activated by various reducing 
agents such as hydrogen, ammonia, methanol and hydrocarbons added to 
steam [389]. The reaction with hydrogen (Reaction R48 in Table 4.2) is 
nearly thermoneutral and accordingly, the equilibrium constant, 
K p = p H 0 / p [ i . varies little with temperature. As indicated by the upper 
curve in Figure 4.2, metallic nickel will be stable with approximately 0.3 
and 0.6 vol% hydrogen in steam at 400°C and 800°C, respectively. 

In practice, K p may be lower, as the ffee energy of nickel oxide 
decreases due to interaction with the support material as illustrated in 
Figure 4.2. 

As an example, the free energy of nickel oxide dissolved in magnesia 
can be expressed by: 

G = G 0 + RT ln(x Ni0 ) (4.1) 

where x Ni0 is the mole fraction of nickel oxide in the ideal solid solution. 
For a given H 2 0/H 2 ratio, there will be a certain mole fraction of nickel 
dissolved in magnesium oxide. 

For practical purposes, support interaction and crystal size effects 
mean that reduced catalysts will be oxidised when exposed to steam 
containing small amounts of H 2 or to mixtures of steam and reducing 
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agents resulting in an equivalent oxidation potential. The actual 
equilibrium ratio depends on the structure of the individual catalysts. 


T/K 

1200 1000 800 700 600 500 



Figure 4.2 Equilibrium constants for catalyst reduction [389], Reproduced with the 
permission of Springer. 

The reduction of pure nickel oxide by hydrogen starts at temperatures 
of 200-25 0°C, Supported catalysts require higher temperatures to show a 
reasonable reduction rate. This may be ascribed to interaction with the 
support as indicated above. The addition of small amounts of platinum, 
palladium or copper to the catalyst may enhance the activation rate, 
probably by providing sites for the dissociation of hydrogen [389]. 
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When the formation of nickel aluminium spinel has taken place, 
temperatures above 800°C [389] may be required for complete reduction. 
Even without the presence of a spinel phase, alumina-supported nickel 
catalysts may show less reducibility, probably due to penetration of 
aluminium ions in the nickel oxide surface layers during the 
impregnation [364]. These efforts may be aggravated by oxide additions 
(La 2 03 , MgO) [366]. Counter diffusion of nickel and aluminium appear 
to be rate-determining for reduction of nickel present in spinel phases 
[389]. 

Magnesia dissolved in the nickel oxide phase, even in small amounts, 
drastically influences the reduction rate of nickel oxide. The diffusion of 
nickel ions in magnesia has a high activation energy (180 kJ/mol), 
probably because the nickel ion must diffuse from a preferred octahedral 
position through a tetrahedral position in the magnesia lattice [389]. 

Activation in industrial plants is usually carried out by means of the 
feed stream of steam and hydrocarbons and sometimes with hydrogen 
addition at a high steam-to-carbon ratio (5-10) and at low pressure [389]. 
The hydrocarbons crack thermally and the resulting hydrogen or carbon 
acts as an initiator for the reduction process. As soon as metallic nickel is 
available, the steam reforming process will produce sufficient hydrogen 
for a quick reduction of the catalyst. 


t 

h 2 

c 4 h 10 — > “C 4 H 8 + H 2 ” 
CH 3 OH -> CO + 2H 2 
CH 4 -> C + 2H 2 
2NH 3 = N 2 + 3H 2 


H 2 0/(H 2 , CH 4 etc) 


I 


m 

s 

»»» 


H 2 + NiO = Ni + H 2 0 

xNiO + (1 -x) MgO = Ni x , Mg-^O 

NiO + Al 2 0 3 = NiAI 2 0 4 


Figure 4.3 Activation of tubular reformer. Back-diffusion of hydrogen. 
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The temperature at which the activation is “ignited” depends on the 
reactivity of the hydrocarbon and on the state of the catalyst. Often the 
activation starts in the hotter part of the tube and the activation zone 
moves backwards to the colder inlet of the tube. The mechanism 
probably involves back diffusion of hydrogen from one activated pellet 
to the neighbouring inactivated pellet as illustrated in Figure 4.3. 

Due to the thermo-stability of methane, the reduction is more easily 
initiated when the natural gas contains higher hydrocarbons. This is in 
particular the case if the catalyst is in a state where, for thermodynamic 
reasons, a low H 2 0/H 2 is required (refer to Figure 4.3). 

The addition of small amounts of hydrogen to the feed stream (a few 
percent on steam basis) may have a tremendous effect on starting the 
activation in the inlet part of the tube. This can be done by recycling 
some product hydrogen or by addition of small amounts of components 
easily dissociated into hydrogen (methanol, ammonia, etc.). Another 
possibility is installation of prereduced catalyst at the inlet of the tube. 

Even at normal operation, the high stability of methane may result in 
FEO/FE ratios over the inlet part of the catalyst bed being higher than 
required to maintain the catalyst in a reduced state. Consequently, some 
steam reformers operate with a non-activated inlet layer. This might be 
accepted in older plants designed for mild conditions, but in modem 
reformers operating at high heat flux it may become critical by causing 
higher tube-wall temperatures and higher risk of carbon formation (refer 
to Chapter 5). In such plants a small recycle of product hydrogen will 
help to ensure maximum activity of the catalyst. This is normally 
iulfilled by the hydrogen recycle stream to the HDS unit. 

In laboratory units for steam reforming of methane, operating at 
differential conditions, hydrogen must be present in the feed stream to 
avoid oxidation of the catalyst as discussed in Section 3.5.1. 

4.2 Nickel sur face area 

4.2.1 Measurement of nickel surface area 

The activity of a nickel catalyst is related to the nickel surface area. It is 
important to refer reaction rates to unit surface area in terms of the 
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specific activity or tum-over frequency (TOF) in order to compare 
catalysts and to analyse catalytic phenomena. Several methods have been 
used to determine nickel surface areas, [415] including chemisorption, 
X-ray diffraction (XRD), transmission electron microscopy (TEM) and 
magnetic measurements [167]. 

XRD provides a quick and easy method to determine the volume- 
averaged nickel particle size, but generally smaller nickel particle sizes 
are indicated by XRD than by other methods. One reason is that nickel 
particles are polycrystalline. The presence of twin planes in the TEM 
images (Figure 4.4) of nickel particles further supports this conclusion. 

TEM provides size distributions of the nickel particles and 
information about the structure of the catalyst that can hardly be obtained 
by any other technique, but only a very small part of the sample is 
analysed. 



Figure 4.4 TEM image of a Ni/MgAl 2 0 4 spinel catalyst. The arrows show the presence of 
intemal faults in sintered nickel particles [415] [449]. Reproduced with the pennission of 

Elsevier. 
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The most widely used method for measurements of the nickel surface 
area is chemisorption. This method requires [381]: 

- A well-defined “saturation” layer (which need not be a “monolayer” 
with a simple one-to-one relation between chemisorbed molecules or 
atoms and metal surface atoms). 

- A correlation between the adsorption capacity and the metal surface, 
expressed as the adsorbed amount per unit surface area of the metal 
or as the mean area of an adsoiption site. 

Chemisorption of various gases has been proposed for determination 
of the surface area of nickel [389]. Oxygen could involve a severe 
reconstruction of the nickel surface and the evaluation of results obtained 
with carbon monoxide could be impeded by the different ways in which 
carbon monoxide may chemisorb on nickel. 

Chemisorption of hydrogen is a widely used method for 
determination of the surface area of nickel in supported catalysts. The 
H 2 /Ni is complicated because of different states of chemisorbed 
hydrogen. At low temperatures (-196°C), a fast uptake results in a 
saturation layer with H/Ni less than one [46] [381]. At higher 
temperatures, the chemisoiption becomes activated with hysteresis 
phenomena in isobars - and with some of the hydrogen present in sub- 
surface sites [389]. 

Conditions for obtaining a saturation layer with a H/Ni ratio of 1.1 
[38] were defmed by comparing the chemisorption of hydrogen at room 
temperature to BET measurements of the surface area of nickel powder, 
when using a mean nickel-size area of 6.77 10" 2 nm 2 . Good 
correspondence was also observed between nickel crystallite size 
determined by hydrogen chemisoiption at room temperature and that 
determined by XRD and TEM [403] [415]. 


Note 

Procedure for hydrogen capacity [389] 

After reduction, the sample is evacuated at 400°C for 1-2 hours until 
approximately 10" 2 Pa. H 2 uptake is measured at room temperature using 
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45 minutes for equilibration at Ph 2 in the range 0-0.1 bar. The hydrogen 
capacity is determined by extrapolation to zero P H2 . 


Another method for determination of the nickel area is based on 
chemisorption of hydrogen sulphide [389]. Hydrogen sulphide is the 
stable sulphur compound at conditions for tubular reforming. It is the 
most severe poison for the reaction (refer to Section 5.4). The adsorption 
of hydrogen sulphide on nickel is rapid even below room temperature 
[376] [381]. At temperatures of industrial interest hydrogen sulphide is 
chemisorbed dissociatively on nickel. 

Ni + H 2 SoNi-S + H 2 (4.2) 

where Ni represents an ensemble of nickel atoms on the surface. Stable 
saturation uptakes of sulphur are observed at ratios of H 2 S/H 2 from 
10 10' 6 up to close to 1000 10" 6 above which formation of bulk nickel 
sulphide takes place [372]. This means that the saturation layer is stable 
at H 2 S/H 2 ratios several magnitudes below the ratios required for 
formation of bulk sulphide. Adsorption isotherms are discussed in 
Section 5.4. 



Figure 4.5 Nickel surface areas determined by chemisorption of hydrogen and hydrogen 
sulphide, respectively (using procedures described with test) [415]. Reproduced with the 

permission of Elsevier. 
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A similar behaviour has been observed for other systems including 
the chemisorption of hydrogen sulphide on other metals (Ag, Fe, Cu, Co, 
Ru, Pt) [523]. 

The surface layer has the structure of a two-dimensional sulphide 
growing as islands with well-defmed structure. This was well described 
by early LEED and Auger experiments [174] [336] [344] and it was 
shown [376] that the monolayer of sulphur (S/Ni=0.5) expressed as the 
sulphur capacity (440 ppmS/m' 2 Ni) correlated with the surface area 
determined by hydrogen chemisorption (Figure 4.5). Today, the structure 
of the surface sulphide can be seen by scanning tunnelling microscopy 
(STM) [51] [430] as shown in Figure 4.6. 



Figure 4.6 Chemisorption of sulphur on nickel surface structures observed by STM 
Besenbacher et al. [51] [425]. Reproduced with the pennission of the authors. 


Note 

Procedure for sulphur capacity So [389] 

After reduction, the sample is exposed to a flow of H 2 S/H2=10-20 10' 6 
at 500—550°C. After equilibration (1 to 2 days as estimated from flow, 
sample size, particle size and expected s 0 ), s 0 is determined by chemical 
analysis. The method cannot be applied for catalysts containing Ca or 
Ba and only with difficulty for pyrophoric catalysts. 


The nickel area is calculated by using So=440 wt ppm equivalent to 
1 m 2 g' 1 , s 0 being the sulphur capacity of the catalyst (pg S per g Ni). 

A mean nickel particle diameter can be estimated from 

d Ni =3T0 3 ^- 
s o 


(4.3) 
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dNi is given in nm, and x Ni is the weight % nickel in the reduced state. 
The corresponding dispersion (%) of nickel can be calculated from 

D, = 0.034-^- = —% (4.4) 

x Ni d Ni 

The tumover frequency (molecules site' 1 s _1 ) may be calculated from 

TOF = 4.78-10 3 —— =sf0.86-R intsurf (4.5) 

s o 

in which R int and R; ntjSur f are intrinsic rates mol hydrocarbon/g cat/h and 
mol hydrocarbon/m 2 Ni/h, respectively. 

4.2.2 Nickel surface area and catalyst preparation 

The nickel surface area is generally increased with higher nickel contents 
in the catalyst [389], but the dispersion or utilisation of the nickel tends 
to decrease with increasing nickel content. Accordingly, many 
commercial catalysts are optimised at nickel contents of 10-15 wt%. 
Through special preparation methods, it is possible to obtain high 
dispersions even at high nickel contents, but because of sintering effects 
at high nickel loadings practice often shows an optimum in nickel area 
[389] depending on nickel content. 

The activation procedure influences the size of the resulting nickel 
surface. The highest nickel area is obtained by using dry hydrogen during 
heating up as well as during the reduction. The presence of steam during 
heating up and reduction may result in significantly smaller nickel areas 
[381] [389], This effect can be explained by the assumption that steam 
oxidises the smallest nuclei of nickel or prevents their formation. 
Consequently, the number of nuclei and the resulting number of crystals 
is decreased, which means a smaller area. 

4.2.3 Sintering 

Most of the tubular reformer is operating above the Tammann 
temperature of nickel (T Tammann =!/rT mck =581 °C ) and the catalyst is thus 
exposed to sintering, resulting in growth of the nickel particles and a 
decrease in nickel surface area and in activity. However, the sintering 
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phenomenon is more complex and may take place below the Tammann 
temperature [452] as well. 

Sintering is influenced by many parameters, including temperature, 
chemical environment, catalyst composition and structure, and support 
morphology. The most important parameters are the temperature and the 
atmosphere in contact with the catalyst. 

Recent studies using in situ high-resolution transmission electron 
microscopy (HRTEM) and measurements of specific metal surface areas 
[452] have given new insight into the understanding of sintering of 
nickel catalysts. One mechanism considers particle migration and 
coalescence, where particles move over the carrier and collide. This 
mechanism is dominating at low temperatures. At high temperatures, 
particle coarsening proceeds via transport between metal particles of 
metal atoms or small agglomerates over the carrier (atom migration, 
Ostwald ripening). The time dependencies of crystal growth are t 17 and 
t 1/3 for particle migration and coalescence and atom migration, 
respectively. The cross-over temperature depends on process conditions 
(H 2 0/H 2 , etc.) and catalyst composition. The presence of water greatly 
accelerates sintering. This supports the model [452] that the movement is 
associated with diffusion of Ni 2 -OH complexes on the nickel surface. 
The support can affect the sintering in various ways. It has been 
proposed that the pore structure, the morphology, and phase transitions 
of the support determine the final particle size of the nickel. 

Experiments showed [425] [449] that the particle size after prolonged 
sintering depends little on nickel loading. In practice, it appears that a 
maximum particle size stabilises at a given temperature as the movement 
of these particles becomes very slow [415]. 

Investigation of nickel catalyst samples after ten years of operation in 
a commercial steam reformer [453] showed an increase in nickel crystal 
size with temperature, whereas the tumover frequency (specific activity) 
was almost unchanged, i.e. comparable with that of unused catalyst. 

To describe the sintering of metal particles, the time dependency of 
the two mechanisms are t 17 and t 13 for coalescence and atom migration, 
respectively, as expressed by: 


4 Ni 



(i+kty 


(4.6) 
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Catalyst samples were exposed to a synthesis gas equilibrated at 
600°C and 30 bar abs for more than 8000 hours in a pilot plant [423]. 
Samples were taken during the run. The relative nickel particle diameters 
were fitted by Equation (4.6) resulting in a value for n=0.31 indicating 
that at 600°C sintering proceeds via the atom migration sintering. 

As shown in Figure 4.7 [452], the sintering rate is significantly higher 
above 600°C and the impact of H 2 0/H 2 is higher, indicating a change in 
mechanism from coalescence to Ostwald ripening. This is also indicated 
by observations using in situ HRTEM [452]. 



Temperature (°C) 

Figure 4.7 Sintering of Ni/MgAECfr catalyst, 700 hours. Sehested [452], Reproduced 
with the permission of Elsevier. 


Results of sintering tests with a high-temperature catalyst [381] [389] 
are shown in Figure 4.8. At 550°C, the sintering was insignificant. Even 
the non-sintered catalyst had large nickel particles. This observation, 
rather than the rule of Tammann, may explain the lack of sintering at 
550°C. Values of n in Equation (4.6) can be obtained from the data in 
Figure 4.8, the values being 7.7 and 6.9 at temperatures of 700 and 
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800°C, respectively. This value is close to what is expected for spherical 
particle migration and coalescence [415]. 



4.3 Catalyst activity 

4.3.1 Group VIII metals 

The Group VIII metals are active for steam reforming. The tum-over 
frequency, TOF, is typically 2-5 s' 1 at 500°C for steam reforming of 
methane on nickel (H 2 0/CH 4 =4. H 2 O/H 2 =10, 1 bar abs [389]). 

Alloying nickel with groups 1B metals (Cu,Ag) may cause a drastic 
decrease in the activity [49] [389]. 

Sintering of the nickel crystals results in no significant change in 
TOF. Flowever, for small nickel particles (dNi<10 nm) there is a 
significant increase in TOF with increased dispersion as discussed in 
Chapter 6. 

Cobalt shows a lower activity than nickel [389] - probably 
attributable to the process conditions, with the F1 2 0/F[ 2 value being close 
to that causing oxidation of the metal. Iron is active for steam reforming, 
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but only at strongly reducing conditions as observed in the hot part of a 
direct reduction shaft fiimace (refer to Section 2.4.3). 

Rhodium and ruthenium show TOF values about ten times higher 
than nickel, platinum or palladium [264] [272] [379]. Only one study 
[517] claimed platinum to be the most active metal. The sequence of 
metal activities is discussed further in Chapter 6. Rhodium is also the 
best catalyst for selective steam dealkylation of toluene at low 
temperature [213]. 

All Group VIII metals show a significant decrease in TOF when the 
catalyst contains alkali [389] [401]. It means that even traces of alkali 
metal may blur TOF measurements if not recognised. The deactivation 
depends strongly on the type of support, the effect of alkali being less on 
acidic supports which bind alkali more strongly [389]. The alkali results 
in larger adsoiption of steam on the catalyst reflected by a negative 
reaction order with respect to steam (large K w in Equation 3.48). This 
effect is most pronounced on less acidic supports. This all hints that 
alkali works on nickel via the gas phase (refer to Section 3.5.2 and 
Section 5.3.2). 

As discussed earlier (Chapter 3), the effectiveness factor of the 
catalyst in the tubular reformer is small. Even the low activity of alkali- 
promoted catalysts usually results in satisfactory performance in 
industry. However, as outlined in Example 3.4, high catalyst activity 
means that the same performance can be attained at a lower tube-wall 
temperature and hence leaves room for longer tube life or operation at 
higher heat fluxes (i.e. smaller reformer). 

4.3.2 Non-metal catalysts 

Difficulties in desulphurising heavy feedstocks have led to attempts to 
use non-metallic catalyst for steam reforming. Molybdenum Carbide and 
tungsten Carbide are catalysts for steam and CO 2 reforming and catalytic 
partial oxidation [122] [450]. However, in synthesis gas the carbides are 
stable only at elevated pressures (approximately 9 bar) and they are 
transformed into the oxides at ambient pressure. 

Molybdenum Carbide will hardly be stable in a plug-flow reactor 
[450], because the Carbide will be oxidised at the inlet. The molybdenum 
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Carbide will only be stable at high conversions (i.e. high concentration of 
CO) or in case of significant back-diffusion (as observed in “pancake” 
reactors (refer to Figure 1.20) and in CSTR reactors). 

The rates obtained on Carbide catalysts are significantly lower than 
those obtained on Group VIII metal as illustrated in Figure 4.9. 
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Figure 4.9 Reforming with Carbide catalysts. Claridge et al. [122], Sehested et al. [450], 
Reproduced with the permission of Elsevier. 

Other attempts deal with the use of ceria as catalyst for intemal 
reforming on SOFC anodes. Although Ce0 2 has an activity of almost 
two orders of magnitude less than nickel [321] [323], the low activity 
might be sufficient for the reforming process [299] in a high-temperature 
fuel cell operating at 800°C, where the balance between the rate of 
reforming and the rate of the electrochemical reaction is critical [401]. 


A □ 

Ru/AI 2 0 3 (Claridge et al. 


Mo 2 C (Sehested et al.) 

° °Mo 2 C (Claridge et al. 


Ru/MgAI 2 0 4 (Sehested et al.) 


Note 

With an activation energy of 105 kJ/mol, the ratio of rates at 800°C and 
500°C is about ln(ki/k 2 )=105 10 3 /R-(l/773-l/1073)=4.57, or k,/k 2 =96. 
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A calcium aluminate catalyst was tested in the Toyo Process [489], 
but ratios at 850°C were still a fraction of what is obtained on nickel at 
500°C. The Toyo process is close to “catalytic steam cracking” discussed 
in the following. 

4.3.3 Thermal reactions - catalytic steam cracking 

Non-catalytic steam reforming requires high temperatures. Methane 
cracks above 1000°C into radicals leading to the formation of ethylene, 
acetylene and coke [31]. The radicals may react with steam radicals, but 
temperatures above 1500°C are necessary for significant conversion 
[267]. One approach to improve rates is the use of plasma technology 
[90], the key issue being the power consumption [90] [237] [513]. As 
thermal plasma reforming is not sensitive to sulphur poisoning, it may 
represent a solution for reforming of logistic fuels (jet fuel, diesel) [202], 

The thermal cracking of higher alkanes becomes significant above 
650°C [374] [532] with the formation of alkenes, aromatics and coke. 
This is applied in steam crackers in ethylene plants, where steam is 
added as a diluent and for minimising coke formation. 

The product distribution in steam cracking is determined by the 
kinetic severity function (KSF) [374] [533], which is the integral of the 
rate constant and residence time, 9: 

KSF = | k 5 dØ (4.7) 

Using the cracking of n-pentane as a reference point, k 5 depends on 
temperature and hence KSF depends on the temperature profile and 
residence time profile of the reactor. In practice, this is difficult to 
determine. However, the KSF can be determined empirically if the feed 
contains n-pentane simply by: 

KSF = lnj Cs,inlet 1 (4.8) 

I T.s.outlel J 

Typical yield structures are shown in Figure 4.10 for cracking of 
naphtha. Ethylene plants are designed for high severity up to 4 with 
milliseconds residence time [374]. 
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Kinetic severity function (KSF) 


Figure 4.10 Naphtha cracking. Typical yields as a function of KSF. Zdonik et al. [533]. 

Reproduced with the permission of Elsevier. 

In principle, the tubular reformer is a steam cracker filled with 
catalyst. Feed preheaters can also be considered steam crackers, each 
characterised by a KSF and corresponding olefin yields. As olefins are 
coke precursors in the steam reforming process, preheaters should be 
designed for a low KSF or the problem should be eliminated by 
installation of a prereformer (refer to Sections 1.2.3 and 5.3.4). 

There have been attempts to improve the steam cracking process by 
installing a catalyst in the cracking tubes [374] [547]. This resulted in co- 
production of syngas and light alkenes from heavy gas oil and naphtha. 
The catalyst was a potassium-promoted zirconia support operating at 
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conditions close to those applied in industrial steam crackers [374] [547]. 
The process was demonstrated in a full-size monotube pilot plant [547]. 

A reactor concept with a catalyst bed followed by a narrow tube 
resulted in improved yields [547]. Most likely, the role of the catalyst 
bed was to change the temperature/residence time profile (KSF) rather 
than to form olefins. The role of alkali was to reduce coke formation on 
the catalyst. Alkali escaped the catalyst with time, but was replaced by a 
continuous addition of potassium sulphate being slowly reduced to 
volatile potassium hydroxide: 

K 2 S0 4 (solid) + 4H 2 <-> 2KOH(gas)+H 2 S + 2H 2 0 (4.9) 

The coke formation in steam cracking is further discussed in Section 
5.3.4. 



5 Carbon and Sulphur 


5.1 Secondary phenomena 

Main constraints for optimum operation of the steam reformer are related 
to “secondary phenomena”, the formation of carbon and poisoning by 
sulphur. 

Carbon formation cannot be tolerated as it may result in breakdown 
of the catalyst, increased pressure drop, and uneven flow distribution 
leading to overheating of the tubes locally as “hot spots” or totally as 
“hot tubes”. This will limit the plant capacity or the life of the catalyst 
tubes. Sulphur poisoning results in lower activity and hence higher tube- 
wall temperature (refer to Chapter 3). It may also provoke carbon 
formation as higher hydrocarbons may pass the deactivated catalyst and 
be exposed to pyrolysis which may lead to coke formation. In other 
situations sulphur may inhibit the formation of carbon. 

This chapter will deal with an analysis of these phenomena and 
formulation of design for carbon-free operation. 

5.2 Carbon formation 

5.2.1 Routes to carbon 

Carbon may be formed by three different mechanisms [389]: 

- “whisker” carbon 

- “gum” formation 

- pyrolytic carbon 

with the characteristics listed in Table 5.1: 
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Table 5.1 Routes to carbon [389]. 


Carbon 

type 

Reaction 
(Table 5.2) 

Phenomena 

Critical parameters 

Whisker 

carbon 

R6-R9 

Break-up of catalyst pellet 

low H 2 0/C ratio, high 
temperature, presence of 
olefins, aromatics 

Gum 

R50 

Blocking of Ni surface 

low H 2 0/C ratio, absence of 
H 2 , low temperature, 
presence of aromatics 

Pyrolytic 

coke 

R49 

Encapsulation of catalyst 
pellet, deposits on tube wall 

high temperature, long 
residence time, presence of 
olefins, sulphur poisoning 

The main reactions are summarised in Table 5.2. Equilibrium 
constants for Reactions R6-R8 are listed in Appendix 2 based on data 
from Tables 1.4 and 1.5. 



Table 5.2 Carbon-forming reactions. 

Reaction 



ATtO 

-AH 298 -" 

mol 

R6 


CH 4 OC + 2H, 

-75 

R7 


2CO <-» C + C0 2 

172 

R8 


CO + H 2 oC + H,0 

131 

R9 


C„H m — » nC + 0.5mH 2 

-188 (n-C 7 H 16 ) 

R49 


C n H m -> olefins — > coke 


R50 


C n H m ^ (CH 2 ) n ^ gum 



Whisker carbon is formed as characteristic fibres (nanotubes) [505] 
from CO, CH 4 and higher hydrocarbons and may result in breakdown of 
the catalyst pellet (Section 5.2.2). The low-temperature phenomenon 
“gum formation” involves blockage of the metal surface by a film of 
polymerised carbonaceous material (Section 5.3.3). Pyrolytic carbon is a 
result of thermal reactions (pyrolysis) as experienced in steam crackers 
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and results in deposits on the tube wall or encapsulating the catalyst 
pellets (Sections 4.3.3 and 5.3.4). 



Figure 5.1 Carbon whisker. The ilickel particles have a diameter of about 40 nm. Flelveg 
[227] 

Whisker carbon is formed by dissociation of hydrocarbons or carbon 
monoxide on the nickel surface [389], The “whisker” typically grows as 
carbon fibre (nanotube) with a nickel crystal at the top as shown in 
Figure 5.1. 

According to the classic model [33] [378] [383], adsorbed carbon 
atoms are dissolved in the metal particle. Carbon diffuses through the 
particle and nucleates into the fibre at the rear interface as illustrated in 
Figure 5.2 (as shown below this remains a simplification (refer to Figure 
6.5)). Nickel Carbide is not stable under steam reforming conditions. 
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Time min. 


Figure 5.2 Rates of carbon formation. TGA studies [380], Ni/MgO catalyst, 1 bar abs, 
500°C, n-heptane. 1: H 2 0/C< 1.3, 2: H,0/C=1.5, 3: H 2 O/C=2.0 [381], Reproduced with 

the permission of Elsevier. 



Figure 5.3 Topsøe TGA test unit 1970s. Thermogravimetic analysis (TGA) was used in 
many of the early studies on carbon formation, often in “home-made” units before 
standard equipment became available. (Ulla Ebert Petersen.) 
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The nickel crystal changes shape into a pear-like particle, leaving 
small fragments of nickel behind in the whisker. Whisker carbon is also 
observed on cobalt and iron catalysts [278] [498]. 

The whisker has high strength and destroys the catalyst particle when 
it hits the pore wall. Broken catalyst and carbon may have a serious 
impact on the operation of the reformer by maldistribution of feed and 
overheating of the tubes. 

The rate of carbon formation depends strongly on the type of 
hydrocarbon as illustrated in Figure 5.4 with alkenes (and acetylene) 
being the most reactive [380] [381]. After an induction time, to, the 
carbon grows at a constant rate. 

^ = k c (t-t 0 ) (5.1) 

dt 

as shown by TGA measurements (Figure 5.2). 



3 4 

Time / h 


Figure 5.4 Rate of carbon formation from different hydrocarbons [384] [389]. TGA 
measurements. (FFO/C=2 mol/atom, 1 bar abs, 500°C). Reproduced with the permission 

of Springer. 
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The growth mechanism appears to be the same, irrespective of the 
type of hydrocarbon or whether it results from the endothermic 
dissociation of methane or the exothermic dissociation of carbon 
monoxide [378] [381] (refer to Table 5.2). However, the resulting 
morphology and degree of graphitisation depend on parameters such as 
type of hydrocarbon, metal, particle size and temperature. Hence, there 
might not be a unique growth mechanism for the formation of carbon 
fibres and nanotubes [146] [412] [415]. 

Olefins and acetylene show rapid dissociation and the diffusion of 
carbon through nickel has been suggested for the rate-determining step 
[33] [383] which is in line with the activation energy for carbon 
formation being close to that for the diffusion of carbon through nickel. 

In situ high-resolution transmission electron microscopy (HRTEM) 
[226] demonstrated that the process of carbon formation is very dynamic 
involving drastic changes of the nickel crystal during the nucleation. It 
has also been possible to observe how the graphene layers grow from 
surface steps which are created during the nucleation and which moves 
as the graphene layers grow. This is illustrated in Figure 5.5. 



Figure 5.5 Nucleation of whisker carbon. Helveg et al. [226], In situ HRTEM. 
CH 4 /H 2 =1/1, 2.1 mbar, 536°C. The nickel crystal (approximately 60 tun) is prolonged 
during the nucleation. Reproduced with the pennission of Nature. 
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The role of step sites was confirmed by DFT calculations [48] [415]. 
These calculations also indicated that the “classic” mechanism (Figure 
5.2) is a simplification [7] (refer to Chapter 6). 

The addition of potassium results in a significant increase in the 
induction time for methane decomposition, as shown in Figure 5.6 [415]. 
This implies a retarding role of potassium on the dissociation of methane 
and the nucleation of carbon (refer to Chapter 6). 


Equilibrium 



iog(P H2 2 /PcH 4 ) 


Figure 5.6 Decomposition of methane on supported nickel at 500°C and 1 bar: the 
influence of potassium on the induction time, t 0 (refer to Equation 5.1) [415], Filled 
symbols: carbon formation. Open symbols: no carbon formation. Potential for carbon at 
H 2 /CH 4 ratios smaller than the equilibrium ratios shown (refer to Section 5.2.3). 

Reproduced with the permission of Elsevier. 

The nickel particle size has an impact on the nucleation of carbon. 
The smaller the crystals, the more difficult the initiation of carbon 
formation. This result was demonstrated in TGA experiments 
summarised in Tab le 5.3 with two catalysts having the same activity but 
different dispersions of nickel [415] [425]. The catalysts were heated at 
a fixed rate, and it was shown that the onset temperature was 
approximately 100°C higher for the catalyst with small nickel crystals 
(approximately 7 nm) than for that with large crystals (approximately 
100 nm). 
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Table 5.3 Carbon formation and Ni particle size. [425], TGA studies Ni/MgAl 2 0 4 . 
(65°C min' 1 ). H 2 O/C 4 H 10 =2.8 mol mol" 1 . 


Ni 

(wt%) 

dNi 

(nm) 

Ni area 

(mV) 

Reforming rate 
500°C(mol g'V) 

Temperature for 
carbon formation (°C) 

15 

102 

0.9 

0.29 

450 

0.92 

7 

1.0 

0.26 

>550 


The rate of carbon formation was found to be far less on noble metals 
than on nickel as illustrated in Figure 5.7 [396]. 



5 10 15 20 

Time (min) 

Figure 5.7 Rates of carbon formation on various metals. TGA studies. CH 4 /H 2 =95/5. 

[396], Reproduced with the permission of Elsevier. 

This result is explained by the fact that the noble metals do not 
dissolve carbon [304] (a more likely explanation is discussed in Section 
6.2). The carbon formed on the noble metals was observed to be of a 
structure that was difficult to distinguish from the catalyst structure 
[304]. On a ruthenium catalyst, high-resolution electron microscopy 
revealed a structure which looked like a few atomic layers of carbon 
covering most of the surface. 
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The whisker growth mechanism is also blocked by sulphur poisoning 
of the nickel surface. When formed, the carbon has a typical “octopus” 
structure with several fibres growing from one nickel crystal [390]. As 
shown in Figure 5.8, a similar structure is formed on Ni/Cu catalysts with 
high copper contents [49]. 



Figure 5.8 Octopus carbon. A carbon structure with more fibres from one nickel crystal. 
Bemardo et al. [49]. Reproduced with the pennission of Elsevier. 


5.2.2 Carbon from reversible reactions 

The whisker carbon has a higher energy than graphite, which is reflected 
in lower equilibrium constants for the reversible decomposition reactions 
of carbon monoxide (Reaction R7 in Table 5.2, the Boudouard reaction) 
and of methane (Reaction R6 in Table 5.2) as shown for the two 
reactions in Figures 5.9 and 5.10, respectively [49] [149] [150] [378] 
[381]. 
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Figure 5.9 Decomposition of carbon monoxide. Equilibrium constant for Ni/MgO 
catalyst [378], Reproduced with the permission of Elsevier. 

— T(°C) 


900 800 700 600 500 



Figure 5.10 Decomposition of methane on supported nickel catalysts. Equilibrium 
constants for Ni/SiCE and Ni,Cu/Si0 2 catalysts from TGA measurements. The copper 
content of the catalyst does not affect the equilibrium constant. Bemardo et al. [49], 
Reproduced with the permission of Elsevier. 
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The impact of nickel particle size on the equilibrium constant is also 
illustrated in Figure 5.11 showing data for various metal catalysts [396]. 
Ni-a and Ni-b curves represent data for catalysts with particle sizes of 
300 nm and 10 nm, respectively. The noble metals have even smaller 
equilibrium constants. This is due to the metal particle effect or to other 
structural effects (p in Equation 5.3). Palladium shows a different 
behaviour than the other metals, probably due to the formation of an 
interstitial solid solution and mobility of carbon in palladium [540]. 



Figure 5.11 Decomposition of methane. Equilibrium constants for various metal 

catalysts [396], 

In conclusion, equilibrium constants should be measured on the 
individual catalysts to be studied. Equilibrium constants for a catalyst 
with large nickel crystals are shown in Appendix 2. 
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10 4 /D max . Å 1 

Figure 5.12 Deviation from graphite data and Ni particle size (Equation 5.10). CF 14 
decomposition, 500°C. Various nickel catalysts [378], [381], Reproduced with the 
permission of Elsevier. 


It was found that the deviation from graphite thermodynamics 
depends on the nickel particle size as illustrated in Figure 5.12 and that 
the deviation could be explained by the extra energy required by the 
higher surface energy, the elastic energy, and defect structure of the 
carbon filaments. The correlation between free energy and surface 
tension is expressed by the Kelvin equation. In a simplified model [378] 
[381], the Kelvin equation becomes: 


U-Uo 


ct-M w 
r w P 


(5.2) 


in which p and p 0 are the ftee energies of a whisker with radius r w . and 
no curvature, respectively. a is the surface tension. 
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The deviation from graphite data may be expressed by 

AG c =n-n 0 +ti* (5.3) 

in which p* is the contribution from structural defects compared to 
graphite. 

From (5.2) and (5.3) the straight-line equation can be written as 

AG c =k— +p* (5.4) 

r w 

The exothermic reactions for decomposition of carbon monoxide, 
(Reactions R7 and R8 in Table 5.2) means that for a given gas 
composition and pressure, there is a temperature below which there is a 
thermodynamic potential for carbon formation. Likewise for the 
endothermic decomposition of methane, (Reaction R6 in Table 5.2), 
there is a temperature above which there is a thermodynamic potential 
for carbon formation. These carbon limits assume that there is no 
reaction during cooling or heating the gas. This is the situation when no 
catalyst is present such as in heat exchangers, boilers and convective 
reformers. Carbon formation may lead to fouling of the equipment or to 
metal dusting corrosion [211]. 

In principle, metal dusting could also be initiated by olefins, which 
are very reactive for formation of whisker carbon (Figure 5.4), but in 
most industrial plants (steam crackers, FCC units), olefms-containing 
streams contain sulphur, which will inhibit the nucleation of carbon. 

The decomposition of carbon monoxide (Reactions R7 and R8, Table 
5.2) may take place without catalyst on the surfaces of the equipment 
(e.g. heat exchangers). This may also lead to metal dusting corrosion 
[121] [211] [535]. Reaction R7 in Table 5.2 appears to be involved [211] 
[293]. It means that for a given gas composition (and pressure) there will 
be potential for metal dusting below the carbon limit temperature (see 
Example 5.1). At very low temperature, the rate will be too small. 

Low alloy steels which are not protected by a dense oxide layer may 
be attached by metal dusting. Carbon which is formed via the whisker 
mechanism reacts with alloy components to carbides resulting in a 
disintegration of the alloy (Figure 5.13) into dust, which is blown away 
in the gas flow. 
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Example 5.1 

A syngas leaving an ATR reactor may have the following composition 
(vol%): H 2 =48.3, H 2 0=17.9, CO=25.1, C0 2 =4.9, CH 4 =0.7 and 
inerts=2.9. The pressure is 28.7 bar abs. 

When cooling this gas, the carbon limit temperature is calculated 
from the equilibrium quotient for Reaction R8 in Table 5.2: 

q _ Pt h° = --= 0.051 

Pco-Ph, 0.251-0.483-28.7 

which corresponds to Kp at 868°C. This means that there is potential 
for nucleation of carbon (metal dusting) below this temperature. 


The mechanism appears to be equivalent to that described for 
formation of whisker carbon on the reforming catalyst [415] [534], 
where chemisorbed sulphur blocks the nucleation of carbon with the 
formation of carbon on the free Fe-Ni surface of the construction 
material. 

The sulphur present in the SPARG product gas (refer to Section 5.5) 
inhibits the nucleation of metal dusting corrosion in the outlet system, 
even when the operating conditions predict that carbon formation is 

possible. Alloying components [431] (Cu,Sn,Au.) may also retard the 

corrosion (refer to Section 5.3.2). 



Figure 5.13 Example of equipment hit by metal dusting. 
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However, the limits for metal dusting corrosion are dictated by 
several parameters and in a complex way. The risk of corrosion is highly 
influenced by the selection of construction materials and passivation 
methods. 

5.2.3 Principle of equilibrated gas 

The formation of whisker carbon cannot be tolerated in a tubular 
reformer. The important question is whether or not carbon is formed, and 
not the rate at which it may be formed. In terms of the growth 
mechanism, it means to extend the induction period (t 0 in Equation 5.1) 
to infmity. This is achieved by keeping the steady-state activity of carbon 
smaller than one (refer to Section 5.2.4). The carbon formation depends 
on the kinetic balance between the surface reaction of the adsorbed 
hydrocarbon with oxygen species and the fiirther dissociation of the 
hydrocarbon into adsorbed carbon atoms, which can nucleate to whisker 
carbon. However, this approach is complex and there is a need for simple 
guidelines using simple thermodynamic calculations. 

The decomposition reactions of methane and carbon monoxide are 
reversible and the risk of carbon formation can be determined by 
thermodynamics. One may apply the principle of equilibrated gas [389] 
stating: carbon formation is to be expected on a nickel catalyst if the gas 
shows affmity for carbon after the establishment of the methane 
reforming and the shift equilibrium. This implies that the composition 
used to calculate the reaction quotient is calculated after establishing the 
reforming and shift equilibrium as shown in Section 1.2.1. The 
calculated equilibrium temperatures for the methane decomposition and 
the Boudouard reactions will be different unless graphite is considered 
and all reactions are in equilibrium. In the actual case the most severe 
reaction of the two must then be considered. For steam reforming of 
methane this is the methane decomposition reaction as used in the 
following. 

By use of Reaction R6 in Table 5.2 the carbon formation check for 
the methane decomposition reaction can be written as: 
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CH, <->C + 2H 2 


- AG C = RT ln| 


K 


eq 


Q,, 


eq 


= RT ln K 


eq 


PCH, 


pL 


equilibrated gas 


- AG c > 0 => Carbon 


(5.5) 


The carbon limits are a fiinction of the atomic ratios O/C, H/C and 
inert/C and of total pressure. As the gas is at equilibrium, it is necessary 
to consider only one of the carbon-forming Reactions R6-R8 in Table 
5.2, provided that the whisker structure (p*) is independent of the carbon- 
forming reaction. 

The principle of equilibrated gas is justified by the low effectiveness 
factor of the reforming reaction, which implies that the gas inside most 
of the catalyst particle is nearly at thermodynamic equilibrium. The data 
in Table 5.4 supports this assumption. A series of TGA tests were carried 
out to determine the critical H 2 0/CH 4 for onset of carbon formation 
[389]. The results shown in the table support the “principle of 
equilibrated gas”. The calculated affmity for carbon formation 
(-AG° ) from the equilibrated gas (approximately 4 kJ/mol) from graphite 
data is comparable with the deviation to be expected from the effect of 
the whisker structure. 


Table 5.4 Carbon fonnation and equilibrated gas [389], 
Thennogravimetric studies at 1 bar abs. C0 2 /CH 4 . The CH 4 flow was increased stepwise 
until on-set of carbon formation. Then the CH 4 flow was decreased for removal of 
carbon. (H 2 0/C) ex i, was detennined by interpolation. 


Catalyst temperature (°C) 

613 

704 

812 

662 

H 2 0/CH 4 (critical) 

1.2 

1.1 

0.88 

1.75 a> 

Ph, / Pch 4 actual gas (bar) 

0.034 

0.055 

0.161 

0.438 

Ph, / Pch equilibrated gas (=Qr,eq) (bar) 

2.21 

7.22 

10.99 

3.06 

K p , graphite data 

2.622 

8.18 

24.64 

4.993 

-AG°=RTln(K p /Q req ) (kJmor 1 ) 

1.4 

1.0 

(7.3) 

3.8 


a) C0 2 /CH 4 
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The equilibrium calculations result in no unambiguous upper or lower 
carbon limits. There may be upper as well as lower carbon limits for 
certain conditions. In general, however, as illustrated in Figure 5.14, 
there is a tendency for upper carbon limits from steam reforming and 
lower carbon limits for C0 2 reforming. 



Figure 5.14 Carbon limits for steam and CCU reforming. Grey area indicates conditions 

for carbon formation. 

One way of representing areas for potential for carbon formation is 
demonstrated in Figure 5.15 [152]. The diagram illustrates that CO 2 
reforming is more critical than steam reforming. 
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Figure 5.16 Carbon limits at various nickel particle sizes. Prereformer conditions. 
Thermodynamic potential for carbon to the left of the curves [451], Reproduced with the 

permission of ACS. 



Figure 5.17 Principle of equilibrated gas. Carbon limit temperatures and Ni-crystal size 
[382], Conditions: H 2 0/CH 4 =1.8, C0 2 /CH 4 =2.2, P=18 bar abs. 
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Carbon limits depend on deviation from graphite thermodynamics, 
meaning that a catalyst with small nickel crystals can operate at more 
critical conditions. This is illustrated in Figure 5.16 for conditions in a 
prereformer [415] [451], The upper carbon limit temperature depends on 
the steam-to-carbon ratio and the nickel crystal size of the catalyst. 

The effect of particle size on carbon limits from principle of 
equilibrated gas is also illustrated in Figure 5.17, representing conditions 
for an industrial oxo-syngas plant [382]. Graphite data predicts carbon 
formation, whereas carbon-free operation was obtained with a catalyst 
with nickel particles less than 250 nm. 

The principle of equilibrated gas is no law of nature. It is possible to 
break the thermodynamic limit. This can be done by using noble metals 
[396] or by using a sulphur passivated catalyst as practiced in the 
SPARG process [390] (refer to Section 5.5). Examples are shown in 
Figure 2.18. 


5.2.4 Principle of actual gas and steady-state equilibrium 


The principle of equilibrated gas predicts conditions where carbon 
formation is expected (except for noble metals and SPARG). It does not 
guarantee that carbon is not formed if the principle predicts no potential 
in the equilibrated gas. 

One example is the formation of carbon in high flux reformers [389] 
operating far from thermodynamic carbon limits. It means that methane 
may decompose to carbon instead of reacting with steam to form the 
required syngas in spite of no potential for carbon in the equilibrated gas. 
This is of course not possible in a closed system, but in an open system 
carbon may be stable in a steady state and the accumulation of carbon 
may continue [389]. This risk may be assessed by the so-called criteria 
of actual gas, which for the methane decomposition reaction as in 
Equation (5.5) can be written as: 


-AG, = RT ln 


K 


eq 


Qr 


actual gas 


: RT ln K 


eq 


Pch 4 


Pl 


(5.6) 


- AG > 0 => Carbon 


actual gas 
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This approach does not apply to the steam reforming of higher 
hydrocarbons, because in this case the decomposition into carbon is 
irreversible. 

The analysis of the risk of carbon formation should take account of 
the strong radial temperature gradients in the reformer tube (refer to 
Chapter 3). As there are almost no radial concentration gradients, the 
situation is equivalent to heating up a gas with fixed composition to a 
temperature close to that at the tube wall. This means a higher potential 
for the endothermic decomposition of methane when approaching the 
tube wall compared to the values based on the average gas temperature. 
The potential for carbon formation can be analysed in detail by means of 
a two-dimensional reactor model as illustrated in Figure 5.18. 


O 


CD 

L_ 

13 

CO 
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CD 
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Figure 5.18 Radial gradients and carbon limits [389], Steam reforming of methane 
(FFO/CFl4=3.5, P =33 bar) [389]: 3 meters from tube inlet. T u is the carbon limit 
temperature for methane decomposition. There is potential for carbon formation when the 
catalyst temperature T cat > T M . Reproduced with the permission of Springer. 
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For the high activity catalyst, T C at remains below T M , i.e. there is no 
potential for carbon formation. For the low activity catalyst, the mean 
catalyst temperature (not shown) is less than T M , but the actual catalyst 
temperature, T C at, becomes higher than T M close to the tube wall, 
indicating the risk of carbon formation. 

The principle of actual gas predicts carbon at inlet conditions of a 
conventional steam reformer (500°C). Flowever, when a prereformer is 
installed, there is no potential for whisker carbon at the catalyst inlet, as 
illustrated below. 


Example 5.2 

Inlet layer - tubular reformer (P=31 bar abs). 

Without a prereformer: 

H 2 0/CH 4 =1.8 (H 2 0/H 2 =81) which yields -AG c >0 for T>375°C 
After installation of a prereformer: 

H 2 0/CH 4 =1.7 (H 2 0/H 2 =6.9) which yields AG c >0 for T>540°C 


In practice, carbon from methane may not be formed below 600- 
650°C because of low reaction rate, although predicted by the principle 
of actual gas, which is a simplified (but conservative) approach. 

As mentioned above, a more detailed approach should be based on a 
kinetic analysis of the steady-state activity, a c s , of carbon on the catalyst. 
Above a saturation value, a c s , carbon will nucleate [389], 

At equilibrium with a given composition at the gas phase (not 
necessarily an equilibrated gas), the carbon activity a c , eq is expressed by 
the ratio between K pqr and Q for the reaction: 

a c,eq =K eq ^ (5.7) 

P H 2 

in which Ke q is the equilibrium constant for Reaction R6 in Table 5.2 
(based on whisker carbon). Although, in principle, a c , eq should be referred 
to carbon adsorbed on the step site on nickel, for simplicity it will be 
referred to graphite in the following. 
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The steady-state activity, a c s , can be expressed by balancing the rate 
of carbon formation without the presence of steam with the rate of the 
gasification of adsorbed carbon atoms [389]: 


R c =k c PCH 4 P 


*h 2 


c a cP V 


2+a„ 


=k_ 


2 + Ctrr 

= P H , 


( a c,eq a c) 


(5.8) 


R g =k g a c [mari] =k g a 


K w(Ph,0/Ph, ) 


! " c l + K w( p„, 0 ,p H ,) =k ' atK " 


f „ W 

Ph,o 


V Ph 2 J 


(5.9) 


in which [mari] is the surface concentration of the most abundant 
reaction intermediate, v.i.z. 0-*. 

TGA studies on methane decomposition [389] indicated a kinetic 
order for hydrogen a H 2=-3.5. A simplified expression can be derived for 
a c s , i.e. when R g =R c . With a c =a e , s and aH2 = -3.5, Equations (5.8) and (5.9) 
yield: 


C.cq 


1 + - 


K, 


Ph,o 


V Ph 2 j 


xa 


,1.5 


(5.10) 


Carbon may be formed when a CjS > 1. This means that carbon may be 
eliminated even when the actual gas shows affmity (a ceq >l) for 
decomposition of methane. An alternative approach was made by 
Froment et al. based on the parameters determining the rate of whisker 
growth being zero [469]. 

The different carbon limits discussed are summarised in Figure 5.19 
[17]. Above a limit A’, there is no potential for carbon in the actual gas. 
This is never the situation if higher hydrocarbons are present (refer to 
Section 5.3). 

At a given temperature and for a given hydrocarbon feed, carbon will 
be formed when the steady-state activity for carbon a cs >l (Equation 
5.10) or below a critical steam-to-carbon ratio indicated by the carbon 
limit A in Figure 5.19. This critical steam-to-carbon ratio increases with 
temperature. The principle of actual gas is a simple tool for assessing the 
risk of carbon formation. It is conservative as it neglects the denominator 
in Equation (5.10). By promotion of the catalyst, it is possible to push 
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this limit to the thermodynamic carbon limit B, reflecting the principle of 
equilibrated gas. 

The thermodynamic carbon limit B is a function of the composition 
of the feed gas (atomic ratio O/C and H/C) and total pressure. Limit B 
can be shifted by using a catalyst with smaller nickel crystals, thus 
allowing operation under conditions not otherwise possible. By using 
noble metals and sulphur passivation, it is possible to push the carbon 
limit beyond limit B to carbon limit C. 



Figure 5.19 Summary of carbon limits in steam reforming [17]. 

A : no potential for carbon in actual gas. A: critical steam-to-carbon ratio (carbon 
formation on Ni). B: thermodynamic limit potential for carbon in equilibrated gas. 

C: carbon limit with “ensemble control” or noble metals. Reproduced with the pemiission 

of Elsevier. 

For a given gas composition and pressure and no catalyst present, 
there is a temperature below which there is a tendency for CO 
decomposition and initiation of metal dusting. 
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5.3 Steam reforming of higher hydrocarbons 

5.3.1 Whisker carbon in tubular reformer 

The higher hydrocarbons may lead to carbon formation by all three 
mechanisms (Table 5.1). Thermodynamics will predict carbon formation 
as long as the higher hydrocarbons are present. Carbon may be stable in a 
steady state in spite of the principle of equilibrated gas (refer to Section 
5.2.4). 

The risk of carbon formation may be assessed by the critical steam- 
to-hydrocarbon ratio [384] [389], This decreases with temperature and 
depends on the type of hydrocarbon and the type of catalyst. 




Figure 5.20 Carbon from n-heptane. TGA studies [381], 

(a) Induction period t 0 and H 2 0/C. (b) Induction period, t 0 and temperature. 

The risk of carbon formation can be assessed by analysing the 
parameters determining the induction time for nucleation of carbon 
(Equation (5.1), Figure 5.4) by requiring this to be infinite. If so, the 
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TGA data in Figure 5.20 [381] for the impact of steam-to-hydrocarbon 
ratio and temperature leads to the empirical expression [389]: 

(H 2 0/C n H m ) crit =-| + B (5.11) 

Carbon formation is to be expected if the actual steam-to- 
hydrocarbon ratio is lower than the critical ratio as illustrated in Figure 
5.21 [384] [389], 



Figure 5.21 Critical and actual FFO/C n F[ m [384], Reproduced with the pennission of 

Chem.Eng.Prog. 


The critical ratio increases with temperature (Equation 5.11) and 
depends on the type of catalyst. The actual ratio increases as the 
hydrocarbons are being converted. As for the principle of actual gas, the 
comparison of actual and critical ratios should be carried out for any 
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position in the reformer tube. One example is shown in Figure 5.22 


[386], 


-Actual H 2 0/C n H m 

-Critical H 2 0/C n H m (catalyst at wall) 

- - - Critical H 2 0/C n H m (mean) 
o Naphtha FBP 110°C (2.5 % aromatics) 
• Naphtha FBP 180°C (30 % aromatics) 
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Figure 5.22 Actual critical steam-to-carbon ratios in NH 3 plant steam reformer [386], 

The critical steam-to-carbon ratio depends on feedstock composition. 
As shown in Figure 5.4 (Section 5.2.1), the contents of aromatics and 
olefins may be harmful. The feedstock will rarely contain olefins, but 
even traces of ethylene may be critical. Ethylene may be formed by 
thermal cracking in preheaters, from oxidative coupling of methane if 
oxygen (air) is added to the feed or from dehydration of ethanol if added 
to the feed. 

A kinetic analysis [389] [415] [425] of the simplified reaction 
sequence in Figure 5.23 leads to an expression for the steady-state 
activity, a c s of carbon on the nickel surface being less than one: 



(5.12) 
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Reactants 


Product 

c n H m + 2 * 

k A 

c n H y *2 

C n H y *2 

k H 

O —- whisker carbon 

C* + OH* 

—L 

Gas 

H2O + * 

Kw 

OH* + V2H2 


Figure 5.23 Simplified reaction sequence [384], [415]. Reproduced with the permission 

of Elsevier. 

Equation (5.12) shows that the risk of carbon is increased by high 
adsoiption rate (k A ) as for alkenes and low hydrocracking rate as for 
aromatics. The other constants are related to the catalyst properties. 
Carbon formation is depressed by a strong adsoiption of steam (high K w ) 
reflected by negative orders with respect to steam. k c may be decreased 
by blocking the nucleation sites for carbon as discussed in Sections 5.3.2 
and 5.5. 

5.3.2 Catalyst promotion 

The formation of whisker carbon may be eliminated by catalyst 
promotion [17] [425]. Steam adsoiption is enhanced by the promotion 
with potassium [379] [381] as reflected by a negative reaction order with 
respect to water, aH 2 o (Section 3.5.2), or high value of K w (Equation 
5.12). It is well known that alkali promotes gasification of carbon and 
coke precursors [224] [374] and alkali-promoted nickel catalysts are 
efficient for carbon-free reforming of higher hydrocarbons [22] [370] 
[389]. A similar effect of alkali is observed for suppressing carbon 
formation in CCE reforming [241]. 

Potassium carbonate is the stable compound on the catalyst, but it 
will be decomposed by reaction with steam resulting in a partial pressure 
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of the hydroxide over the catalyst and in the reformer effluent. In severe 
circumstances the loss of alkali may result in plugging of downstream 
equipment and also lead to stress corrosion [389]. To minimise the alkali 
loss, reformers are typically loaded with a combi-charge with a low 
alkali (or alkali-free) catalyst in the bottom. There are different methods 
of reducing the evaporation of alkali. This may be by binding a reservoir 
alkali such as KAlSiCTt [22] or later as p-alumina [370] which hydrolyses 
slowly, or bound to a calcium aluminate support. 

As discussed in Section 4.3.1 the presence of alkali results in a 
significant decrease in the activity reflected by a lower pre-exponential 
factor. This is not the case with active magnesia, which shows the 
promoting effect of enhanced steam adsorption (although smaller than 
that for alkali promotion), but without the loss of activity [380] [381]. As 
a result, a Ni/MgO catalyst is able to process liquid hydrocarbon 
feedstocks, even kerosene and diesel if proper ly desulphurised [405] 
[427]. The method of preparation of the Ni/MgO catalyst is critical to 
achieving the promoter effect [381] [415] as illustrated in Figure 5.24. 



Figure 5.24 Carbon formation (FFO/nC 7 F[ 16 =2.0 mol/C-atom). Ni/MgO catalysts. 
Various preparation methods [381], [542], Method 4b appears advantageous. 
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The high activity of the alkali-free catalyst means that the higher 
hydrocarbons are converted before the process gas reaches the 
temperature level for thermal cracking, whereas the alkali-promoted 
catalyst may cope with coke precursors formed by cracking. 

Similar promoter effects have been reported for La 2 0 3 and Ce 2 0 3 for 
C0 2 and steam reforming as shown in Figure 5.25 [403], Just as for 
MgO, spill-over of OH species from the support may result in increased 
coverage of OH on the nickel surface [79] [178]. An indication of spill¬ 
over was found in C0 2 reforming of methane over Pt/Zr0 2 catalyst [55], 
as the rate correlated with the length of the metal support perimeter. 



450 500 550 600 

Temperature, °C 


Figure 5.25 Carbon formation and catalyst promotion. Steam reforming of n-butane. 
TGA studies. H 2 0/C„F[ 1 o=1.5 (mol/C-atom), 1 bar abs [403]. Reproduced with the 
permission of Japan Petr. Inst. 


However, little experimental work has been carried out on the spill¬ 
over effect. K w in the simple reaction sequence (Figure 5.23) cannot be 
an equilibrium constant without violating the principle of microscopic 
reversibility as steam is adsorbed directly on the nickel as well [389]. If 
one reaction step is at equilibrium, this must be true for the others 
involved in the spill-over as well as illustrated in Table 5.5. This 



Ccirbon and Sulphur 


263 


corresponds to micro-calorimetric measurements and isotopic exchange 
of studies [17] showing that the best supports are those with high rate for 
dissociated steam adsoiption rather than those with high adsoiption 
equilibrium constants. 

Table 5.5 Sequence for spill-over of steam [17]. 

Reaction 

H 2 O + *support H 2 O * support 

H 2 0 + *support + *support <-» OH * support + H * support 

OH * support + *Ni <-» OH * Ni + support 

H 2 0 + *Ni + *support OH * Ni + H * support 


Another approach for inhibition of carbon formation is to retard the 
full dissociation of the hydrocarbon into adsorbed carbon atoms. The 
presence of potassium on a nickel catalyst results in a significant increase 
in the induction period for nucleation of carbon whiskers (refer to Figure 
5.6). It means that potassium works as promoter also without the 
presence of water. 

The retarded dissociation of the hydrocarbon was the explanation in a 
series of studies of the impact of a number of oxides such as La, Ce, Ti, 
Mo, W [70] [80] [101]. For a Pt/TiCT catalyst it was concluded that TiO x 
layers on the platinum surface were suppressing carbon formation, 
probably by ensemble control. 

Ensemble control is also involved in carbon-ffee steam reforming on 
a sulphur passivated catalyst [390] (Section 5.5). Ensemble control was 
also reported for the addition of Bi [500] or B [526] to nickel and for bi- 
metallic catalysts such as Ni,Au [50], Pt,Re [367], Pt,Sn [474], and Ni,Sn 
[217] [247] [431] [456] [545]. Alloying nickel with copper [49] [16] can 
also decrease the rate of carbon formation, but it is not possible to 
achieve the same high surface coverage with copper as with sulphur and 
gold, because copper and nickel forms a bulk alloy with a fixed surface 
concentration of copper over a wide range as alloy composition. 



264 


Concepts in Syngas Manufacture 


It was shown earlier (Figure 5.11) that noble metals show higher 
resistance to carbon formation from methane. This is also true from 
higher hydrocarbons as illustrated in Figure 5.26 [403]. 
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Figure 5.26 Carbon formation. TGA studies. H2O/C4 Hi 0 =0.5 on nickel and ruthenium 
catalysts [403], Reproduced with the permission of Japan Petr. Inst. 


5.3.3 “Gum formation ” in prereformers 

At low temperatures (<500°C and as applied in prereformers), the rate of 
adsorption of hydrocarbons (E a =approximately 40 kJ/mol) becomes 
higher than that of hydrocracking (E a =approximately 160 kJ mol' 1 ) [386] 
[405] as illustrated in Figure 5.27. Hydrocarbon ffactions may then 
accumulate on the nickel surface and slowly be converted into a non- 
reactive layer (“gum”) blocking the nickel surface [322]. 

The composition of the “gum layer” was examined by extracting the 
deactivated catalyst with trichlorine methane. After brief laboratory 
experiments [254] [453], a paraffinic structure of -CH 2 - chains was 
identified, whereas extracts from industrially used catalysts showed a 
high content of poly-aromatics [31] [54]. This indicates that the “gum” 
deposits are slowly aged to less reactive deposits (Figure 5.28). 
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Log (rate) 



Figure 5.27 Adsorption and hydrocracking of hydrocarbons on nickel surface [529], For 
r H >r A , gum cannot accumulate on the surface. 



Figure 5.28 Gum formation, Ni-catalyst. FIRTEM. Flelveg [227], This picture is 
consistent with observations [314] of the formation of different types of adsorbed carbon 
in the methanation reaction (a and [3 carbon) as also revealed in TPD studies in hydrogen. 
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The reactivity of the “gum” layer is reflected by TPD studies in 
hydrogen as illustrated in Figure 5.29 [108] [110]. Similar TPD results 
were reported earlier from methanation studies [314]. 



Figure 5.29 TPR (Temperature Programmed Reaction) of an adiabatic prereforming 
catalyst after six months of operation with naphtha feedstock. Fleating rate: 6°C per 
minute. Christensen et al. [108]. Reproduced with the permission of ACS. 



Figure 5.30 Prereforming of naphtha in hydrogen plant. Temperature profiles FFO/C, 
p=26 bar. Christensen [110]. Reproduced with the pennission of Elsevier. 
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As a result of the encapsulating gum deposits, the temperature profile 
in the adiabatic prereformer will move in the flow direction as illustrated 
in Figure 5.30 [110] for a naphtha-based plant. The movement of the 
temperature profile will be overlapped by the deactivation caused by 
sulphur poisoning. 

The deactivation rate can be assessed from the profile as a resistance 
number, R (kg feed processed (g eat)' 1 ) [392], For prereforming, the 
resistance number R will increase with temperature and hydrogen partial 
pressure as hydrocracking of surface species takes over. It decreases with 
the final boiling-point temperature of the feedstock and in particular with 
the content of aromatics in the feed [322] as shown in Figure 5.31 [453]. 



Catalyst deactivated (weight) 

Figure 5.31 Prereforming of various hydrocarbons. Sehested [453], Amount of naphtha 
processed versus the amount of catalyst deactivated for experiments with 25% (one 
experiment with 50%) of the naphtha substituted by another molecule. Naphtha IBP/FBP 
80°C/179°C, P=31 bar abs, T in =465-470°C, tTO/C=2.5, H 2 O/H 2 =10. Reproduced with 
the pennission of the author. 

The movement of the profile may be followed by plotting the length 
of the reaction zone Z 90 (corresponding to 90% of the temperature 
increase as shown in Figure 5.32) as a function of time or the amount of 
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feedstock. The resistance number, R, proportional to the inverse slope, 
can be expressed as weight of feed per weight of deactivated catalyst. 



Z 


Figure 5.32 Typical temperature pro file movements. Profiles at given time intervals and 
fixed load. A: sintering at high pressures. B: Poisoning from inlet layer. C: Combined 
sintering and poisoning [392], Reproduced with the permission of Elsevier. 

When processing feedstocks that are difficult to desulphurise such as 
diesel, the deactivation will be overlapped by sulphur poisoning [350] 
[415]. Steam reforming of diesel from Fischer-Tropsch synthesis is easy, 
as it is sulphur-ffee and contains no aromatics. 

The reactivity of the “gum layer” with hydrogen is reflected by lower 
deactivation rates (high R) when operating with hydrogen-rich feed gas 
(for instance by recycling product gas [140]) and as illustrated in Figure 
5.33. 

R may not be constant with time (as in Figure 5.32 (B)) and it may be 
useful to make the plot in a double logarithmic diagram [392] to identify 
the nature of development. The typical situation results in nearly constant 
values of R after an initial period with faster deactivation. Typical values 
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of R are within the range of 5-20 kg/g. Smaller values would reflect the 
need for catalyst replacement more than once a year for typical space 
time yields. A similar deactivation trend is observed also for methanation 
for SNG (p-deactivation) [205], and for methane to gasoline synthesis 
[492] [531]. 

The risk of carbon (or gum) formation from higher hydrocarbons can 
be analysed separately from the potential for carbon predicted by the 
“principle of equilibrated gas”. 


Note 

A pilot test was carried out with naphtha as feed. The critical H 2 0/C n H m 
was assessed to be around 1.3. As shown in Figure 5.33, it was possible 
to operate at a H 2 O/C n H m =1.0 in the feed gas by using a hot (ejector) 
recycle, which brought Fl 2 0/C I1 H m up to 1.6. The principle of 
equilibrated gas predicts carbon-free operation above O/C=0.9. 


Naphtha 


O/C = 1.0 atom/atom 
H 2 0/C n H m = 1.6 mol/C atom 



Temperature,°C 
430 500 



: 25 kg/cm 2 g 
:494 °C 


Figure 5.33 Prereforniing, bench-scale test (duration 2300 hours) [386], The low 
temperatures imply a low FFO/C n F[ m ratio. Recycle operation results in an overall O/C 
ratio of 1.0 close to the carbon limits: O/C=0.9 (as calculated from principle of 

equilibrated gas). 
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In conclusion, there is a temperature window [405] for carbon-free 
operation on higher hydrocarbons as illustrated in Figure 5.34. For a 
given steam-to-carbon ratio, there is a temperature above which whisker 
carbon (or pyrolytic carbon) (refer to Section 5.3.4) is formed and a 
temperature below which the catalyst is deactivated by gum formation. 

H 2 0/C n H m 



Figure 5.34 Temperature “window” for carbon-free operation [405]. Reproduced with the 

permission of Elsevier. 

5.3.4 Carbon from pyrolysis 

At high temperatures (above 600°C), the thermal cracking of higher 
hydrocarbons becomes significant and as a result pyrolytic carbon may 
be deposited on the outer surface of the catalyst pellets and on the tube 
wall [389]. This is typically the situation when the catalyst has become 
sulphur poisoned. Non-converted hydrocarbons pass unconverted over 
the deactivated catalyst to the hotter part of the reformer tube where they 
are cracked. 

The formation of pyrolytic coke is complex [200] [499]. In general, it 
is initiated by gas-phase reaction forming unsaturated molecules and 
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radicals which may react further by polymerisation and dehydrogenation 
reactions. Gas-phase soot as observed in partial oxidation (Section 1.3.1) 
may be formed. If the partial pressure of the macro-molecules increases, 
this may lead to condensation of droplets which are further 
dehydrogenated into solid coke [499]. In tubular reformers, the tar-like 
macro-molecules are deposited on the tube surface where they may be 
converted to dense shales or as deposits encapsulating the catalyst 
particles and eventually filling out the void between the particles as 
shown in Figure 5.35. 


Note 

The sample in Figure 5.35 was taken from the bottom of the reactor 
above the exit grid which forces the gas to leave close to the tube wall. 
The conic shape of the coke reflects the hydrodynamics with the coke 
being deposited in the area with shadowing effect from the grid - i.e. 
high residence time and high KSF (refer to Section 4.3.3). 



Figure 5.35 Pyrolytic coke formed in catalyst bed. ZrCT/K catalyst for “catalytic steam 
cracking” (refer to Section 4.3.3). 

The tube surface as well as the surface acidity of the catalyst may 
enhance the initial deposits of coke [389] [499]. 
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The formation of coke by pyrolysis increases strongly with 
temperatures as indicated in Figure 5.36 [405] which shows results from 
TGA measurements on cracking of ethylene. With no catalyst, the 
activation energy was estimated to 458 kJ/mol. In the presence of an 
alkali-promoted support, (Zr0 2 , 0.5% K) (refer to Section 4.3.3), the 
coking was retarded, probably by the promotion of alkali of the reverse 
carbon-forming reaction R8 in Table 5.2 as shown in Reaction (5.13) 
below: 

C + H 2 0<h>C 0 + H 2 (-AH° 98 =-132kJ/mol) (5.13) 

A similar mechanism may work when using an alkali-promoted 
nickel catalyst [22]. 



Figure 5.36 Coking from ethylene. TGA measurements [405], Flows (mol/h): C 2 Fl4=0.2, 
Ft 2 O=0.16, N 2 =0.1, H 2 S=10' 4 ). Tube diameter: 18 mm, basket diameter: 10 mm, 0.85 g 
catalyst (Zr0 2 , 0.5% K). Reproduced with the permission of Elsevier. 

The risk of coke formation is to be analysed in the same way as for a 
steam cracker [481]. In fact, a steam/naphtha reformer with a completely 
deactivated nickel catalyst will work as a steam cracker producing 
olefins as discussed in Section 4.3.3. 
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It is generally agreed that the gas film at the tube wall is overheated 
and acts as a source of radicals and coke precursors. In steam crackers, 
the tube skin temperature is the most important parameter determining 
the rate of coke formation. Moreover, the coking reactions are related to 
the so-called kinetic severity function (KSF) (refer to Section 4.3.3). 

KSF describes the residence time - temperature history of the 
reactants in a way that is consistent with kinetics. This means that for a 
given temperature profile, the risk of carbon formation is increased with 
higher residence time (refer to Figure 5.35). The catalyst filling has an 
influence on these parameters, first by changing the film volume and 
secondly by influencing the residence time distribution via the void 
ffaction. 

5.3.5 Regeneration of coked catalyst 

Rapid formation of whisker carbon may result in “spalling” of the 
catalyst pellets forming dust or complete breakdown of the pellet. 
However, in case of slow build-up of carbon, the catalyst pellet may stay 
intact - even with high amounts of carbon as illustrated in Figure 5.37. 



Figure 5.37 Radial carbon profile in ring-shaped refonner catalyst [381], 
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The catalyst pore system may, however, be blocked if the catalyst 
does not contain macropores [381]. 

The newly formed carbon whiskers are very reactive when there is a 
thermodynamic potential for gasification (reverse Reaction R6 in Table 
5.2). This was demonstrated in the TGA tests close to equilibrium. In situ 
electron microscopy [33] has shown how nickel crystals may “eat” 
channels through carbon by a reverse whisker growth mechanism. 
Similar observations have been made for catalytic filters for car exhaust 
where cerium oxide crystals react with soot deposits [460], The “gum” 
layer is also reactive in hydrogen [205]. 

Newly formed carbon may be removed by steaming (600-700°C) 
[381] according to Equation (5.13) which shows potential for gasification 
at a H 2 O/H 2 =10, which is sufficient to keep the nickel catalyst in a 
reduced state (refer to Chapter 4). In practice fresh whisker carbon can 
be removed by simply increasing the steam-to-carbon ratio. 

With ageing, the whisker structure collapses and the reactivity 
diminishes. The same is true for the “gum” layer and eventually the coke 
deposits can only be removed by means of oxygen (air). 



Figure 5.38 Regeneration for carbon formation in an industrial reformer [388] [389], 
Analyses of dry exit gas. Approximately 0.4 tonne of steam per tonne of catalyst per 
hour. T cat =450—600°C. P ~ 6 bar. The progress of the regeneration can easily be followed 
by analysis of the exit gas from the reformer. The additions of air is increased as the 
production of C0 2 decreases. In this way, overheating can be controlled. Reproduced 
with the pennission of Brill and Springer Verlag. 
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It has been shown [440] [518] for coke deposits on cracking catalysts 
that the reactivity after oxidation depends mainly on the surface area of 
the coke and that the rate quickly becomes diffusion limited with a risk 
of overheating the catalyst pellet. In practice, the bum-off of coke can 
easily be performed by adding a few percent of air to the steam flow at 
temperatures above approximately 450°C as illustrated in Figure 5.38 
[388] [389]. 

If whisker carbon has resulted in breakage of the catalyst pellets, a 
high pressure drop will remain after the removal of carbon. 

Pyrolytic coke is dense with a very small surface area. Hence, it is not 
possible to remove after ageing by steaming [499] and it may still be 
difficult to bum off in air. Steam crackers are regenerated by frequent 
“on-line decoking” with steam [374] instead of off-line decoking with 
steam and air. 

Gum formation on the prereforming catalyst can in principle be 
removed by high-temperature treatment in hydrogen [205], but in 
practice it is not possible to establish the required conditions. 

5.4 Sulphurpoisoning of reforming reactions 

5.4.1 Chemisorption of hydrogen sulphide 

Group VIII metals are susceptible to sulphur poisoning [39] and sulphur 
must be removed from the feed stream. Natural gas may be cleaned over 
active carbon, but normally all hydrocarbon feedstocks are treated by 
hydro-desulphurisation over CoMo (or Ni/Mo) catalyst followed by 
sulphur absoiption on a zinc-oxide absorption mass (refer to Section 
1.5.1). 

Poisoning effects are often correlated with the poison concentration in 
the feed stream, which, of course, is the important parameter in practical 
operation. However, in a more detailed analysis this approach can hardly 
be justified for other than isothermal tests in gradientless reactors. The 
adsorption equilibrium depends on temperature and composition of the 
gas phase which varies through the reactor as well as within the single 
catalyst pellet. Therefore it appears more rational to correlate the 
deactivation with the amount of poison present on the catalyst rather than 
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with the poison concentration in the feed stream. However, the 
correlation between sulphur in the feed and in the catalyst may be 
complex as illustrated below. 

Under reforming conditions, all sulphur compounds will be converted 
to hydrogen sulphide, which is chemisorbed on the metal surface (Me): 

H 2 S + Me <-» Me-S + H 2 (5.14) 

This takes place at H 2 S/H 2 ratios far below those required for 
formation of bulk sulphides [376]. 

Nickel is the most sensitive metal as illustrated in Figure 5.39 [523]. 



Figure 5.39 Chemisorption of FFS on metals [425]. Data from Wise et al. [523], 
Reproduced with the permission of Wiley. 


Hydrogen sulphide chemisorbs dissociatively on nickel. Stable 
saturation uptakes of sulphur are observed at ratios of H 2 S/H 2 from 
10 10 -6 up to close to 1000 10' 6 above which bulk sulphide is formed. 

The thermodynamics of nickel sulphide phases [372] indicates that 
the formation of a bulk phase sulphide (N^Sa) at temperatures around 
500-700°C requires a H 2 S/H 2 concentration ratio in the order of 10' 3 . 
This ratio is about 100-1000 times above what would normally cause 
poisoning at those temperatures. 
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The saturation layer has been described in Section 4.2.1. Below a 
certain H 2 S/H 2 concentration ratio the saturation layers become unstable 
and the equilibrium coverage is dependent on the H 2 S/H 2 concentration 
ratio and temperature [376]. This is normally described in terms of an 
adsorption isotherm and the isoteric heat of chemisoiption. 


5.4.2 Chemisorption equilibrium 


Attempts to correlate data with a Langmuir-like isotherm have not been 
successful [376]. This failure is not surprising in view of the mechanism 
of the adsoiption violating the assumptions for the Langmuir isotherm. 
However, the experimental data shown in Figure 5.40 may be 
represented by linear isobars [15] expressed by: 


Ø s =1.45-9.53 T(T 5 •T + 4.17-KT 5 


• T ln 


Ph 2 s 

Pm 


(5.15) 


This reflects a Temkin isotherm as shown below, but it is also 
apparent from Figure 5.40 that Equation 5.15 is not valid for 9 S close to 
one and at low coverage it represents a big extrapolation. The deviations 
at low temperatures may be explained by adsoiption on the support 
[377]. 


Note 

A Langmuir isotherm satisfies the ideal adsorption conditions and can 
be written as: 


9 S 

i-e. 



r \ 

Ph 2 s 


(5.16) 


If it is assumed that the adsoiption heat is independent of the sulphur 
coverage 9 S , a Temkin isotherm results: 

“AH ads = - AH 0 ads (1 - aØ s ) (5.17) 

If these two equations are combined, the left-hand side still reflects 
the Langmuir assumption that the rate of adsoiption and desorption is 
proportional to the number of free and occupied sites, respectively. For 
dissociative adsorption as in Equation (5.14) it is likely that the 
desorption rate of ELS is proportional to the non-occupied sites available 
for hydrogen adsoiption. If so, it is more appropriate to represent the 
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isotherm as a Temkin isotherm, where the heat of adsorption is 
independently calculated from Equation (5.14) as: 


AG ads - ^H ads -TAS„ h« --RT-ln 


ads 


r Pn 2 ^ 

v Ph 2 s j 


Insertion of (5.17) in Equation (5.18) and rearrangement give: 


ln 


^Ph,s ^ 

V P H: J 


=AH 0jads (l-aØ s )- 


AS 


ads 


R 


Which after solving for Ø s can be written as 

„ 1 TAS RT , 

Ø s =-ln 

a a ■ AH oads a ■ AH oads 


^Ph,s A 


vPh 2 j 


(5.18) 


(5-19) 


(5.20) 


Equation (5.15) corresponds to the constants: a=0.69, AEI 0 , ads =-289 
kJ/mol El 2 S, and AS ads =-0.019 kJ/mol ElaS/K in Equation (5.20). 

Equation (5.15) implies an entropy of adsorption being independent 
of Ø s which is in accordance with a “bulk”-like behaviour of the 
chemisorbed layer (i.e. a two-dimensional sulphide). 



Figure 5.40 Isobars for chemisorption of H 2 S on Ni catalysts [15]. The linear curves 
represent Equation (5.15). Reproduced with the permission of Elsevier. 
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The initial heat of chemisorption of 289 kJ/mol H 2 S corresponds to 
189 kJ/mol H 2 S at Ø s =0.5 (or 104 kJ/'/ 2 mol S 2 ). These values are in the 
range of what is reported elsewhere in literature [39] [523] and well 
above the heat of formation of bulk sulphur (Ni 3 S 2 ), 83 kJ/mol H 2 S. This 
demonstrates that the chemisorbed sulphur is strongly bound to the 
nickel surface and that the “two-dimensional sulphide layer” can be 
stable at conditions where bulk sulphide does not exist. 

In principle, it should be expected that Reaction (5.14) is influenced 
by the competing chemisoiption of water: 

* + H 2 0*->*-o + H 2 (5.21) 

However, it was shown that the sulphur uptake was not affected by 
the presence of steam up to H 2 O/H 2 =10 [377]. These observations were 
confirmed by STM experiments [430], which illustrate how H 2 S 
displaces adsorbed oxygen as illustrated in Figure 5.41. 



Figure 5.41 Competition between chemisorption of FFS and FFO on nickel. STEM 
studies. Ruan et al. [430], Reproduced with the permission of the authors and Phys.Soc. 
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This result may appear surprising as the heat of chemisorption of 
oxygen is high (approximately 430 kJ/mol 0 2 ). However, the value is 
less than the heat of chemisorption for sulphur, which is about 480 
kJ/mol S 2 . This means that Equation (5.15) can be applied to estimate 
sulphur coverages at equilibrium in the presence of steam as illustrated in 
Figure 5.42 for a typical ammonia plant reformer [387] [389]. 



Z/m 

Figure 5.42 Sulphur coverage of nickel surface of catalyst in an ammonia plant tubular 
reformer, H 2 0/CH4=3.3, P e xit = 34 bar abs, T in Ar e xit = 505 o C/800 o C, no prerefonner [387], 
Reproduced with the permission of Brill. 

It was shown by Auger spectroscopy [459] that adsorbed carbon does 
not overlap into sulphur domains, meaning that carbon is limited to 
regions that are not already occupied by sulphur [381]. 
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5.4.3 Dynamics of sulphur poisoning 

Øs=0.5 at 500°C corresponds to the concentration ratio H 2 S/H 2 =1.6 10' 12 . 
It is evident that a nickel-based prereformer will remove any trace of 
sulphur. In practice, it would take a very long time to arrive at the 
equilibrium coverage. 

The dynamics of sulphur uptake in a prereformer is like a fixed-bed 
absorption as seen in a zinc-oxide bed (refer to Chapter 1). However, in a 
tubular reformer the pore diffusion restrictions in the sulphur adsorption 
in a single pellet has a complex influence on the transient sulphur 
profiles in the reactor and a mathematical model [112] [387] [389] is 
required to evaluate more exactly the time for full saturation and the 
breakthrough curves of sulphur. 



Figure 5.43 Breakthrough curves for H 2 S in tubular reformer feed. Model for transient 
profiles in poisoning of tubular reformer. Naphtha-based ammonia plant. Fl20/C=3.5, 
P exit =34 bar abs. T exit =800°C. Curves for different S contents in naphtha, molar fractions 
at outlet/inlet of reformer [387]. Reproduced with the permission of Brill. 

Figure 5.43 shows calculated breakthrough curves in a steam 
reformer of a naphtha-based ammonia plant with no prereformer [387] 
[389]. The relative concentration of hydrogen sulphide at the tube exit is 
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plotted as a function of time. It is seen that the breakthrough occurs 
immediately for sulphur contents in the naphtha higher than 0.1 wt ppm, 
indicating the serous effect of a sulphur peak in the reformer feed on 
downstream catalysts. 


Note 

The rate of sulphur uptake in a single catalyst pellet can be described by 
means of a modified version of the equation for diffusion-controlled 
elution from a catalyst pellet derived by Goring and de Rosset [210] 
[381]: 


s < i 6 v 1 I 

— =1 “—z —H 

Sqo tt n= ] n 


( 


n ' D e ff • Jt • t 


£-(B + l)-Req , 


= !—tZ ^exp(-n 2 pt) 


K n=l Z 


(5.22) 


Where 

s t sulphur uptake after a period of t (wt ppm) 

Sa, sulphur uptake at equilibrium (wt ppm) 

D eff effective diffusion coefficient (cm 2 /s) 

8 p catalyst porosity 

p p catalyst particle density 

t run time (s) 

B adsorption coefficient in a linear isotherm mol S/mol H 2 S in 

pellet void 


B = 




•s 


p 


5 . 4.4 Regeneration for sulphur 

The chemisorption process is reversible and in principle sulphur should 
be removed in a hydrogen stream. However, the driving forces are very 
small and decreases with decreasing Ø s .. And the elution process is 
subject to diffusion restrictions [381] [389] as reflected by the Goring- 
de Rosset equation, Equation (5.22) [210]. Even without diffusion 
restrictions, the sulphur leaving the reactor in a hydrogen stream will 
decrease exponentially with time as illustrated below [377] [381]. 
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Note 

Assuming a linear adsorption isotherm 



(5.23) 


in which 

s sulphur content on the catalyst 


Si sulphur content before regeneration 

F component flow 

If s m is the number of moles of sulphur on a catalyst weight, the 
sulphur flow leaving the catalyst can be calculated from the differential 
equation as: 



(5.24) 


This equation can be integrated from the initial amount si as: 



(5.25) 


Sulphur may be removed by oxidation in steam under controlled 
conditions [377]. As illustrated in Figure 5.44, no improvement is 
observed when increasing the F^O/FF ratio, as also expected from 
equilibrium studies (refer to Section 5.4.2). 
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Figure 5.44 Regeneration in H 2 0/H 2 [377]. Reproduced with the pennission of Elsevier. 
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However, at H 2 0/H 2 above 150-250, a significant change in the 
regeneration degree of the catalyst is obtained as shown in Figure 5.44. 
Increased sulphur removal is achieved at a FEO/FE ratio which may be 
close to the equilibrium constant for the oxidation of the catalyst. 

The exit gas shows the presence of sulphur dioxide as well as 
hydrogen sulphide [377], which may indicate the following reaction 
pattem: 


Ni-S + H 2 0<-»Ni0 + H 2 S 

H 2 S + 2H 2 0 S0 2 +3H 2 -AH 298 = -207 kJ / mol 


(5.26) 


This sequence does not include the chemisorption equilibrium for 
H 2 S/Ni, Equation (5.14), linked to an exponential decrease in sulphur 
removal, Equation (5.24), and this may be the reason for the improved 
rate of regeneration. 

Equilibrium constants for Reaction (5.26) are shown in Appendix 2. 
The equilibrium constant at 700°C is 3.3 10' 8 , which means that even a 
small amount of hydrogen will inhibit the conversion of hydrogen 
sulphide. Therefore, sulphur removal following this reaction pattem 
requires a total oxidation of the catalyst. If some part of the nickel 
surface is still exposed to the gas, hydrogen formed by Equation (5.14) 
will cause hydrogen sulphide to be retained at the surface by the 
chemisorption reaction [377] [389]. 

A strong temperature dependence of the sulphur removal by steaming 
[377] may indicate a bonding of sulphur dioxide to the catalyst support at 
low temperatures. Therefore, high-temperature steaming is normally 
required to obtain sufficient removal of the sulphur on the catalyst. When 
the catalysts were exposed to steam containing air (vol%), formation of 
sulphates took place on all catalysts resulting in only limited sulphur 
removal. 

In principle, it should be possible to remove sulphur retained by the 
support (or promoter) by means of a reduction. This presumes first that 
the support will not retain the hydrogen sulphide formed by the reduction 
and secondly that the reduction is performed under conditions at which 
nickel oxide is reduced at a rate significantly lower than the rate of 
formation of hydrogen sulphide. If not so, hydrogen sulphide is 
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chemisorbed at the nickel surface [377] [389]. This might be solved by a 
two-step regeneration [389]. 

5.4.5 Impact of sulphur on reforming reactions 

Sulphur has a strong impact on the reforming activity of nickel catalysts. 
The deactivation is strong at small coverages of sulphur and the catalyst 
is completely deactivated at full coverage (9 S =1) [389]. The non-linear 
behaviour is demonstrated in Figure 5.45 [390]. The intrinsic rate of the 
poisoned catalyst is around two sizes of orders less than that of the non- 
poisoned catalyst. The rates are compared by referring to ffee nickel 
surface and using a simple Maxted model for poisoning [390] 

R S p = R°p(l-Øs) n (5-27) 

As shown in Figure 5.45, n=3 leads to a reasonable agreement for r° sp 
with the data for sulphur-free catalyst extrapolated to higher temperature. 


Note 

The activation energy in the SPARG reaction in the presence of sulphur 
in Figure 5.45 is estimated to 227 kJ/mol and the value of the sulphur- 
free test is 110 kJ/mol. This can be explained by the heat of 
chemisorption of hydrogen sulphide by comparing the rate expressions 
for the sulphur-poisoned and the sulphur-free catalysts. 

The intrinsic rate of the poisoned catalyst could be fitted [390] to the 
kinetic expression: 


R 


sp 


-32100 
=k Q e T 


0.8 0.3 -0.9 

p ch 4 p h,s 


(5.28) 


Rate expressions for sulphur-free catalyst are discussed in Section 
3.5.2. Here the expression by Bodrov [59] is used, and the activation 
energy from Table 3.5 [379] [389]: 

-13000 

R°p =k 0 e T -P CH4 -Ph" 2 (5.29) 


It was shown [390] that the Equation (5.15) for sulphur coverage in 
the range of interest can be simplified to: 


1-0 S 


= 0.293e 


4300 f \-0.3 

Ph 2 s 

l P H, I 


(5.30) 
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By combining (5.29) and (5.30): 

-25900 

R sp = Rs P (i-e s ) 3 = ke^^ 


■Pch 4 


a H2+0-9 

p h 2 



(5.31) 


which corresponds to an activation energy of 215 kJ/mol not too far 
from the experimental value of 229 kJ/mol, as discussed in [390]. 
Equation (5.31) is also in reasonable agreement with reaction orders in 
Equation (5.28). 



Figure 5.45 Specific activity and sulphur poisoning [390]. Ni/Al 2 0 3 catalyst. The rate R sp 
is referred to total nickel area, whereas R° sp is referred to free nickel area. Experiment 
with sulphur: H 2 O/CH 4 =1.0, H 2 0/ 2 =5, H 2 S/H 2 =28 10" 6 , 1 bar abs. Experiment without 
sulphur. H 2 O/CH 4 =0.94, H 2 0/H 2 =2.5, 1 bar abs. Reproduced with the permission of 

Elsevier. 
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CPO over noble metals is less sensitive to sulphur poisoning than 
steam reforming, as illustrated by the reactions in Table 5.6 [424]. In the 
presence of oxygen, sulphur is oxidised to S0 2 , but nickel will also be 
oxidised, which is not the case for rhodium, a typical catalyst for CPO. It 
means that rhodium remains active as long as oxygen is present. After 
depletion of oxygen, SO 2 will be reduced to H 2 S, which will be 
chemisorbed on the catalyst and downstream catalysts and anodes. The 
task is then reduced to removing hydrogen sulphide from the product 
gas. It means, however, that the endothermic steam reforming reaction is 
poisoned when the oxygen has been consumed. This is reflected by a 
temperature increase in the CPO reactor when operating in the presence 
of sulphur [496], 


Table 5.6 Sulphur reactions [424], 


Reaction 

R51 

Ni + H 2 S<-»Ni-S + H 2 

R52 

Ni-S + 1.50 2 <-> Ni0 + S0 2 

R53 

S0 2 + 3H 2 oH 2 S + 2H 2 0 

R54 

Rh + H 2 S <-> Rh -S + H 2 

R55 

Rh-S + 0 2 —»Rh + S0 2 


The sulphur resistance of the CPO process is in particular an 
advantage when using heavy fuels (diesel) as feedstock. These will 
contain sulphur compounds, which are difficult to remove at low 
pressure. This is crucial for the operation of low-temperature fiiel cells, 
but may not be the case for high-temperature fiiel cells, as demonstrated 
by results on a SOFC stack [421]. 

Sulphur poisoned the internal reforming as expected, whereas the 
electrochemical reaction is less sensitive [66] [421]. It was possible to 
operate an SOFC stack in the presence of 50 ppm H 2 S with little loss in 
power output, whereas methane in the feed gas passed unconverted 
[421], Hydrogen sulphide may be converted into sulphur dioxide by the 
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electrochemical reaction. An analysis of literature data [66] shows that 
the loss in power output, Wi oss , could be correlated by: 

W loss =k (Ø s -Ø mm ) (5.32) 

using Equation (5.15) to calculate Ø s . Ø m i n is a constant. 

5.5 Sulphur passivated reforming 

TGA studies [390] showed that the rate of the carbon formation was 
more sensitive to sulphur than the reforming rate, as illustrated in Figure 
5.46. In the simple Maxted model for poisoning (refer to Equation 5.33), 
this reflects that the nucleation of carbon requires a larger ensemble 
(6-7 atoms) than does the reforming reaction (3 atoms) [21]. 
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Figure 5.46 TGA test on sulphur passivated catalyst [390], Reproduced with the 
permission of Elsevier. 


Equilibrium studies for CH 4 decomposition [390] in the presence of 
sulphur showed the formation of carbon at close to the equilibrium point 
for sulphur-free gas. However, at high coverage (Ø s about 0.7) the 
whisker carbon structure was replaced by “octopus” carbon (refer to 
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Figure 5.8). Therefore, the sulphur passivation is not able to inhibit 
carbon formation from an equilibrated gas with affinity for carbon 
formation, i.e. the principle of equilibrated gas works if the gas is 
equilibrated. 

Therefore the retarding effect of sulphur is a dynamic phenomenon. 
This means that carbon may be formed under certain conditions in spite 
of sulphur passivation - although at markedly reduced rates. Flowever, 
the thermodynamic potential (approximately 30 kJ/mol) required to 
initiate carbon [389] formation was found to depend on the sulphur 
coverage as illustrated in Figure 5.47. This energy is much higher than 
that (approximately 2 kJ/mol) (refer to Table 5.4) required to initiate 
carbon formation on sulphur-ffee catalysts. 



Figure 5.47 Sulphur coverage and supersaturation (-AG C ) for start of carbon formation 
[389], TGA studies. -AG C calculated from equilibrated gas at (FFO/CFIpexi, [389], 
Reproduced with the pennission of Springer. 


Example 5.3 

Laboratory experiments [390] were carried out at conditions for carbon 
formation: 

H 2 O/CH 4 =0.7, H 2 0/H 2 (inlet)=30 
Tin/T exit =515 o C/905 o C, P exit =3 bar abs 
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The principle of equilibrated gas shows potential for carbon > 540°C 
(whisker carbon data). The potential for carbon increases throughout 
the catalyst bed and carbon is formed when the gas approaches 
equilibrium. Carbon was formed from the equilibrated gas at the centre 
of the catalyst pellet above 750°C and 850°C with 7 and 18 vol ppm 
H 2 S in the feed gas, respectively. In the outer shell of the pellet the 
steady-state situation prevails, resulting in -AG e less than the 
approximately 30 kJ/mol necessary for nucleation of carbon. 


In principle, there are two situations for sulphur passivated reforming 
as illustrated in Figure 5.48 (in accordance with the trend in Figure 5.15): 

(1) For gases with low H/C, there is a lower carbon limit above 
which there is no thermodynamic potential for carbon formation. 

(2) For gases with high H/C (typically steam reforming), there is an 
upper temperature limit above which the principle of equilibrated gas 
predicts carbon. 


C0 2 /CH 4 

\ 


h 2 o/ch 4 

\ 






-AG c >0 









-AG c >0 


Figure 5.48 Carbon limits and sulphur passivated reformer. The principle of equilibrated 
gas predicts an upper carbon limit for gases with high Fl/C and a lower carbon limit for 

gases with low Fl/C. 
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The first case is represented for instance by the Midrex process for 
reducing gas (refer to Section 2.4.3). Table 5.7 shows results [390] from 
laboratory tests simulating the Midrex process [490]. The actual feed gas 
shows potential for carbon (-AG C at inlet>0 for T<840°C). The principle 
of equilibrated gas predicts carbon (-AG c <0 for T<890°C). The results 
indicate that carbon formation is eliminated above 9 s =approximately 0.8. 

The feed gas in the heating up zone is far from equilibrium because of 
nearly complete sulphur coverage. When the reaction starts, the interior 
of the pellets is filled with equilibrated gas, but the gas has no longer 
potential for carbon. 

Table 5.7 Sulphur passivated reforming. Optional sulphur content [390], 
Ti„/T exit =520 o C/945°C, P exit , 3 bar abs. Ni/Al 2 0 3 . Feed (vol%): CH 4 =COC0 2 =20.8, 
H 2 =30.7, H 2 0=6.9, -AG c >0 for T<840°C. 


Exp. No 

1 

2 

3 

4 

S in feed, vol ppm H 2 S 

28 

14 

5 

1 

Duration hours 

47 

42 

95 

5 

CH 4 (dry exit), vol% 

0.71 

0.70 

0.36 

- 

Ø s (equilibrated gas), 850°C 

0.86 

0.88 

0.78 

0.70 

Carbon formation 

No 

No 

No 

yes 


In the case of steam reforming (the second situation for sulphur 
passivated reforming), it is not possible to operate under conditions 
where the principle of equilibrated gas shows potential for carbon 
because the centre of the pellet will have equilibrated gas (refer to 
Example 5.3). However, with the sulphur passivation it is possible to 
operate at conditions under which the principle of actual gas predicts 
carbon because of the high (-AG C ) overpotential required for nucleation 
of carbon (Figure 5.47). 

The sulphur passivated reforming was demonstrated in a series of 
tests in a full-size monotube reformer in Figure 3.6 [152]. Some of the 
tests are referred to in Figure 5.49 and Table 2.6 (Section 2.4.2). A 
typical temperature profile is shown in Figure 5.49 with a fast heat up of 
the gas to the reaction temperature for the sulphur passivated catalyst. 
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The scale-up from fundamental studies to pilot testing led to the 
introduction of the SPARG process to industry [503]. 



Figure 5.49 Sulphur passivated reforming. Dibbem et al. [152], Axial temperature from 
full-size monotube pilot plant H 2 O/NG=0.96 mol/carbon. CO 2 /NG=0.64 mol/C-atom, 
P=7 bar abs. Reproduced with the pennission of Gulf Publishing. 


Sulphur also inhibits the dissociation of carbon monoxide (the 
Boudouard reaction). TGA studies [385] on nickel catalysts showed that 
methanation as well as carbon from the Boudouard reaction were 
strongly inhibited with increasing sulphur coverage. Other studies [186] 
found that sulphur eliminates the dissociation of carbon monoxide at a 
H 2 S/Ni coverage above 0.33. 

Sulphur was also reported [314] to promote the conversion of the 
reactive a-carbon formed by dissociation of carbon monoxide into the 
less active P-carbon as also seen for gum formation [108] (refer to 
Section 5.3.3). 

The sulphur passivation of the CO dissociation is applied for 
inhibition of metal dusting corrosion (refer to Section 5.2.2) on high 
alloy steel in the presence of syngas with high contents of carbon 
monoxide. Sulphur passivation is also used for retarding initiation of 
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coke formation on tube walls in steam crackers [407] (refer to Section 
5.3.4). 


5.6 Other poisons 

Chlorine typically originates from the process feed water (or from air in 
Coastal areas) or as organic chlorine compounds. Chlorine does not 
adsorb on nickel catalysts, on the contrary any chlorine content in the 
fresh catalyst will leave the catalyst during operation [389] [391]. A 
nickel catalyst may even be used for steam reforming of chlorine carbons 
[129]. However, chlorine is withheld if the catalyst contains alkali. If so, 
chlorine is reported to deactivate the reforming catalyst [85]. A catalyst 
with pre-impregnation of chlorine showed less of a decrease in the initial 
activity than was the case for sulphur [389]. 

Chlorine leaving the catalyst or passing through the reformer may, 
however, poison downstream copper containing catalysts (low- 
temperature shift, methanol synthesis). Chlorine causes a drastic 
sintering of the copper crystals [391] and chromatographs through the 
catalyst bed, leaving the deactivated catalyst behind. 

Arsenic may come from the feed, impurities and some zinc-oxide 
masses for desulphurisation, or from the C02-removal system (Vetro- 
coke). In contrast, calcium and zinc transferred from the zinc-oxide 
vessel has no deactivating effect on the reforming catalyst. 

Arsenic may poison nickel catalysts by forming a less active Ni-As 
alloy [389], although the poisoning effect is much less than that observed 
for sulphur. The reformer tube may also pick up arsenic, which may then 
be transferred to subsequent catalyst charges [86]. A similar effect may 
be experienced with phosphor. A test reactor made from a steel alloy 
containing phosphor led to steady deactivation of the reforming catalyst 
[29]. 

In addition the catalyst may be deactivated or fouled by impurities of 
iron, silica, etc. in the feedgas. 
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6 Catalysis of Steam Reforming 


6.1 Historical perspective 

The development of the steam reforming process has not been based on 
initial understanding of the catalysis. The progress was driven mainly by 
an “inductive approach” with feedback from industrial operation and 
pilot tests [417]. 

The industrial breakthrough of the steam reforming process was 
created mainly by reaction engineering and mechanical engineering with 
a pragmatic and empirical approach. This was followed by a period in 
the 1970s and 1980s with a strong input from reaction kinetics and 
reactor modelling accompanied by systematic studies of promoter 
effects. This work was strengthened by the input from surface science 
during the 1990s. 

The initial vague ideas about the mechanism were formulated by 
industrial groups around 1970 [22] [381], whereas only few academic 
scientists were involved in studies of the reaction. This included the 
groups around Temkin [58], Balandin [35], Borowiecki [36], Trimm 
[304] and Ross [373]. The activation of methane was studied in the 
1960s by Kemball [270] by deuterium exchange studies also applied by 
Frennet [198]. 

Dowden (ICI) [162] [163] had ideas based on “the collective 
properties” of the solids. These ideas were strongly opposed by Sachtler 
who argued in terms of the properties of the “individual surface atom” 
[433] or groups (ensembles) of atoms [354], 

The ICI group [446] thought that olefins were intermediates, but the 
studies were carried out at high temperatures and thus influenced by 
thermal cracking. Other work by Andrew [22] dealt with the function of 
alkali in terms of regasification. The Topsøe Group [366] [381] [384] 
argued that alkali promotes the adsoiption of water by spill-over of water 
from the support to the metal surface. At the same time, early research 


295 



296 


Concepts in Syngas Manufacture 


dealt with understanding the mechanism for carbon formation [33] [378] 
[380] [381] [383] using mainly TGA and electron microscopy. 

Research on nickel catalysts was mainly related to hydrogenolysis 
[311] [462] and later methanation [37] [314] became of interest in SNG 
from coal in the late 1970s. Sinfelfs work on bimetallic catalysts [462] 
was of interest to steam reforming, in particular as a direct correlation 
was found [379] [407] between the activity for steam reforming of 
ethane and that of hydrogenolysis of ethane as illustrated in Figure 6.1. 



Figure 6.1 Ethane reactions on Ni catalysts. Relative TOFs [379] [407], Steam reforming: 

H 2 0/C 2 H 6 =8, H 2 O/H 2 =10, 500°C, 1 bar. Hydrogenolysis: H 2 /C 2 H 6 =4, N 2 =75 vol%, 
300°C, 1 bar. Reproduced with the permission of Elsevier. 

The strong depressing effect of alkali on the catalyst activity was 
similar for the two reactions (refer to Table 6.1). It means that the 
retarding effect of alkali on the activity is independent of the presence of 
water. The impact on the activity is not related to K w as discussed in 
Sections 3.5.2 and 4.3.1. 

The reforming activity also correlates with the activity for methanation 
as shown in Table 6.1 comparing relative TOFs for a number of reactions 
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[379] [425]. The impact of alkali is much stronger for methanation than 
for reforming and hydrogenolysis, probably caused by enhanced 
adsorption of CO. In contrast, alkali has no impact on the decomposition 
of ammonia [379]. 


Table 6.1 Relative specific activities at atmospheric pressure [379]. 


Catalyst 

Alkali 

(wt%) 

Refonning 

500°C 

c 2 h 6 ch 4 

Hydrogeno¬ 
lysis of 

Cd f, 
300°C 

Methana¬ 
tion of 
CO, 
250°C 

Decompo¬ 
sition of 

nh 3 , 

500°C 

A: Ni/MgO 

0.07Na 

1.0 

1.0 

1.0 

1.0 

1.0 

B: Ni/MgO 


2.4 

2.0 

4.2 

9.1 

0.9 

C: Ni/MgO 

0.5K 

0.03 

0.09 

0.08 

0.002 

0.9 

D: Ni/MgAl 2 0 4 


3.0 

1.4 



3.2 

E: Ni/Al 2 0 3 


0.7 



2.7 

0.4 

F: Ni/Al 2 0 3 


2.5 


8.7 

20.6 

0.5 

G: Ni/Al 2 0 3 

5.8K 

0.09 



0.001 

0.5 


Sinfelfs early work on Ni, Cu alloys [462] showed that the TOF for 
hydrogenolysis referred to the nickel surface area dropping with 
increasing copper content, whereas dehydrogenation was unaffected. 
This may be compared with the difference between reforming and 
hydrogenolysis and ammonia decomposition shown in Table 6.1 

Boudart [74] referred to hydrogenolysis as a demanding reaction with 
the need for large ensembles as suggested by Ponec [354] and Martin 
[311]. This work supported ideas on ensemble control in the SPARG 
process (refer to Section 5.5). The importance of inhomogenities was 
expressed in the role of kink and step sites as suggested by Somerjai et 
al. [56] and in terms of B 5 sites introduced by van Hardefeld et al. [507]. 
The activity of nickel catalysts for steam reforming [379] [381] 
correlated with the presence of B 5 sites as illustrated in Figure 6.2. 

There is a strong correlation with the N 2 capacity, whereas the 
correlation with total nickel area is less clear. It was also shown that 
promotion of the catalyst with alkali removed the B 5 sites causing a 
drastic decrease in activity [379] [381]. 
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Figure 6.2 Nickel activity and B 5 sites [415], Ni/Al 2 C >3 catalysts (including K-promoted 
catalysts). B s sites measured by nitrogen adsorption [415]. Reproduced with the 
permission of Elsevier. 


The development of ultra-high vacuum methods in the 1970s 
followed by in situ (in operandi ) techniques and the progress in 
theoretical methods have led to a more detailed understanding of the 
loose ideas resulting from the early studies. 

6.2 The role of step sites 

The early indications of the importance of surface heterogenity for steam 
reforming and related reactions described in Section 6.1 were supported 
by measurements on single metal crystals. It was found that methane is 
activated more easily on open nickel surfaces such as Ni(110) than on 
close-packed surfaces [45] [47] [290], There was also evidence that 
methane is dissociated in a direct mechanism [98] [415] rather than via a 
CH 4 intermediate on the nickel surface. 
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Egebjerg et al. [179] investigated the effect of steps on the 
dissociation CH 4 on Ni(lll) and Ru (0001). The different activation 
energies reported for the dissociation could be ascribed to the varying 
presence of step sites in the experiments [415]. 



Figure 6.3 The initial sticking coefficient, So, for CFFj chemisorption on Ni(100) and 
Ni(l 11) at 475 K vs potassium coverage. CFE chemisorption at 500 K. Bengaard et al. 

[47]. Reproduced by the permission of the authors and Elsevier. 

Bengaard et al. [47] studied the effect of potassium promotion (in the 
absence of oxygen) on the dissociative sticking of methane to Ni(lll) 
and observed that 0.1 ML (monolayer) of potassium reduces the sticking 
coefficient by more than two orders of magnitude as shown in Figure 6.3. 

Other investigations of methane activation by Sehested [415] showed 
a strong impact of alkali on the methane/deuterium exchange reaction as 
illustrated in Table 6.2. 

A micro-kinetic analysis [415] showed that the activation energy 
increases by 34 kJ/mol on the alkali-promoted catalyst. At the same time, 
alkali causes the pre-exponential factor to increase by a factor of 15. This 
could be explained by potassium blocking the highly active step site, 
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leaving the reaction to take place on the less active open planes; 
however, with many more sites available. This supports the TGA data in 
Figure 5.6, demonstrating that alkali retards the dissociation of methane. 

Table 6.2 CH 4 /D 2 exchange studies (Sehested et al. [415]). Parameters obtained for the 
first two steps in the dehydrogenation of methane by fitting the experimental results with 

a micro-kinetic model. 


Catalyst 

A 

(bar 1 ) 

E 

(kJ mol' 1 ) 

Ni/MgAl 2 0 4 

2-10" 7 

53.1 

K/Ni/MgAl 2 0 4 

30-10' 7 

86.7 


The empirical evidence of the role of surface heterogeneity in steam 
reforming was confirmed by DFT calculations and further experiments 
by the Nørskov/Topsøe team [48] [415]. This work identified the step 
sites as playing a key role. DFT calculations were carried out for steam 
reforming of methane on the Ni(lll) surface and the Ni(211) surface 
representing a stepped surface. The energetics of the full reaction are 
shown in Figure 6.4. The step sites of Ni(211) are the most reactive. 
They have a lower activation barrier for the initial dissociation of 
methane and all the intermediates are more strongly bound than on the 
close-packed surface of Ni(lll). Methane may be activated on any 
single surface atom [264] [508], but stabilises on high coordination sites 
at steps having a lower barrier for further dissociation of methane. The 
activation of water does not depend strongly on the coordination number 
of the surface metal atom [506]. 

For both reaction paths, the highest barrier is the surface reaction for 
formation of CO. Flowever, the methane activation may remain the rate 
determining step, since the sticking coefficient for the methane 
dissociation is much lower (~10 7 ) than the pre-exponential factor of a 
surface reaction [104] [264]. 

The data in Figure 6.4 shows that carbon is bound stronger on the 
step sites than on the flat surface. It means that the step sites may also be 
the sites for nucleation of carbon [48] [415]. 
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Figure 6.4 Energy diagram for steam reforming of methane. DFT calculations. Bengaard 
et al. [48], Reproduced with the permission of the authors and Elsevier. 


The energy of a graphene layer is lower than that of the adsorbed 
carbon atoms, thus creating a driving force for the nucleation of carbon. 
This is true only for large graphene islands. Calculations [415] show that 
islands below 2.5 nm should not be stable, which is consistent with the 
observation that carbon is not formed on catalysts with small nickel 
crystals (Section 5.2.3). In situ HRTEM by Helveg et al. [226] confirmed 
the theoretical conclusions. It was possible to observe how graphene 
layers grow flom the surface steps, which are created during the 
nucleation and which rnoves as the graphene layers grow. 

Abild-Petersen et al. [7] used DFT calculations to analyse the various 
diffusion processes which may be involved in the formation of whisker 
carbon. It was concluded that diffusion through the bulk phase is very 
unlikely, whereas surface diffusion and perhaps diffusion through the 
sub-surface layer of nickel are the most favoured routes. This is in 
accordance with the observations by Helveg et al. [226]), as illustrated in 
Figure 6.5 and in contrast to the mechanisms based on bulk diffusion of 
carbon, whether based on assumptions of temperature gradients [33] or 
concentration gradients [383]. 
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Figure 6.5 Growth mechanism for whisker carbon. a: HRTEM observation. Helveg et al. 

[226]. b: Mechanism. Abild-Pedersen et al. [7], Reproduced with the pennission of 

Amer. Phys. Soc. 

Now the difficult carbon formation on most noble metals remains to 
be explained. So far this was explained based on the lack of bulk 
diffusion due to low solubility of carbon in these metals. It is more likely 
that the weaker bonding of carbon to the noble metals [57] results in a 
low coverage of carbon being insufficient for the nucleation of graphene. 

The step sites are not only the most stable sites for carbon, but also 
for a number of ad-atoms as illustrated by the results from DFT 
calculations [48] [415] shown in Table 6.3. 


Table 6.3 Calculated adsorption energies for ad-atoms (kj/mol) [48]. 


Surface 

K* 


n 2 

(Au) 

Ni(lll) 

-131 

-162 

-8 

(0) 

Ni(211) 

-206 

-210 

-49 

-36 


in presence of oxygen, ** H 2 S(g)+Ni*=Ni-S+H 2 (g) 


The preferential adsoiption of nitrogen explains the basis for 
determination of B 5 sites [379] [507]. The preferential binding of 
potassium, sulphur and gold explains the promoter effects discussed in 
Section 5.3.2 involving blockage of the step sites for nucleation of 
carbon. 
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This also explains the strong deactivation effects of potassium on the 
activity for steam reforming and hydrogenolysis (refer to Table 6.1) 
which are independent of the presence of steam. 

Gold is also preferentially located on step sites and it was 
demonstrated on a model catalyst that addition of gold to nickel could 
eliminate carbon formation [50]. DFT calculations showed a weaker 
carbon bonding in the vicinity of gold and a strong tendency for gold to 
decorate the steps. Similar effects may be expected from other bi- 
metallic catalysts as discussed in Chapter 4. The role of gold or silver on 
blocking step sites has been demonstrated, also for other reactions [135] 
[509]. 

The blockage of sites for carbon nucleation was the idea of the 
SPARG process (refer to Section 5.5), with chemisorbed sulphur 
“passivating the ensembles” for nucleation of carbon. 



Figure 6.6 Sulphur poisoning of decomposition of methane on Ni (14 13 13) surface. 
227°C. Abild-Pedersen et al. [5], Reproduced with the permission of the authors and 

Elsevier. 


The results from the DFT calculations in Table 6.3 are confirmed by 
STM observations by Besenbacher et al. [51] [430] (Figure 5.41) and 
from the data in Figure 6.6 [5], showing the strong deactivating effect of 
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sulphur on methane decomposition on a stepped nickel surface. The most 
active sites are blocked first. 

In the SPARG process, there is a competition between sulphur and 
carbon for the sites required for nucleation of carbon and the growth of 
graphene islands above the critical size, as reflected by the reaction 

ch 4 +s*«c*+h,s+h 2 (6.1) 

This is reflected by the supersaturation required for on-set of the 
whisker growth depending on sulphur coverage [390] as illustrated in 
Figure 5.47. 


Example 6.1 

It is interesting to make a rough comparison of the experimental value 
of the equilibrium constant for Reaction (6.1) that derived from the 
DFT calculations [415]. 


K 


eq 


a C* ' a H 2 S ' a H 2 


a S* ' a CH 4 


( 6 . 2 ) 


where a is the activity of the compound in equation (6.1). From 
experiments on sulphur passivated catalyst ([390] Table 6), the gas 
composition for onset of carbon formation at 850°C bar abs was (vol%): 
CH 4 =43.0, H 2 0=9.5, H 2 =47.5. 

If so, and assuming 0 S =0 C the experimental equilibrium constant in 
Reaction (6.1) becomes K p (6.1)=7 10, whereas the DFT calculations 
[48] result in 10' 7 and 10' 11 for step and plane sites, respectively [415]. 
This is a reasonable confirmation of the role of the step site for 
nucleation of carbon. 


The step sites are the most active for the reforming reaction and the 
carbon formation as well. However, the nucleation of carbon requires a 
critically large group of surface carbon atoms on the step to form a stable 
carbon island above approximately 2.5 nm as outlined above. This may 
explain the different dependency of the sulphur coverage of the two 
reactions shown in Figure 5.46. 

One effect of the role of step sites is that the number of highly 
coordinate sites should increase with decreasing particle size with a 
resulting higher activity. This was observed on noble metals by Wei and 
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Iglesia [517] and confirmed by the Nørskov/Topsøe team [264] as 
illustrated in Figure 6.7. The TOF varies linearly with dispersion which 
indicates the role of steps and might suggest a more dominant effect with 
increasing dispersion. In a simpler analysis [264], the linear dependency 
should reflect steps, whereas comers should result in a square relation. 
The data are in contrast to observations on industrial nickel catalysts 
[389] with dispersions less than 5%, as described in Section 4.3.1. Even 
the strongly sintered catalysts described in Section 4.2.3 showed no 
significant change in TOF. 

This discrepancy may be due to the presence of step sites also on 
large nickel crystals created by faceting. This is a subject for further 
studies. 



0.00 0.25 0.50 0.75 1.00 


Dispersion 

Figure 6.7 Steam reforming rate and dispersion. Jones et al. [264], 
H 2 0/CFl4=3.9. H 2 O/H 2 =10, 500°C. Reproduced with the permission of Elsevier. 


6.3 Geometric or electronic effects 

Discussions of catalytic phenomena have often been based on whether 
the effects should be related to geometric or electronic effects. The 
discussion has illustrated that both phenomena are involved in the 
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catalysis of steam reforming. This may be furthcr analysed by DFT 
calculations. 

Purely geometrical effects have been identified for dissociations (and 
associations) for di-atomic molecules (N 2 , CO, NO, O 2 ). The reason is 
that the transition state complexes for these molecules are quite extended 
and at the step it is possible to involve more metal atoms in the 
stabilisation of them [334]. 

In general terms, it appears that transition states for dissociative 
adsoiption are very similar. For a given substrate geometry, it is 
essentially independent of the molecule and transition metal in question 
[218]. This was shown by Nørskov et al. [57] by linear plots (Brønsted 
Polyani plots) of calculated activation energies for diatomic molecules 
versus calculated adsorption energies of the dissociated atoms. The plot 
for stepped surfaces showed activation energies below those for close- 
packed surfaces [333], which is mainly due to a geometric effect. 

On the other hand, there are also electronic effects leading to a higher 
reactivity of steps. It is generally found that steps with under-coordinated 
metal atoms are able to bond stronger to adsorbates (and transition state 
complexes) than metal atoms with a higher coordination number. 

Step atoms have fewer neighbouring metal atoms than other surface 
atoms. This causes a smaller overlap between nearest neighbour d- 
orbitals and results in d-states for step atoms that are narrower than on 
surface atoms. [422]. This leads to an upshift in the energy levels of the 
d-states, resulting in stronger bonding to adsorbates. 

The “electronic” effect can be quantified by DFT calculations as 
shown for methane activation on nickel in Figure 6.8 [6], The energy 
barrier for the first step is plotted against the centre of the d-bands 
projected onto the metal atoms involved in the process. It is seen that the 
d-band centre not only rationalises the effect of steps, but also the effect 
of alloying with Au, the effect of pre-adsorbed C-atoms and S-atoms, 
and the effect of strain. The straight line in Figure 6.8 reflects that the 
difference in activation energy can be related to electronic effects only. 

Hence, the role of step sites is supported by experimental data as well 
as DFT calculations. The higher reactivity appears to be related to effects 
that are given for steps and low coordinated surface geometries (or to the 
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electronic properties of the “individual surface atom” as formulated by 
Sachtler more than 30 years ago (refer to Section 6.1)). 



Figure 6.8 The electronic factor. The activation energy for CH 3 -H bond breaking over 
various surfaces is shown as a fimction of the local d-band centre for the metal atoms 
involved in the stabilisation of the dissociating molecule. Abild-Petersen et al. [6], 
Reproduced with the permission of the authors and Elsevier. 

6.4 Metal activity. Micro-kinetics 

The Nørskov group was able to push the DFT analysis further by the so- 
called scaling model introduced by Abild-Pedersen et al. [8]. The aim 
was to provide a simple tool to estimate the bonding energy assumed to 
be the key quantity describing the surface reaction. 

It was found that the adsorption energy of a molecule, AH X , was 
linearly correlated with the adsorption energy of the atom A and that the 
slope was related to the “valency” of the absorbate as illustrated for CH X 
in Figure 6.9. 
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Figure 6.9 Adsorption energies of CF[ X intermediates and adsorption energy of C. AE 
(CH x )=y AE(C)+ f;. Abild-Pedersen et al. [8]. Reproduced with the permission of the 
authors and Amer.Phys.Soc. 


It was fiirther shown that the constant c, (Figure 6.9) can be obtained 
from any transition metal as it is related to the sp states which are 
essentially the same for the transition metals. This means that it is 
possible to estimate adsorption energy for all other transition metals. 

By combining this simple scaling model with the Brøndsted-Evans- 
Polyani type correlations, it is possible to estimate the full potential 
energy diagram (refer to Section 6.2) for a surface reaction on any 
transition metal on the basis of a calculation for a single metal. 

This approach was applied by Jones et al. [264] for the steam 
reforming reaction. Since the data by Bengaard et al. [48] in Figure 6.4 
indicated that the methane activation as well as the surface reaction 
leading to carbon monoxide may be rate-determining, the analysis was 
expanded by applying the scaling principles for activation of methane 
and carbon monoxide and at the same time using values for the free 
energy and not only the total energy for the reaction scheme. 
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Figure 6.10 Reaction scherne illustrating the temperature dependence of the steam 
reforming reaction over Ni determined from DFT total energies (1 bar abs). Jones et al. 

[264], Reproduced with the permission of Elsevier. 

The results in Figure 6.4 are based on total energies. For steam 
reforming, it appears more relevant to apply the ffee energy as the 
entropy term becomes dominating at the high reaction temperatures 
(refer to Figure 1.7). 

The energy diagram for a variety of metals was established using the 
scaling methods [264] and shows how silver and copper are inactive, 
whereas tungsten binds oxygen and carbon too strongly. The Group VIII 
metals appear the most suitable as expected. Figure 6.10 shows how the 
energy varies for nickel, indicating that a two-step mechanism as 
postulated in Section 3.5.2 is like ly. It was shown for nickel that the 
barrier for CO formation decreases with increasing temperature, which 
supports the kinetic data by Iglesia et al. [517] of high temperature (550- 
800°C). At these temperatures, however, industrial reforming will show 
gas compositions close to equilibrium (refer to Section 3.4.3) and 
therefore the kinetics appears more important around 400-500°C. At this 
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temperature level, it appears reasonable to refer to a two-step mechanism 
and two-step kinetics to describe the activity in terms of the binding 
energy of carbon and oxygen as well. Results for 500°C are shown in the 
2D plot in Figure 6.11 [264]. 



1 2 3 4 5 6 

AE(C*)/eV 

Figure 6.11 Activity for steam reforming (logio, TOF) as a function of C and O 
adsorption energies, 500°C, 1 bar abs. Jones et al. [264], Reproduced with the permission 

of Elsevier. 

The maximum is close to binding energies estimated for nickel, 
rhodium and ruthenium. The calculations (Figure 6.11) by Jones et al. 
[264] result in the following sequence of activity of the Group VIII 
metals: 

Ru > Rh > Ni > lr > Pt ~ Pd 

This is in agreement with earlier results [272] [356] [379] (refer to 
Section 4.3.1), although measurements were not carried out at controlled 
dispersions, but in contrast to recent work by Iglesia et al. [517], who 
observed platinum to be the most active metal. Jones et al. [264] discuss 
various reasons for this discrepancy. 
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6.5 The par all el approach 

The understanding of the catalysis of steam reforming was achieved in 
parallel with the industrial developments described in Chapters 3, 4 and 
5. The knowledge obtained from this research has been essential to 
strengthen the know-how gained from the process development and from 
the feedback from the industrial practice. It has provided a rational basis 
to cope with the secondary problems. The analysis has also demonstrated 
that the progress in catalysis to a large extent is related to the 
development of new characterisation techniques and new theoretical 
methods. This is an obvious field for collaboration between scientists in 
industry and in academia. 



Figure 6.12 Members of the Nørskov/Topsøe team on steam reforming (Jens Sehested, 
Jens K. Nørskov, J.R. Rostrup-Nielsen, Bjeme S. Clausen, Stig Helveg, Frank Abild- 

Pedersen). 


You never finish a book. You quit it. 

Lanny D. Schmidt, 2010 
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Appendix 1 
Enthalpy of formation 


5 

Enthalpy coefficients inH (kJ/mol) II, = ^ E k -T k 1 

k=l 


Data sources [137] [375]. 



Ei 


e 2 

e 3 


e 4 

e 5 

o 2 

-7.962663 

10° 

2.427982 10' 2 

9.023752 10‘ 6 

-3.098198 10' 9 

4.552447 10‘ 13 

h 2 

-8.838190 

10° 

3.016572 10' 2 

-2.325840 10' 6 

2.027647 10‘ 9 

-3.426771 10' 13 

h 2 o 

-2.513828 

10 2 

3.106223 10' 2 

2.641890 

10‘ 6 

2.466168 IO" 9 

-6.372514 10' 13 

n 2 

-8.270338 

10° 

2.702524 10' 2 

2.168403 

10‘ 6 

8.503154 IO -10 

-3.202777 10' 13 

co 

-1.186737 

10 2 

2.621832 10' 2 

3.759823 

10‘ 6 

2.129007 IO" 11 

-1.733685 IO' 13 

o 

o 

-4.029275 

10 2 

2.448608 10' 2 

2.651733 

10‘ 5 

-9.591309 IO' 9 

1.423390 10‘ 12 

ch 4 

-8.211111 

10 1 

1.405654 10' 2 

3.554687 

10‘ 5 

-2.975929 IO' 9 

-1.066366 IO' 12 

c 2 h 6 

-9.266902 

10 1 

-4.343278 10' 4 

1.007521 

io- 4 

-3.255931 10‘ 8 

4.787174 10‘ 12 

C 4 H,o 

-1.407352 

10 2 

-2.401684 10' 3 

1.952472 

io- 4 

-6.701212 10‘ 8 

1.002040 IO' 11 

C 7 H 16 

-2.131201 

10 2 

-4.456496 10' 3 

3.353877 

10‘ 4 

-1.191684 IO' 7 

1.837205 IO' 11 

CH 3 OH 

-2.109931 

10 2 

2.014756 10' 2 

4.225563 

10‘ 5 

4.233056 IO' 10 

-4.017644 10' 12 

(CH 3 ) 2 o 

-1.966958 

10 2 

1.646284 10' 2 

9.291303 

10‘ 5 

-2.199279 10‘ 8 

1.358183 10‘ 12 
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Table values with enthalpies of formation at selected temperatures, kj/mol 
0 2 , H 2 , H,0, N 2> CO, C0 2 , CH 4 , C 2 H 6 , C 4 H 10 , C 7 H 16 Methanol and DME. 

Temp. 


°c 

o 2 

h 2 

h 2 o 

n 2 

CO 

co 2 

0 

- 0.72 

- 0.73 

- 242.65 

- 0.71 

- 111.23 

- 394.45 

25 

0.00 

0.00 

- 241.83 

0.00 

- 110.52 

- 393.51 

50 

0.73 

0.73 

- 240.99 

0.71 

- 109.81 

- 392.55 

75 

1.46 

1.46 

- 240.15 

1.43 

- 109.09 

- 391.57 

100 

2.20 

2.19 

- 239.31 

2.15 

- 108.37 

- 390.57 

125 

2.95 

2.92 

- 238.46 

2.88 

- 107.64 

- 389.54 

150 

3.71 

3.65 

- 237.60 

3.61 

- 106.91 

- 388.50 

175 

4.47 

4.38 

- 236.74 

4.34 

- 106.17 

- 387.43 

200 

5.24 

5.11 

- 235.86 

5.08 

- 105.43 

- 386.35 

225 

6.02 

5.84 

- 234.99 

5.82 

- 104.69 

- 385.25 

250 

6.80 

6.57 

- 234.10 

6.56 

- 103.94 

- 384.13 

275 

7.59 

7.30 

- 233.21 

7.31 

- 103.18 

- 382.99 

300 

8.38 

8.03 

- 232.32 

8.06 

- 102.43 

- 381.83 

325 

9.18 

8.76 

- 231.41 

8.81 

- 101.66 

- 380.66 

350 

9.99 

9.50 

- 230.50 

9.57 

- 100.90 

- 379.48 

375 

10.80 

10.23 

- 229.58 

10.33 

- 100.13 

- 378.28 

400 

11.62 

10.96 

- 228.65 

11.10 

- 99.35 

- 377.06 

425 

12.44 

11.70 

- 227.72 

11.87 

- 98.57 

- 375.83 

450 

13.27 

12.43 

- 226.78 

12.64 

- 97.79 

- 374.59 

475 

14.10 

13.17 

- 225.83 

13.42 

- 97.00 

- 373.34 

500 

14.93 

13.91 

- 224.88 

14.20 

- 96.21 

- 372.07 

525 

15.77 

14.65 

- 223.91 

14.98 

- 95.41 

- 370.79 

550 

16.62 

15.39 

- 222.94 

15.77 

- 94.61 

- 369.50 

575 

17.47 

16.13 

- 221.96 

16.56 

- 93.81 

- 368.20 

600 

18.32 

16.88 

- 220.98 

17.36 

- 93.00 

- 366.89 

625 

19.17 

17.63 

- 219.98 

18.16 

- 92.19 

- 365.57 

650 

20.03 

18.37 

- 218.98 

18.96 

- 91.38 

- 364.24 

675 

20.90 

19.12 

- 217.97 

19.77 

- 90.56 

- 362.90 

700 

21.76 

19.88 

- 216.95 

20.58 

- 89.73 

- 361.55 

725 

22.63 

20.63 

- 215.93 

21.39 

- 88.91 

- 360.19 

750 

23.51 

21.39 

- 214.89 

22.21 

- 88.08 

- 358.83 

775 

24.38 

22.15 

- 213.85 

23.03 

- 87.25 

- 357.46 

800 

25.26 

22.91 

- 212.80 

23.86 

- 86.41 

- 356.08 

825 

26.14 

23.67 

- 211.75 

24.68 

- 85.57 

- 354.69 

850 

27.02 

24.44 

- 210.68 

25.51 

- 84.73 

- 353.30 

875 

27.91 

25.20 

- 209.61 

26.35 

- 83.88 

- 351.90 

900 

28.80 

25.97 

- 208.53 

27.18 

- 83.04 

- 350.50 

925 

29.69 

26.75 

- 207.44 

28.03 

- 82,18 

- 349.09 

950 

30.58 

27.52 

- 206.35 

28.87 

- 81.33 

- 347.67 

975 

31.48 

28.30 

- 205.25 

29.72 

- 80.47 

- 346.25 

1000 

32.38 

29.08 

- 204.14 

30.56 

- 79.61 

- 344.82 
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Temp. 


°c 

ch 4 

c 2 h 6 

0 

- 75.69 

- 85.91 

25 

- 74.85 

- 84.67 

50 

- 73.97 

- 83.33 

75 

- 73.05 

- 81.91 

100 

- 72.09 

- 80.40 

125 

- 71.09 

- 78.81 

150 

- 70.06 

- 77.13 

175 

- 68.98 

- 75.37 

200 

- 67.87 

- 73.53 

225 

- 66.72 

- 71.61 

250 

- 65.53 

- 69.63 

275 

- 64.31 

- 67.56 

300 

- 63.05 

- 65.43 

325 

- 61.76 

- 63.24 

350 

- 60.43 

- 60.97 

375 

- 59.07 

- 58.65 

400 

- 57.67 

- 56.26 

425 

- 56.24 

- 53.81 

450 

- 54.77 

- 51.30 

475 

- 53.28 

- 48.73 

500 

- 51.75 

- 46.12 

525 

- 50.19 

- 43.44 

550 

- 48.60 

- 40.72 

575 

- 46.99 

- 37.95 

600 

- 45.34 

- 35.13 

625 

- 43.66 

- 32.26 

650 

- 41.96 

- 29.35 

675 

- 40.23 

- 26.39 

700 

- 38.47 

- 23.39 

725 

- 36.68 

- 20.35 

750 

- 34.87 

- 17.27 

775 

- 33.04 

- 14.15 

800 

- 31.18 

- 10.99 

825 

- 29.30 

- 7.80 

850 

- 27.40 

- 4.57 

875 

- 25.47 

- 1.31 

900 

- 23.52 

1.98 

925 

- 21.56 

5.31 

950 

- 19.57 

8.67 

975 

- 17.56 

12.06 

1000 

- 15.54 

15.47 


C 4 H 10 

c 7 h 16 

CHjOH 

- 128.13 

- 191.64 

- 202.35 

- 125.79 

- 187.65 

- 201.25 

- 123.27 

- 183.36 

- 200.10 

- 120.59 

- 178.78 

- 198.90 

- 117.73 

- 173.92 

- 197.65 

- 114.72 

- 168.79 

- 196.35 

- 111.55 

- 163.39 

- 195.00 

- 108.23 

- 157.74 

- 193.60 

- 104.76 

- 151.85 

- 192.16 

- 101.15 

- 145.71 

- 190.67 

- 97.40 

- 139.35 

- 189.13 

- 93.52 

- 132.76 

- 187.55 

- 89.51 

- 125.95 

- 185.92 

- 85.37 

- 118.94 

- 184.25 

- 81.12 

- 111.73 

- 182.53 

- 76.75 

- 104.32 

- 180.78 

- 72.26 

- 96.72 

- 178.98 

- 67.67 

- 88.95 

- 177.14 

- 62.97 

- 80.99 

- 175.26 

- 58.17 

- 72.88 

- 173.35 

- 53.27 

- 64.59 

- 171.40 

- 48.28 

- 56.16 

- 169.41 

- 43.19 

- 47.57 

- 167.39 

- 38.02 

- 38.84 

- 165.33 

- 32.76 

- 29.96 

- 163.24 

- 27.42 

- 20.96 

- 161.12 

- 22.00 

- 11.82 

- 158.97 

- 16.51 

- 2.56 

- 156.79 

- 10.94 

6.81 

- 154.58 

- 5.30 

16.31 

- 152.35 

0.41 

25.91 

- 142.19 

6.18 

35.62 

- 147.81 

12.01 

45.43 

- 145.51 

17.91 

55.35 

- 143.19 

23.87 

65.35 

- 140.85 

29.88 

75.45 

- 138.50 

35.95 

85.63 

- 136.13 

42.07 

95.90 

- 133.74 

48.24 

106.25 

- 131.35 

54.46 

116.68 

- 128.94 

60.72 

127.19 

- 126.53 


(CH 3 ) 2 0 

- 185.71 

- 184.10 

- 182.40 

- 180.61 

- 178.73 

- 176.77 

- 174.72 

- 172.58 

- 170.37 

- 168.07 

- 165.70 

- 163.25 

- 160.73 

- 158.14 

- 155.47 

- 152.74 

- 149.94 

- 147.08 

- 144.15 

- 141.16 

- 138.11 

- 135.00 

- 131.83 

- 128.61 

- 125.34 

- 122.01 

- 118.63 

- 115.21 

- 111.73 

- 108.22 

- 104.65 

- 101.05 

- 97.40 

- 93.72 

- 90.00 

- 86.24 

- 82.44 

- 78.62 

- 74.76 

- 70.87 

- 66.95 
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Appendix 2 

Chemical equilibrium constants 


Table A2.1. Re forming reactions 
Coefficients in equilibrium fiinction: 

In (K eqJ ) = C u • \n(T) + ^ + C 3J + C 4J • T + C 5> , • T 2 + C 6J • T 2 
Data sources [137] [375]. 



CH 4 +H 2 0=C0+3H 2 

CO+3 H 2 =CH 4 +H 2 0 

co+h 2 o=co 2 +h 2 

Ci 

8.611124 10° 

-8.611124 10° 

-3.161652 10' 1 

c 2 

-2.264801 10 4 

2.264801 10 4 

5.016474 10 3 

C 3 

-2.898252 10 1 

2.898252 10 1 

-4.104367 10° 

C 3 P (bar) 

-2.895619 10 1 

2.895619 10 1 

-4.104367 10° 

c 4 

-4.980062 10' 3 

4.980062 10' 3 

2.139623 10' 3 

C 5 

3.977411 10- 7 

-3.977411 10‘ 7 

-6.044372 10' 7 

C 6 

2.013436 10‘ u 

-2.013436 10' 11 

7.582519 10' 11 


co 2 +h 2 =co+h 2 o 

CH 4 +C0 2 =2C0+2H, 

C 2 H 6 +2H 2 0=2C0+5H 

Cl 

3.161652 10-1 

8.927289 100 

1.702761 101 

C2 

-5.016474 103 

-2.766448 104 

-3.775312 104 

C3 

4.104367 100 

-2.487816 101 

-5.358552 101 

C3 P (bar) 

4.104367 100 

-2.485183 101 

-5.353287 101 

C4 

-2.139623 10-3 

-7.119686 10-3 

-1.324748 10-2 

C5 

6.044372 10-7 

1.002178 10-6 

2.273621 10-6 

C6 

-7.582519 10-11 

-5.569083 10-11 

-2.234181 10-10 

Note: 





The constant C 3 (bar) is calculated by inserting the reference pressure so that the pressure 
unit of measurement must be in bar abs. 
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Equilibrium constants in reforming reactions at selected temperatures. 
Pressure unit is bar. 


Temp. 

ch 4 +h 2 o= 

CO+3H 2 = 

co+h 2 o= 

co 2 +h 2 = 

ch 4 +co 2 = 

C 2 H 6 +2H 2 0 

°C 

CO+3H 2 

ch 4 +h 2 o 

co 2 +h 2 

co+h 2 o 

2CO+2H, 

=2CO+5H 2 

100 

2.6892 

10‘ 18 

3.7186 10 17 

3.5870 IO 3 

2.7878 IO' 4 

7.4971 

IO' 22 

3.8926 10‘ 26 

150 

8.1934 

10‘ 15 

1.2205 10 14 

7.6626 10 2 

1.3050 IO' 3 

1.0693 

IO' 17 

2.8934 10‘ 2 ° 

200 

4.8681 

10‘ 12 

2.0542 IO 11 

2.2943 10 2 

4.3586 IO' 3 

2.1218 

IO' 14 

1.3665 IO' 15 

225 

7.4724 

io- u 

1.3383 IO 10 

1.3802 10 2 

7.2453 IO' 3 

5.4140 

IO' 13 

1.3610 10‘ 13 

250 

8.9260 

1 0 - 10 

1.1203 10 9 

8.7377 IO 1 

1.1445 IO' 2 

1.0215 

10‘ n 

8.8782 10‘ 12 

275 

8.5795 

io- 9 

1.1656 IO 8 

5.7805 IO 1 

1.7300 IO' 2 

1.4842 

lO-io 

4.0128 IO' 10 

300 

6.8220 

10‘ 8 

1.4658 IO 7 

3.9731 IO 1 

2.5169 10‘ 2 

1.7171 

IO' 9 

1.3168 10‘ 8 

325 

4.5925 

10‘ 7 

2.1775 10 6 

2.8235 IO 1 

3.5417 IO' 2 

1.6265 

IO' 8 

3.2617 IO' 7 

350 

2.6689 

10‘ 6 

3.7468 IO 5 

2.0662 IO 1 

4.8398 IO' 2 

1.2917 

10‘ 7 

6.3030 10‘ 6 

375 

1.3613 

10‘ 5 

7.3462 10 4 

1.5517 IO 1 

6.4445 IO' 2 

8.7726 

10‘ 7 

9.7702 IO' 5 

400 

6.1800 

10‘ 5 

1.6181 10 4 

1.1924 IO 1 

8.3866 IO' 2 

5.1829 

IO' 6 

1.2441 IO' 3 

425 

2.5279 

io- 4 

3.9559 IO 3 

9.3521 10° 

1.0693 IO' 1 

2.7030 

IO' 5 

1.3284 IO' 2 

450 

9.4142 

10‘ 4 

1.0622 IO 3 

7.4704 10° 

1.3386 IO' 1 

1.2602 

IO' 4 

1.2105 IO' 1 

475 

3.2213 

10‘ 3 

3.1044 10 2 

6.0662 10° 

1.6485 IO' 1 

5.3101 

io- 4 

9.5608 IO' 1 

500 

1.0208 

10‘ 2 

9.7962 IO 1 

4.9994 10° 

2.0002 IO' 1 

2.0418 

10‘ 3 

6.6330 10° 

525 

3.0168 

10‘ 2 

3.3147 IO 1 

4.1757 10° 

2.3948 IO' 1 

7.2247 

10‘ 3 

4.0903 IO 1 

550 

8.3663 

10‘ 2 

1.1953 IO 1 

3.5303 10° 

2.8326 IO' 1 

2.3698 

IO' 2 

2.2654 IO 2 

575 

2.1890 

10' 1 

4.5684 10° 

3.0177 10° 

3.3138 IO' 1 

7.2537 

IO' 2 

1.1372 IO 3 

600 

5.4296 

IO' 1 

1.8418 10° 

2.6056 10° 

3.8379 IO' 1 

2.0838 

IO' 1 

5.2172 IO 3 

625 

1.2823 

10° 

7.7985 IO' 1 

2.2705 10° 

4.4043 IO' 1 

5.6477 

IO' 1 

2.2033 IO 4 

650 

2.8945 

10° 

3.4548 IO' 1 

1.9952 10° 

5.0120 IO' 1 

1.4507 

10° 

8.6210 10 4 

675 

6.2665 

10° 

1.5958 IO' 1 

1.7669 10° 

5.6597 IO' 1 

3.5467 

10° 

3.1438 IO 5 

700 

1.3052 

10 1 

7.6615 10‘ 2 

1.5758 10° 

6.3459 IO' 1 

8.2829 

10° 

1.0741 10 6 

725 

2.6229 

10 1 

3.8126 10‘ 2 

1.4146 10° 

7.0690 IO' 1 

1.8541 

IO 1 

3.4543 10 6 

750 

5.0980 

10 1 

1.9615 10‘ 2 

1.2776 10° 

7.8271 IO' 1 

3.9902 

IO 1 

1.0503 IO 7 

775 

9.6062 

10 1 

1.0410 10‘ 2 

1.1603 10° 

8.6182 IO' 1 

8.2787 

IO 1 

3.0306 IO 7 

800 

1.7585 

10 2 

5.6867 IO' 3 

1.0593 10° 

9.4403 IO' 1 

1.6601 

IO 2 

8.3291 IO 7 

825 

3.1333 

IO 2 

3.1915 10‘ 3 

9.7169 IO' 1 

1.0291 10° 

3.2245 

IO 2 

2.1873 IO 8 

850 

5.4436 

IO 2 

1.8370 10‘ 3 

8.9532 IO' 1 

1.1169 10° 

6.0800 

IO 2 

5.5046 IO 8 

875 

9.2360 

IO 2 

1.0827 IO' 3 

8.2838 IO' 1 

1.2072 10° 

1.1149 

IO 3 

1.3312 10 9 

900 

1.5326 

10 3 

6.5248 10‘ 4 

7.6941 IO' 1 

1.2997 10° 

1.9919 

IO 3 

3.1011 10 9 

925 

2.4907 

10 3 

4.0149 10‘ 4 

7.1723 IO' 1 

1.3943 10° 

3.4727 

IO 3 

6.9749 10 9 

950 

3.9691 

10 3 

2.5195 10‘ 4 

6.7084 IO' 1 

1.4907 10° 

5.9166 

IO 3 

1.5178 IO 10 

975 

6.2091 

IO 3 

1.6105 10‘ 4 

6.2943 IO' 1 

1.5887 10° 

9.8645 

IO 3 

3.2018 IO 10 

1000 

9.5454 

10 3 

1.0476 10‘ 4 

5.9232 IO' 1 

1.6883 10° 

1.6115 

IO 4 

6.5590 IO 10 
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Table A2.2. Other syngas reactions 
Coefficients in equilibrium function: 

HK eq ,j) = C Uj • ln (T) + ^ + C 3 j + C 4J • T + C,, • T 2 + C 6J • T 3 
Data sources [137] [375]. 



CO+2H 2 =CH 3 OH 

2CH 3 OH= 

(CH 3 ) 2 0+H 2 0 

N 2 +3H 2 =2NH 3 

Ci 

-7.986366 10° 

8.695637 10' 1 

1.372121 10 1 

c 2 

8.977513 10 3 

3.138192 10 3 

1.548699 10 4 

C 3 

2.381310 10 1 

-9.077292 10° 

-1.178399 10 2 

C 3 P (bar) 

2.378677 10 1 

-9.077292 10° 

-1.177873 10 2 

c 4 

5.189461 10' 3 

1.328249 10' 3 

3.052080 10' 3 

C 5 

-2.196947 10' 7 

-1.225171 10‘ 6 

2.960918 10' 7 

C 6 

-1.266439 10' 10 

3.510445 10' 10 

-8.885442 10' 11 


cos+h 2 o=h 2 s+co 2 

H 2 S+2H 2 0=S0 2 +3H 2 


Ci 

-1.198941 10° 

3.450676 10° 


c 2 

3.199162 10 3 

-2.388664 10 4 


C 3 

7.283090 10° 

-1.638488 10 1 


C 3 P (bar) 

7.283090 10° 

-1.637172 10 1 


c 4 

1.207978 10' 3 

3.945482 10‘ 4 


C 5 

-1.912639 10‘ 7 

-5.425752 10' 7 


C 6 

1.258838 10' 11 

9.033646 10‘ u 



Note: 

The constant C 3 (bar) is calculated by inserting the reference pressure so that the pressure 
unit of measurement must be in bar abs. 
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Equilibrium constants in syngas reactions at selected temperatures. 
Pressure unit is bar. 


Temp . 

CO +3 H 2 = 

CH 3 OH = 

n 2 + h 2 = 

cos + h 2 o = 

H , S +2 H 2 0= 

°C 

CH 3 OH 

( CH 3 ) 2 0+ H 2 0 

2 NH 3 

h 2 s + co 2 

S 0 2 +3 H 2 

100 

1.1584 10 1 

1.2465 10 2 

4.6793 10 2 

9.7124 10 3 

9.9322 10' 27 

150 

3.1673 10 4 

5.2833 10 1 

2.2917 10 1 

3.1985 10 3 

2.9551 10‘ 23 

200 

1.7636 10' 2 

2.7184 10 1 

2.6115 10° 

1.3258 10 3 

1.6898 10' 2 ° 

225 

5.0970 10' 3 

2.0578 10 1 

1.1115 10° 

9.1098 10 2 

2.5385 10' 19 

250 

1.6455 10' 3 

1.6031 10 1 

5.3474 10 4 

6.4838 10 2 

2.9659 10 48 

275 

5.8490 10' 4 

1.2801 10 1 

2.8556 10" 1 

4.7578 10 2 

2.7881 10 47 

300 

2.2621 10' 4 

1.0440 10 1 

1.6676 10 4 

3.5854 10 2 

2.1689 10 46 

325 

9.4244 10' 5 

8.6740 10° 

1.0518 10' 1 

2.7658 10 2 

1.4292 10 45 

350 

4.1940 10' 5 

7.3234 10° 

7.0927 10' 2 

2.1779 10 2 

8.1366 10 45 

375 

1.9793 10' 5 

6.2710 10° 

5.0693 10' 2 

1.7466 10 2 

4.0690 10 44 

400 

9.8453 10' 6 

5.4371 10° 

3.8124 10' 2 

1.4238 10 2 

1.8130 10 43 

425 

5.1343 10' 6 

4.7665 10° 

2.9985 10' 2 

1.1776 10 2 

7.2860 10 43 

450 

2.7942 10' 6 

4.2197 10° 

2.4533 10' 2 

9.8685 10 1 

2.6687 10 42 

475 

1.5806 10' 6 

3.7686 10° 

2.0786 10' 2 

8.3683 10 1 

8.9909 10 42 

500 

9.2603 10' 7 

3.3923 10° 

1.8168 10' 2 

7.1724 10 1 

2.8083 10" 

525 

5.6020 10' 7 

3.0752 10° 

1.6325 10' 2 

6.2075 10 1 

8.1894 10 41 

550 

3.4896 10' 7 

2.8056 10° 

1.5037 10' 2 

5.4201 10 1 

2.2433 10 4 ° 

575 

2.2329 10‘ 7 

2.5745 10° 

1.4161 10' 2 

4.7710 10 1 

5.8035 10 40 

600 

1.4644 10' 7 

2.3749 10° 

1.3604 10' 2 

4.2308 10 1 

1.4248 10‘ 9 

625 

9.8254 10' 8 

2.2014 10° 

1.3306 10' 2 

3.7774 10 1 

3.3336 10‘ 9 

650 

6.7320 10‘ 8 

2.0495 10° 

1.3226 10' 2 

3.3937 10 1 

7.4619 10‘ 9 

675 

4.7030 10' 8 

1.9158 10° 

1.3341 10' 2 

3.0667 10 1 

1.6033 10‘ 8 

700 

3.3452 10' 8 

1.7975 10° 

1.3636 10' 2 

2.7860 10 1 

3.3173 10' 8 

725 

2.4195 10' 8 

1.6923 10° 

1.4106 10' 2 

2.5435 10 1 

6.6271 10' 8 

750 

1.7774 10' 8 

1.5983 10° 

1.4752 10' 2 

2.3328 10 1 

1.2815 10‘ 7 

775 

1.3248 10‘ 8 

1.5141 10° 

1.5581 10' 2 

2.1487 10 1 

2.4042 10‘ 7 

800 

1.0009 10‘ 8 

1.4382 10° 

1.6606 10' 2 

1.9869 10 1 

4.3849 10‘ 7 

825 

7.6577 10' 9 

1.3697 10° 

1.7845 10' 2 

1.8442 10 1 

7.7894 10‘ 7 

850 

5.9286 10' 9 

1.3076 10° 

1.9321 10' 2 

1.7177 10 1 

1.3500 10' 6 

875 

4.6410 10' 9 

1.2512 10° 

2.1064 10' 2 

1.6050 10 1 

2.2863 10‘ 6 

900 

3.6710 10‘ 9 

1.1998 10° 

2.3108 10' 2 

1.5042 10 1 

3.7891 10‘ 6 

925 

2.9322 10' 9 

1.1529 10° 

2.5497 10' 2 

1.4138 10 1 

6.1531 10‘ 6 

950 

2.3636 10' 9 

1.1100 10° 

2.8280 10' 2 

1.3324 10 1 

9.8026 10‘ 6 

975 

1.9218 10' 9 

1.0706 10° 

3.1519 10' 2 

1.2588 10 1 

1.5338 10‘ 5 

1000 

1.5753 10' 9 

1.0345 10° 

3.5285 10' 2 

1.1920 10 1 

2.3593 10‘ 5 
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Table A2.3. Carbon-forming reactions. 
Coefficients in equilibrium fiinction: 


ln(AT .) = Cj ■ • ln(T) + - 


C, 


■ + c 3 j+ c 4 . 


T + C 5 ; T +C 6J -T 


Data sources [137] [375] for graphite carbon and [425] for whisker 
carbon. 



ch 4 = 

ch 4 = 

2CO= 

co+h 2 = 


C+2H, 

C(whisker) +2H, 

C+C0 2 

c+h 2 o 

Ci 

5.291666 10° 

0 

-3.635623 10° 

-3.319458 10° 

c 2 

-7.610846 10 3 

-1.0779 10 4 

2.005364 10 4 

1.503716 10 4 

C 3 

-2.449759 10 1 

1.268 10 1 

3.805679 10' 1 

4.484935 10° 

C 3 

-2.448443 10 1 

1.269 10 1 

3.674049 10' 1 

4.471772 10° 

P (bar) 

c 4 

-2.023153 10‘ 3 

0 

5.096533 10' 3 

2.956910 10‘ 3 

C 5 

-1.593520 10‘ 7 

0 

-1.161530 10' 6 

-5.570931 10' 7 

C 6 

7.797205 10' 11 

0 

1.336629 10' 10 

5.783769 10' 11 


Note: 

The constant C 3 (bar) is calculated by inserting the reference pressure so that the pressure 
unit of measurement must be in bar abs. 
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Equilibrium constants in carbon (graphite) reactions at selected temperatures. 
Pressure unit is bar. 


Temperature, 

°C 

CH 4 =C+2H 2 

2C0=C+C0 2 

co+h 2 =c+h 2 o 

100 

6.0590 10' 7 

8.0817 10 14 

2.2530 10 11 

150 

1.1808 10' 5 

1.1043 10 12 

1.4411 10 9 

200 

1.2832 10' 4 

6.0475 10 09 

2.6358 10 7 

225 

3.5822 10' 4 

6.6166 10 8 

4.7938 10 6 

250 

9.1347 10' 4 

8.9421 10 7 

1.0234 10 6 

275 

2.1530 10' 3 

1.4506 10 7 

2.5094 10 5 

300 

4.7364 10' 3 

2.7584 10 6 

6.9427 10 4 

325 

9.8056 10' 3 

6.0286 10 5 

2.1351 10 4 

350 

1.9237 10' 2 

1.4893 10 5 

7.2078 10 3 

375 

3.5974 10' 2 

4.1007 10 4 

2.6427 10 3 

400 

6.4449 10' 2 

1.2435 10 4 

1.0429 10 3 

425 

1.1110 10' 1 

4.1102 10 3 

4.3949 10 2 

450 

1.8497 10' 1 

1.4678 10 3 

1.9648 10 2 

475 

2.9840 10' 1 

5.6194 10 2 

9.2634 10 1 

500 

4.6780 10' 1 

2.2911 10 2 

4.5827 10 1 

525 

7.1448 10' 1 

9.8895 10 1 

2.3683 10 1 

550 

1.0655 10° 

4.4960 10 1 

1.2735 10 1 

575 

1.5545 10° 

2.1430 10 1 

7.1013 10° 

600 

2.2226 10° 

1.0666 10 1 

4.0935 10° 

625 

3.1194 10° 

5.5233 10° 

2.4326 10° 

650 

4.3034 10° 

2.9664 10° 

1.4867 10° 

675 

5.8432 10° 

1.6475 10° 

9.3244 10" 1 

700 

7.8175 10° 

9.4382 10' 1 

5.9894 10 _1 

725 

1.0316 10 1 

5.5641 10' 1 

3.9332 10' 1 

750 

1.3441 10 1 

3.3684 10' 1 

2.6365 10 _1 

775 

1.7303 10 1 

2.0901 10' 1 

1.8013 10" 1 

800 

2.2028 10 1 

1.3270 10' 1 

1.2527 10" 1 

825 

2.7752 10 1 

8.6065 10' 2 

8.8572 10" 2 

850 

3.4622 10 1 

5.6944 10' 2 

6.3601 10‘ 2 

875 

4.2796 10 1 

3.8384 10‘ 2 

4.6336 10‘ 2 

900 

5.2443 10 1 

2.6328 10' 2 

3.4218 10" 2 

925 

6.3744 10 1 

1.8356 10‘ 2 

2.5593 10" 2 

950 

7.6887 10 1 

1.2995 10‘ 2 

1.9372 10" 2 

975 

9.2069 10 1 

9.3333 10‘ 3 

1.4828 10" 2 

1000 

1.0950 10 2 

6.7946 10‘ 3 

1.1471 10" 2 
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Formulas 

A surface area (m 2 ) 

a activity 

a c , s steady-state carbon activity 

C A concentration of component A (kmol/m 3 ) 

C p gas heat capacity (kJ/kg/K) 

C t centre-to-centre reformer tube distance 

d diameter, m 

d p equivalent sphere particle diameter (m) 

d eq equivalent diffusion particle diameter (m) 

d Ni mean nickel particle diameter (nm) 

D; dispersion of nickel (%) 

D k Knudsen diffusion coefficient (m 2 /s) 

D eff effective diffusion coefficient (m 2 /s) 

D r e ff effective radial diffusivity (nr/s) 

AEx exergi (kW) 

E voltage 

f fugacity (bar) 

f m ffiction factor in pressure drop equation 

F total flow (mol/s) 

T Faraday’s constant 

G gas mass velocity (kg/s/nr bed) 

AG Gibbs free energy of formation (kJ/mol) 

AG C Gibbs energy deviation from graphite (kJ/mol) 
h local channel heat transfer coefficient (kJ/m 2 /K) 

h surf catalyst particle surface film heat transfer coefficient 
(kJ/m 2 particle/s/K) 

El enthalpy of formation (kJ/mol) 

-AHjqg heat of reaction at 25°C (kJ/mol) 

AEI enthalpy difference in a steady-state flow (kJ/s) 
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i component index 

j reaction index 

Kj phase equilibrium ratio 

K a adsoiption constant in rate expression 

K eq chemical equilibrium constant 

k int rate constant for intrinsic kinetics per kg cat. 

kint.voi rate constant for intrinsic kinetics per pellet volume 

k SU rf,i catalyst particle surface film mass transfer coefficient 
(kmol i/m 2 particle/s) 

K w water adsorption constant 

M w molecular weight (kg/kmol) 

N; mass flux of component i (kmol i/m 2 /s) 

Nu Nusselt heat transfer number, Nu=a wa ii d p /k g 

Pi partial pressure of component i (atm.abs) 

P pressure (atm.abs) 

A 'P profit tunction 

Pr Prandtl number, Pr=C p pA, 

Pe Peclet number for turbulent radial mixing, Pen for heat transfer, 
Pe M for mass transfer 
q heat flux (kW/m 2 ) 

Q r reaction quotient 

Q heat duty (kJ/s) 

R carbon resistance number 

Re Reynolds number, Re=Gd p /p 

r radial distance fforn centre of tube (m) or radial distance in 

catalyst pellet 
r p pellet radius (m) 

Ra rate of production of A (kmol/kg cat/s) 

R gas constant, =0.082056 atm.m 3 /kmol/K = 8.3144 J/mol/K 

Rj effective rate of production of j originating in reaction j only 

and with stoichiometric coefficient equal to +1 (kmol/kg cat/s) 
R intJ intrinsic rate of production of j originating in reaction j only 
and with stoichiometric coefficient equal to +1 (kmol/kg cat/s) 
Rjnt.surf rate of production of j originating in reaction j only and with 
stoichiometric coefficient equal to +1 (kmol/m 2 cat/s) 

R p pore radius 
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R sp methane reforming rate of sulphur poisoned catalyst (mol/h/m 2 
total Ni area) 

R° sp methane reforming rate of sulphur poisoned catalyst (mol/h/m 2 
ffee Ni area) 

R t tube radius (m) 

S surface area (m 2 ) 

S p catalyst particle surface area (m 2 ) 

s catalyst sulphur content (pgS /gNi) 

So catalyst sulphur capacity (pgS /gNi) 

AS entropy (kJ/mol/K) 

SQ sum of squares of deviations in data reconciliation 
t time (s) 

t 0 induction time (s) 

T temperature (K) 

T s surface temperature (25°C) 

ATj temperature approach to equilibrium for reaction j 
U overall heat transfer coefficient (kJ/m 2 /K) 

u gas velocity (m/s) 

Vi molar volume (m 3 /kmol) 

V p catalyst particle volume (m 3 ) 

W work (kW) 

x dimensionless radius 

z axial distance (m) 

yi gas mole ffaction of component i 

Greek letters 

a wa n heat transfer coefficient at tube wall (kJ/m 2 /K) 

P equilibrium quotient (Q r /K eq ) 

e void ffaction of packed bed, dimensionless 

8 t tube-wall emissivity, dimensionless 

ti, conversion of a component originating in reaction j only and 

with stoichiometric coefficient equal to +1 (mol/s/mol feed) 
i] catalyst effectiveness factor 

r| efficiency 

cp fugacity coefficient 
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4> Thiele modulus <|> = d eq ^/k int-vol / D eff 

\|/ catalyst surface shape factor 

y phase equilibrium activity coefficient 

X thermal conductivity (kJ/m/s/K) 

particle thermal conductivity (kJ/m/s/K) 

A, r , e ff effective radial thermal conductivity (kJ/m/s/°C) 

X excess air ratio in combustion 

Vy stoichiometric coefficient of component i in reaction j 

v" 1 inverted stoichiometric coefficient 

p gas density (kg/m 3 ) 

p bulk catalyst bulk density (kg/m 3 bed) 

p p catalyst particle density (kg/m 3 cat) 

p viscosity (kg/m/s) 

p chemical potential (Chapter 5) 

Pl pyrometer wave length 

A difference 

a Stefan-Bolzman constant (Section 3.3.6) 

a standard deviation (Section 3.2.4) 

a surface tension (Chapter 5) 

x tortuosity factor 

0 residence time (Section 4.3.3) 

0 sulphur coverage (Chapter 5) 

Subscripts 

ads adsoiption 

app temperature approach to equilibrium 

av average 

bulk bulk conditions 

cat property in catalyst bed 

eff effective, pseudo-homogeneous cat bed property 

eq chemical equilibrium 

f fumace 

g gas 

i component No. 

ideal ideal 
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inner 

inner wall of catalyst bed 

int 

intrinsic kinetics 

j 

reaction No. 

key 

key component 

lost 

lost thermodynamic work in a process 

max 

maximum 

meas 

measured 

outer 

outer wall of catalyst bed 

P 

catalyst particle 

rad 

radiation 

ref 

steam reforming of methane 

rec 

reconciled 

s 

fumace surface 

shf 

water-gas-shift reaction 

stag 

stagnant gas 

surf 

surface 

t 

tube 

turb 

gas with turbulent flow 

wall 

property of confming catalyst wall 

vol 

volume based 

Superscripts 

0 

reference state at 25°C and 1.01325 bar 

res 

residual thermodymamic property 

sat 

saturation vapour pressure 

Abbreviations 

APR 

aqueous phase reforming 

ASU 

air separation unit 

ATR 

autothermal reforming 

CCS 

carbon capture and storage 

CETS 

chemical energy transmission systems 

CFD 

computational fluid dynamics 

CPO 

catalytic partial oxidation 
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CSTR continuous stirred ta nk reactor 

DFT density function theory 

DME dimethylether 

EOS equation of state 

GTL gas to liquids 

HDS hydrodesulphurisation 

HRTEM high-resolution transmission electron microscopy 

HTER Topsøe convective reformer 

HTS high-temperature shift 

HHV higher heating value 

IGCC integrated gasification combined cycle 

ITM ion transport membrane 

KSF kinetic severity function 

LEED low energy electron diffraction 

LFIV lower heating value 

LNG liquefied natural gas 

LPG liquefied petroleum gas 

LTS low-temperature shift 

MCFC molten carbonate fuel cell 

MEA methylethylamine 

ML monolayer 

MTBE methyl t-butyl ether 

MTG methanol to gasoline 

MTS mid temperature shift 

PAFC phosphoric acid fuel cell 

PEMFC polymer membrane fuel cell 

POX partial oxidation 

PROX preferential oxidation 

PSA pressure swing adsoiption 

RKNR Topsøe alkali-ffee catalyst for steam reforming of naphtha 

S/C steam-to-carbon ratio 

SMR steam methane reforming 

SNG synthetic (substitute) natural gas 

SOFC solid oxide fuel cell 

SPARG sulphur passivated reforming 

STEM scanning electron microscopy 
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SRK Soave-Redlich-Kwong 

TBR Topsøe bayonet reformer 

TGA thermogravimetric analysis 

TEM transmission electron microscopy 

TIGAS Topsøe integrated gasoline synthesis 

TOF tumover frequency 

TPR temperature programmed reaction 

WGS water gas shift 

WSA Topsøe wet gas sulphuric acid process 

XRD X-ray diffraction 
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O.N.I.A., 105 
octopus carbon, 241 
oil, 5 

oil sand, 55 

olefins, 13, 29, 35, 40, 85, 106, 117, 
231, 232, 234, 245, 259, 272, 295 
orimulsion, 57 

orthogonal collocation, 168, 194 
Otto, 105 

oxidation degree, 111 
oxidative coupling, 13, 36, 259 
oxy-fuel, 62 

oxygen, 3, 13, 15, 36, 38, 40, 41, 42, 
44, 46, 48, 50,51,54,58, 59,61, 

62, 63,81,99, 103, 110, 111, 114, 
119, 123, 130, 131, 207, 247, 259, 
274, 279, 287, 299, 302, 309 
oxygenolysis, 15 
PAFC, 97 

palladium, 53, 95, 209, 217, 228, 240, 
243,305,308,310 

partial oxidation, 26, 39, 40,43, 44, 48, 
50, 67, 95, 97, 98, 99, 106, 130, 

228, 271 

particle diameter, 148, 163, 170, 173, 
177,191,200,223,323 
particle shape, 147, 159, 169, 173, 177, 
191, 193 

particle size, 147, 161, 174, 177, 223, 

225, 238, 243, 244, 252, 304 
Pd. See palladium 

Peclet number, 165, 166, 169 
PEMFC, 29, 97, 98, 101, 104 
petcoke, 39, 55, 56, 123 


phosphor, 293 

platinum, 54, 97, 157, 209, 210, 217, 
223, 228, 240, 262, 263, 276, 305, 
310 

poisoning, 64, 233, 268, 276, 281, 285, 

288, 293 

pore condensation, 211 

pore diffusion, 281 

pore volume distribution, 195, 196 

porosity, 195, 282 

potassium, 67, 231, 232, 239, 260, 263, 
299, 300, 302, 303 
potential energy diagram, 308 
power law, 208 
POX. See partial oxidation 
Prandtl number, 170 
pre-exponential factor, 261, 299, 300 
preheat temperature, 35, 48 
preheater. See inlet temperature 
Prenflo, 60 
Prenflo gasifier, 61 
preparation methods, 224, 261 
prereformer, 35, 36, 42, 66, 88, 91, 93, 
104,105,106,114,122,129,131, 
146, 167, 199, 201, 231, 251, 252, 
254, 267, 280, 281 
prerefonning, 266, 269 
pressure drop, 43, 146, 147, 148, 149, 
153, 162, 164, 167, 168, 171, 173, 
176, 177, 194, 233,323 
principle of actual gas, 254, 255, 258, 
291 

principle of equilibrated gas, 68, 247, 
248, 250, 251, 252, 256, 257, 269, 

289, 290, 291 
process analysis, 80 
production costs, 88 

promotion, 68, 255, 260, 261, 262, 272, 
297, 299 
propane, 143 
propylene, 4 
PROX, 97, 98 

PSA, 88, 89, 91, 92, 94, 96, 97, 126, 

179 

Pt. See platinum 
Pt, Rc, 263 
p-xylene, 267 
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pyrolysis, 13, 36,42, 64, 233, 234, 270, 
272 

pyrolytic carbon, 270 
pyrolytic coke, 271 
pyrometer, 157, 159, 187 
quadratic programming method, 157 
R/P ratio, 5 

radial concentration gradients, 253 
radial gradient, 253 
radial temperature, 172 
radial temperature gradient, 161 
radiation, 34, 157, 158, 169, 178, 181, 
183, 184, 185, 197, 327 
radical abstraction, 11 
radical reactions, 42 
Raoulfs law, 77 

rate-determining step, 65, 209, 238, 

300 

reaction scheme, 309 
reaction sequence, 208, 259, 260, 262, 
263 
reactor 

micro-channel, 190 
micro-scale, 190 
reactor model 

heterogeneous, 160, 161, 162, 164, 
179, 191,202 

one-dimensional, 160, 161,202 
two-dimensional, 156, 160, 161, 

162, 163, 166, 168, 172, 179, 

182, 193, 253 
Recatro, 105, 106 
Rectisol, 70, 124 
recycle, 269 
recycle ratio, 11, 135 
reducing gas, 172, See direct reduction 
refmery gas, 92 
reformer 

adiabatic, 106, 146, 149, 161 
autothermal, 109, 122, 123, 131, 
146, 149, 167,214 
bayonet, 94, 178 

convective, 34, 51, 93, 94, 98, 116, 
122, 131, 132, 138, 146, 147, 

152, 153, 167, 178, 179, 180, 

181, 189, 245 

convective heat exchange, 34, 36 
external, 102 


fired, 94, 101, 102, 117, 157, 183, 
185, 188, 190 

heat exchange, 93, 98, 138, 139, 

180 

heat ed, 153 
high flux, 252 
hydrogen, 149, 254 
methanol, 52 
micro-channel, 189 
monotube, 107, 291 
multichannel, 189, 190 
naphtha, 272 

plate type. See reformenmicro- 
channel 

primary, 115, See reformer:tubular 
secondary, 50, 114, 115, 116, 122 
steam, 44, 68, 75, 112, 115, 122, 
146, 147, 148, 152, 153, 155, 
159, 161, 182, 187, 197,219, 
225,254, 259, 272, 281 
tubular, 24, 31, 32, 33, 34, 35, 36, 
41,47, 50, 52, 75, 78, 83,84, 85, 
89,91,94, 109, 114, 116, 119, 
120, 121, 138, 143, 146, 147, 
149, 150, 152, 153, 155, 158, 
167, 170, 174, 178, 181, 182, 
187, 197, 199, 201,211,213, 
214,218, 224, 231,247, 257, 
271,280, 281 
reformer fumace, 33 
refonner tube, 94 
refonning 

adiabatic. See prerefonner 
air-blown, 87 
aqueous phase, 54 
autothermal, 26, 27 
butane, 262 
catalytic, 15, 85 
ceramic membrane, 49 
C0 2 , 10, 28, 107, 109, 119, 139, 
212, 228, 249, 260, 262 
convective, 94, 116, 133, 179 
convective steam, 180 
equilibrium, 95, 188 
ethane, 209 
external, 102 
gas heated. See 

reformingxonvective 
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heat exchange, 139 
high-pressure, 144 
intemal, 97, 99, 101, 102, 103, 105, 
139, 229, 287 
liquid phase, 54 
membrane, 95 

methane, 18, 20, 27, 94, 189, 190, 
198, 247, 328 
methanol, 52, 53 
non-tubular, 36 
primary, 116, 122 
reaction, 15, 18 
secondary, 119 
solar, 138 

stack heat integrated, 102 
steam, 23, 27 
stoichiometric, 28 
sulphur passivated, 288, 290, 291, 
292 

thermal plasma, 230 
tubular, 41, 50, 106, 109, 144, 150, 
169,211,222 

two-step, 41, 120, 121, 122 
regeneration, 273, 274, 282, 283, 284 
reheat scheme, 37 
resid, 56,57,61 

residence time, 13, 42, 44, 60, 230, 
232, 234, 271,273 
resistance number, 267, 268 
Reynolds number, 45, 170 
Rh. See rhodium 
Rheinbraun, 60 

rhodium, 44, 209, 228, 240, 287, 305, 
308,310 

Ru. See ruthenium 
ruthenium, 223, 228, 229, 240, 264, 
276, 305,308,310 
Sasol, 129 
SBA, 41 

scale of operation, 49, 120 
scale-up, 4, 153, 154, 159, 160, 171, 
191 

scaling model, 307, 308 
Segas, 105 

selectivity, 6, 8, 9, 11, 12, 14, 43, 46, 
70 

Selexol, 70, 124 


separation, 9, 11, 43, 48, 49, 79, 91, 

126, 130 

sequestration, 87, 123, See CCS 
shadowing effect, 271 
shape factor, 177, 193, 326 
Shell, 39, 60, 61, 127, 128 
shift, 23,91,94, 126 
shift reaction, 20, 23, 24, 26, 32, 43, 92, 
130, 198, 205 
Siemens, 60 
silica, 213, 214 

silver, 223, 227, 303, 308, 309, 310 
sintering, 43, 68, 69, 135, 213, 220, 

224, 225, 226, 268, 293 
Si0 2 , 242 

SNG, 55, 59, 79, 126, 134, 135, 136, 
144, 269, 296 
S0 2 . See sulphur dioxide 
sodium, 138 

SOFC, 49, 97, 99, 101, 102, 103, 104, 
139, 140, 229, 287 
solar energy, 138 
soot formation, 39, 40, 42 
soot precursor, 42, 43 
sour shift, 69, 137 

space velocity, 36, 146, 149, 150, 206 
spalling, 273 

SPARG, 108, 109, 246, 252, 292, 297, 
303, 304 

specific activity, 220, 225, 286, 297 

specific rate, 210 

spill-over, 262, 263, 295 

SRK, 74, 75, 76 

Standard Oil, 143 

start-up, 53, 70, 95, 98, 147 

steady-state activity, 247, 254, 255, 259 

steady-state model, 155 

steam, 131 

steam adsorption, 263, See 
chemisorption, water 
steam cracking, 4, 35, 231, 271, 272 
steam export, 4, 92, 94, 131 
steam generation, 75 
steam refming. See refining 
steam reforming of methane, 15, 17, 

24, 32, 90, 200, 219, 227, 300, 301, 
327 

steaming, 214, 216, 274, 275, 284 
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steam-to-carbon ratio, 20, 27, 32, 42, 
43,53, 69, 88, 90, 106, 119, 121, 

123, 130, 146, 175, 186, 234, 252, 
257, 267, 274, 328 

STEM, 279 

step sites, 239, 297, 298, 299, 300, 302, 
303, 304, 305, 306 
sticking coefficient, 299, 300 
STM, 223 

stress corrosion, 67, 214, 261 
substitute natural gas. See SNG 
sulpbur coverage, 280 
sulphur, 287, 302 
sulphur capacity, 223 
sulphur coverage, 277, 285, 289, 291, 
292, 303, 304 

sulphur dioxide, 9, 12, 65, 81, 284, 287 
sulphur passivated, 107, 109, 112,252, 
263,286, 288, 290, 291,304 
sulphur poisoning, 36, 145, 230, 233, 
234, 241, 268, 275, 281, 286, 287, 
303 

superheated steam, 136 
surface area, 221, 223, 224, 275 
surface diffusion, 301 
surface energy, 244 
synfuel, 126 
synfuel cycle, 137, 138 
syngas composition, 29 
synthesis 

once-through, 126 

synthesis gas, 3, 4, 10, 13, 14, 16, 17, 
18, 27, 28, 29, 35, 39, 41, 43, 44, 

48, 49, 53, 55, 57, 58, 60, 62, 63, 

64, 67, 68, 69, 70, 73, 74, 75, 76, 

77, 79, 80,81,84, 106, 112, 114, 
115, 116, 117, 118, 119, 122, 123, 

124, 125, 127, 128, 130, 131, 134, 
135, 138, 139, 145, 156, 161, 173, 
226, 228, 231,252 

synthetic fiiels, 3, 4, 6, 118, 127, 138 
synthetic natural gas. See SNG 
Tammann, 224, 225, 226 
tar sand, 5, 55, 57, 86 
TBR. See reformer:bayonet 
TEM. See electron microscopy 
Temkin identity, 204 
Temkin isotherm, 277 


temperature approach, 189, 198 
temperature gradient, 152, 199, 201, 
202, 203, 253, 301 

temperature profile, 39, 136, 151, 153, 
166, 170, 171, 173, 176, 188, 197, 
230, 266, 267, 268, 273, 291 
temperature window, 270 
Texaco, 39, 60, 61 
TGA, 201, 236, 237, 239, 240, 242, 
248, 255, 257, 258, 261, 262, 264, 
272, 274, 288, 289, 292, 296, 300 
thermal conductivity, 163, 166, 169, 

326 

thermal cracking, 16, 36, 42, 190, 230, 
259, 262, 270, 295 

thermodynamics, 13, 14, 17, 26, 80, 81, 
88, 110, 125, 145, 244, 247, 252, 
276 

Thiele modulus, 191, 200 
thioether, 65 
thiophene, 66 

TIGAS, 118, 124, 126, 127, 137 
TOF, 227, 228, 296, 297, 305, 310, See 
tum-over frequency 
toluene, 228, 267 

Topsøe, 41, 93, 94, 105, 106, 129, 143, 
144, 154, 159, 178, 179, 236, 295, 
300, 305,311 
tortuosity, 195 
town gas, 105, 144 
Toyo, 230 
TPR, 266 

TREMP, 135, 136, 138 
trimethylbutane, 237 
tube 

design, 152 

diameter, 36, 149, 158, 169, 174 
failure, 145, 152 
life, 157,228 

wall, 120, 151, 152, 157, 158, 161, 
164, 170, 174, 183, 197, 234, 
235,253, 254, 270, 271,273 
wall temperature, 152, 153, 155, 
157, 168, 171, 172, 173, 175, 

181, 182, 189, 197,219, 228, 233 
tungsten, 228, 309 
tum-over frequency, 220, 227 
two-dimensional sulphide, 223, 279 
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two-step mechanism, 309 
UNIQUAC model, 77, 80 
vanadium, 57 
view factor, 157, 158 
void fraction, 147, 148, 163, 164, 177, 
273 

waste heat, 9, 33, 34, 56, 61, 92, 93, 
101, 114, 115, 150, 151, 178 
waste heat recovery, 61, 150 
water. See chemisorption, water 
water gas shift, 15, 26, 47, 67, 69, 70, 
105,134 
wax, 128, 130 
WGS. See water gas shift 
whisker carbon, 108, 233, 234, 238, 
241, 245, 246, 247, 250, 254, 260, 
270, 273, 274, 290, 301, 302 
whisker growth, 241, 255, 274, 304 
Winkler, 60 
Winkler gasifier, 60 
WSA, 71,329 


X-ray, 216, 220 

XRD, 68 , 220, 221 

yield, 8 , 11, 12, 133,230, 255 

Z 90 , 267 

zinc oxide, 65, 66 , 68 , 69, 115, 121, 
281,293 
zirconia, 231 
Zn, 121 

ZnO. See zinc oxide 
Zr0 2 , 262, 272 
ZrCWK, 271,272 
a-Ar 2 0 3 ,215,217 
(5 carbon, 265 
yAl 2 0 3 , 217 
AG C , 245, 254, 289, 323 



